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PREFACE 


This volume of Advances in Chemical Engineering is devoted to some engi¬ 
neering aspects of biomass processing. The topic of biomass utilization be¬ 
came extremely important in chemical community not only because of 
exciting chemistry but also due to a vision that renewable raw materials 
might be able to replace at least partially fossil resources such as oil. Hundreds 
or even thousands of original scientific papers and many dozens of reviews 
have appeared on biomass processing, addressing various issues, such as the 
structure of biomass, various transformation routes, and required catalysis. 

It seems, however, that methodological and engineering aspects are very 
seldom discussed. Model compounds are used in academic studies, although 
with biomass as the feedstock, its location, age, method of storage and 
processing, and presence of impurities can influence significantly thermal 
and catalytic transformations. 

Analytical procedures described in the literature are often incomplete; 
moreover, information about mass balance closures is often missing. In ad¬ 
dition, issues of mass transfer, external and internal diffusion, not to mention 
kinetic analysis, are not discussed in numerous biomass-related research 
papers, even those published in top scientific journals with very high impact 
factors. 

Deactivation of traditional heterogeneous catalysts used in biomass 
processing could be also rather severe and should be properly considered. 

Separation or fractionation of biomass is a non-trivial issue, and selective 
extraction should be used which is much different in concept compared to 
oil fractionation. After fractionation, lignocellulosic biomass fractions should 
be processed in different ways using heterogeneous, homogeneous, and en¬ 
zymatic catalysis. In separation of reaction products, conventional methods 
of petrochemical and chemical industry, such as distillation, cannot be read¬ 
ily applied, calling for utilization of other methods, such as chromatography. 

The collection of reviews in this volume addresses some of these issues, 
trying to fill the existing gaps in the literature. Key biomass processing 
technologies were selected, and the authors were asked by the quest editor 
to provide a deeper insight on engineering issues going beyond mere 
descriptions of chemistry already available in the literature. 

Chapter 1, by Mikkola and coworkers, describes the technology of 
ethanol production and some downstream technologies. Chapter 2, by 


IX 
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Preface 


Nachenius et al., nicely summarizes pyrolysis and torrefaction in an attempt 
to describe parameters having an impact on design of these units. Kubicka 
and Tukac, in Chapter 3, give an overview of hydrotreating of triglyceride- 
based feedstocks in refineries. In Chapter 4, Salmi explains the basic princi¬ 
ples of chemical reaction engineering and their applications to biomass 
processing, while in Chapter 5, Heinonen and Sainio describe chromato¬ 
graphic fractionation of lignocellulosic hydrolysates. 

The hope of the guest editor is that this volume will be very useful for 
chemists and chemical engineers working in the area of biomass conversion. 

Dmitry Yu. Murzin 
Abo Akademi University, Turlu, Finland 
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Abstract 

This chapter examines the chemistry, technology, and engineering aspects of ethanol 
production from different biomass sources. The occurrence, structure, and processing of 
natural sugars, particularly, those obtained from lignocellulose materials, into ferment¬ 
able units for bioethanol are reviewed. In addition, different industrial technologies for 
the fractionation of lignocellulosic materials for the production of bioethanol as a fuel 
and platform chemical are discussed. Finally, the synthetic routes for bioethanol produc¬ 
tion processes and the catalytic upgrading processes are addressed. 


LIST OF ABBREVIATIONS 

4- O-MeGlcA 4-O-methylglucuronic acid 

5- HMF 5-(hydroxymethyl)-2-furaldehyde or 5-(hydroxymethyl)furfural 
AFEX ammonia fiber explosion 

AG arabinogalactan 
Ara arabinose 

ARP ammonia recycle pretreatment 

BTL biomass to liquid 

BTX benzene, toluene, xylene 

Cl compression ignition 

DFT density functional theory 

E85 fuel blend (85% ethanol, 15% gasoline) 

ETBE ethyl-fert-butyl ether 

Fru fructose 

F—T Fisher—Tropsch 

Gal galactose 

GalA galacturonic acid 

GGM galactoglucomannan 

Glc glucose 

GlcA glucuronic acid 
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IL ionic liquid 
Man mannose 

MTBE methyl- tert-butyl ether 
PEO polyethyleneoxide 
Rha rhamnose 
SynGas synthetic gas 
TAME tert-amyl-methyl ether 
TMP thermomechanical pulp 
Xyl xylose 



1. INTRODUCTION 


^ Biomass sources vary from agricultural and forest residues to municipal 
and industrial waste. Although typically solid (plant material, wood, bark, 
leafs, and needles, forest residues or food waste: meat and bone meal, 
chicken litter), biomass can sometimes be rendered in liquid (e.g., sewage 
and black liquor from pulp and paper industry) or gaseous form (e.g., meth¬ 
ane from cows). 

Regarding sustainability and ecology, environmental and social issues 
related to the biomass harvesting and processing methods are of significant 
importance (Eggleston, 2010; Evans et al., 2010; Loque et al., 2011; Pffomm 
et al., 2011; Soimakallio et al., 2009). Inter alia, a lot has been discussed about 
edible versus nonedible biomass. In addition to many social perspectives 
(e.g., possible famine caused by the use of farmland or edible crops for fuels 
and chemicals), there are also a number of environmental aspects to be con¬ 
sidered, like the progressing climate change. Bioethanol production based 
on food crops, such as corn, is ethically unfavored because corn is also an 
important source of nourishment. In addition, other sugar crops like sugar¬ 
cane are often grown for nonfood purposes (primarily transportation blends) 
on farmland that competes with human related food production. For these 
reasons, bioethanol production from lignocellulosic materials has attracted 
particular interest since biomass that does not compete with the food 
chain can be utilized. The second-generation bioethanol production based 
on lignocellulosic biomass offers possibilities of bioethanol production with¬ 
out competing with farmland or food crops (Centi and van Santen, 2007; 
Minteer, 2006). 
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After first-generation biofuels made from edible biomass, recently the 
so-called second-generation biofuels produced from nonedible biomass 
(e.g., agricultural residues and other waste materials) have entered the mar¬ 
ket. Utilization possibilities of woody biomass or other lignocellulosic ma¬ 
terial have been under intensive investigation for some time now. Even 
some commercial projects around biorefmeries combined with pulp and pa¬ 
per mills have already been established (mainly utilizing black liquor and 
other waste material as sources of new products). Biorefmeries of that kind, 
combined together with other processes and utilizing the existing technol¬ 
ogy, are considered to be sustainable. 

Today, biofuel products vary from wood and lignin pellets to synthesis 
gas (SynGas) (through gasification of biomass), bio-oils (pyrolysis of bio¬ 
mass), aqueous sugars (hydrolysis), and lignin (Aho et al., 2011; Grenman 
et al., 2011; Maki-Arvela et al., 2011a, 2011b). Besides fermentation to 
bioethanol or biobutanol, the sugars obtained have several applications 
for further processing to aromatic hydrocarbons (dehydration) and liquid 
alkanes or hydrogen (by aqueous-phase processing) (Riittonen et al., 
2012; Tokarev et al., 2010). Consequently, the residual lignin can besides 
direct combustion be upgraded to various value-added products. 

Here, we concentrate on lignocellulosic biomass and especially on 
wood as a bioethanol source. In addition to biofuels or the traditional 
wood and paper products, the future forest biorefmeries will be capable 
to produce specialty high-value biomaterials and biochemicals from forest 
resources. 

Ethanol is a widely used and versatile organic compound which reac¬ 
tivity is mainly based on the incorporated hydroxyl group. Ethanol has 
certain characteristic physical properties, such as high water solubility. 
It has been used as a solvent, fuel, depressant, and chemical intermediate 
(Kirk-Othmer, 2007). The old industrial production methods have been 
based on the conversion of ethylene which is derived from petrochemical 
feedstocks. The older method is related to indirect hydration process 
which applies sulfuric acid. In the early 1970s, the process was further de¬ 
veloped and the outcome was elimination of the acid and the process in 
carried out in vapor phase. However, due to sustainable development 
and green chemistry, the preferred synthesis routes are based on the fer¬ 
mentation of biomass to obtain sugars which can be transformed to ethanol 
(Kirk-Othmer, 2007). 
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2. POLYSACCHARIDES: POTENT RAW MATERIALS 
FOR BIOETHANOL PRODUCTION 


Generally speaking, the most abundant polysaccharides in nature are 
cellulose, hemicelluloses, starch, and chitin. A comparison between the 
chemical structures (stereochemistry) of cellulose, starch and chitin, and 
the constituent a- and P-bonds in the polymer chains is shown in (Fig. 1.1). 

The major part of both hardwoods and softwoods consists of cellulose, 
hemicellulose, and lignin: of which cellulose represents about 40% of the dry 
matter content in the wood. Hemicelluloses and pectins make up 25—30% 
and lignin 25—30% of the dry matter content in softwoods, while hardwoods 
contain 30—35% of hemicelluloses and 20—25% of lignin. Extractive content 
is less than 5% for both softwoods and hardwoods (Stenius, 2000; Willfor 
et al., 2005a, 2005b). 

Lignin is a complex branched polymer synthesized from monomeric 
aromatic alcohols, the three monolignols coniferyl alcohol, sinapyl alcohol, 
and p-coumaryl alcohol. Units derived from coniferyl alcohol, sinapyl 
alcohol, andp-coumaryl alcohol are predominantly found in lignins from soft¬ 
wood, hardwood, and grasses, respectively (Eklund and Lindstrom, 1991; 



Starch 



Figure 1.1 The comparison of the polysaccharide chains of cellulose, starch and chitin. 
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Stenius, 2000). Lignosulfonates obtained as by-product of sulfite pulping 
and kraft lignin obtained from black liquor during kraft pulping are the two 
types of commercialized lignin with a wide range of uses. Lignin is thought 
to hinder the hydrolysis of the cellulose and hemicelluloses in lignocellulosic 
biomass since it binds cellulose and hemicelluloses together in the living plant. 
This was meant from paper and pulp industry perspective, as well as concerning 
pretreatments when the goal is the production of other chemicals or biofuels 
than ethanol. Hemicelluloses are of course removed first in the traditional kraft 
cooking and other pulping methods. Most pretreatments affect similarly, there 
are some known methods (lime, ARP and AFEX) that have only minor effect 
on hemicelluloses but remove lignin (Mosier et al., 2005) . Researches aiming 
to use both cellulose and hemicelluloses prefer these type of pretreatment 
methods. 

In ethanol production, the majority of pretreatment methods target to 
the degradation of the hemicelluloses leaving cellulose and lignin un¬ 
touched, and then letting the enzymes to depolymerize the cellulose to glu¬ 
cose, while lignin is left as the solid residue (referred to as “hydrolysis 
lignin”). On the other hand, originating from the paper and pulp industry’s 
perspective (where the goal is to remove both hemicelluloses and lignin in 
order to utilize only the pure cellulose), there are nowadays other pre¬ 
treatment method development projects that aim to keep the hemicelluloses 
inaffected despite of the removal of lignin and even decreasing the crystal¬ 
linity of the cellulose: AFEX, ARP and alkali pretreatments are example of 
these type of methods (Lee et al., 2009; Mosier et al., 2005). 

Comparison of the polysaccharide ratios (Stenius, 2000; Willfor et al., 
2005a, 2005b) between softwoods and hardwoods is shown in Fig. 1.2. 
The proportions of cellulose, hemicelluloses, glucomannans, xylans, and 
pectins are depicted as a percentage of the dry matter content of the wood. 

2.1. Cellulose 

The cell walls of plants contain cellulose, which is regarded as the most abun¬ 
dant biopolymer on earth (Mousdale, 2010). Lignocellulose, which is a major 
constituent of terrestrial biomass, has three main components: namely, cellu¬ 
lose, hemicellulose, and lignin (Mousdale, 2010; Sjostrom and Alen, 2010). 
Cellulose is the most common organic matter comprising of 40% of all plant 
dry weight. It is often called the “backbone” of the plants, as cellulose coat¬ 
ing protects the outer wall of cells in plants due to its chemical inertness 
and its complete insolubility in water. Cellulose is insoluble in conven¬ 
tional solvents and to some extent even resistant to acid hydrolysis, the 
acid-resistance depends on the crystallinity of the cellulose as well as the type 
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Polysaccharides in wood (% of d.m.) 



Figure 1.2 Polysaccharide ratios in softwoods and hardwoods (% of the dry matter con¬ 
tent of the wood). Glucomannans, xylans, and pectins are usually classified to belong to 
hemicelluloses; thus here hemicelluloses mean other hemicelluloses excluding the 
mentioned major hemicelluloses groups. Based upon data from Willfor et al. (2005a, 
2005b) and Stenius (2000). 


of the glycosidic bond, namely acid hydrolysis rate is known to be faster for 
glycosidic bonds with non-redusing ends—substrate accessibility, crystallinity 
as well as swelling of the cellulose all affect the dydrolysis rates (Maki-Arvela 
et al., 2011b; Willfor et al., 2009). There are numerous commercial appli¬ 
cations utilizing cellulose, for example, paper, film, additives, adhesives, and 
textile fibers (Collins and Ferrier, 1995; Davis and Fairbanks, 2008; Fengel 
and Wegener, 1989; Sjostrom, 1993; Wertz et al., 2010). 

Cellulose is a linear polymer consisting of glucose units, and the degree of 
polymerization (DP) varies depending on the source of cellulose. There are four 
different known polymorphs of cellulose: cellulose I, II, III, and IV, and in ad¬ 
dition, these polymorphs have six allomorphs: la, 1(3, IIIj, III 2 , IVi, and IV 2 
(Beckham et al., 2011; Fengel and Wegener, 1989; Sjostrom, 1993; Wertz 
et al., 2010). Primitive organisms, such as bacteria, include la cellulose, 
while cellulose in more complicated organisms (that produce wood, cotton, 
and shells of certain marine animals) consist of cellulose 1(3, which is thermo¬ 
dynamically more stable than the allomorph la. Consequendy, a transforma¬ 
tion from la to ip is irreversible. The proportional division of the crystalline 
phases la and ip depends on the origin of the cellulose. Cellulose I is native 
cellulose, whereas cellulose II represents the regenerated form. The latter 
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polymorph is energetically more stable than the first one causing the conversion 
reaction from the cellulose I to II to be irreversible. The preparation of cellulose 
III is possible either from the cellulose I (which leads to cellulose IIIj) or from 
the cellulose II (which leads to cellulose III 2 ) by treating the raw material with 
ammonia or with certain amines (e.g., ethylene diamine). Cellulose IV can be 
manufactured from cellulose III by heating it at high temperature in glycerol, 
but in addition to this, cellulose IV can also be found with X-ray diffraction in 
some plants, as it is a disordered form of cellulose I (Fengel and W egener, 1989; 
Grasvik et al., 2012; Sjostrom, 1993; Wertz et al., 2010). 

Cellulose is a homopolymer of (i-D-glucopyranose units, linked by 
(1 —> 4)-glucosidic hnkages, and the monomer unit in cellulose can also 
be called (1-D-glucose or anhydro-(3-D-glucose or simply anhydroglucose 
(Davis and Fairbanks, 2008; Stenius, 2000). Every other glucose (Glu) is 
“up-side-down,” and the repeating unit including these two Glu molecules 
is called cellobiose (length: 1.03 nm). The cellulose chain has two types of 
ends: nonreducing and reducing ends. Hydrogen bonds and van der Waals’ 
forces promote the cellulose strings to assemble into large well-ordered 
fibers. Interactions between functional groups, OH and H, stabilize the mol¬ 
ecule chains in ordered systems, leading to the supramolecular structure, 
which enhances strength and changes the physical and chemical properties 
of the molecule resulting in crystalline areas in cellulose. 


2.2. Heteropolysaccharides 

Hemicelluloses and pectins are heteropolysaccharides, have support func¬ 
tions in plants, and constitute ca. 20—30% of woody biomass. These poly¬ 
saccharides are easily degraded by chemical treatments during pulping. 
Unlike cellulose, they do not possess crystalline parts but are amorphous 
(Eklund and Lindstrom, 1991; Stenius, 2000). Typical products made of 
hemicelluloses and pectins besides bioethanol include emulsifiers, edible 
films, dietary fibers, pharmaceuticals, food additives, thickeners, gelling 
agents, adhesives, adsorbants, and xylitol (Willfor et al., 2008). 

The building blocks of the hemicelluloses and pectins are monosaccharides 
such as pentoses (xylose, Xyl; arabinose, Ara), hexoses (Glu, mannose, Man; 
and galactose, Gal), hexuronic acids (glucuronic acid, GlcA; galacturonic acid, 
GalA; 4-O-methylglucuronic acid, 4-O-MeGlcA), and deoxyhexoses (rham- 
nose, Rha). The polymer chains are often branched. The DP is lower 
(100—300) than that of cellulose (about 10,000 and more, depending on 
the source) (Collins and Ferrier, 1995; Eklund and Lindstrom, 1991; Fengel 
and Wegener, 1989; Sjostrom, 1993; Stenius, 2000; Wertz et al., 2010). 
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Galactoglucomannan (GGM), glucomannan, arabinoglucuronoxylan, glu- 
curonoxylan, and arabinogalactan (AG) are examples of common hemice- 
lluloses in wood (Eklund and Lindstrom, 1991; Stenius, 2000; Willfor 
et al., 2005a, 2005b, 2009). Other nonwood sources of hemicellulose are 
bark, foliage, peat, mosses, algae, and agricultural residue. 

2.3. Mannans 

Mannans (glucomannans or GGMs) are common wood hemicelluloses 
whose ratio varies depending on the type ofwood. In softwoods (e.g., spruce, 
which is known to be a very rich source of GGM), mannans are mainly 
O-acetyl-galactoglucomannans, which cover 20—25% (Sjostrom, 1993) or 
11—17% (Willfor et al., 2005a, 2005b) of dry wood. The main chains consist 
of mannose and glucose units, while side groups contain Gal and acetyl 
groups, respectively. Hemicelluloses in softwoods consist mainly of 
glucomannans (the main chain is built up of mannose and glucose units with¬ 
out any side groups), whereas only 2—5% (Sjostrom, 1993) or 1—4% (Willfor 
et al., 2005a, 2005b) dry matter of hardwoods contain mannans. The occur¬ 
rence of GGMs in softwood is in the range of 15—23% (Sjostrom, 1993), and 
the molar ratio of the Man: Glc: Gal: Acetyl units is 4:1:0.5:1. Glucomannans 
occurrence in hardwood, on the other hand, is within the range of 2—5% 
(Sjostrom, 1993), and the molar Man:Glc ratio varies between 1:1 and 2:1. 
GGMs in TMP (thermomechanical pulping) waters can be recovered by 
means of ultrafiltration via direct extraction of wood (Song et al., 2011b; 
Willfor et al., 2008; Xu and Willfor, 2012). 

2.4. Xylans 

In softwoods, xylans are mainly arabino-4-O-methylglucuronoxylans 
that conespond to 5—10% of the wood matter (Sjostrom, 1993). They have 
Xyl as their main chain unit, while side groups consist of 4-O-MeGlcA 
and Ara molecules, respectively (Eklund and Lindstrom, 1991; Stenius, 
2000). Hemicellulose xylans in hardwoods are mainly O-acetyl-4-O- 
methylglucuronoxylans, which is the dominating hemicellulose (15—30%) 
in hardwoods (Sjostrom, 1993), while Xyl is the main chain unit also in soft¬ 
woods. Side groups of the hardwood xylans consist also of4-0-MeGlcA units, 
like in softwoods, but in addition, it contains acetyl groups instead of Ara 
(Collins and Ferrier, 1995; Fengel and Wegener, 1989; Sjostrom, 1993). 

Arabinoglucuronoxylan is found in softwood in the range of 5—10%, 
and the molar Xyl:4-0-meGlcA:Ara ratio is 10:2:1.3 (Sjostrom, 1993). 
In the case of glucuronoxylan in hardwood (15—30%), the molar 
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Xyl:4-0-meGlcA:Acetyl ratio is 10:1:7 (Sjostrom, 1993). Besides natural 
wood and other lignocellulosics, xylans can also be found in bleached 
kraft pulp in significant amounts (Willfor et al., 2009). 

2.5. Arabinogalactans 

AGs that are highly water-soluble branched polymers can be found in the 
heartwood of larch and in compression wood (Maki-Arvela et al., 2011b; 
Sjostrom, 1993; Stenius, 2000). The content of AGs is about 5—35% of 
the dry mass. They are found in larch and reaction wood, and the molar ratio 
of Gal:Ara:Glc is approximately 6:3:~0 (Sjostrom, 1993). 

In general, 15—20% (w/w) of Siberian larch (Larix sibirica) heartwood 
consists of easily water-soluble AG. One possibility is to extract AG prior 
to chemical pulping or directly from saw dust. Applications of AG include 
products for animal feeds, fibers for skin and hair care, and product additives, 
for example, additives for flexographic inks (Fitzpatrick et al., 2004). 

2.6. Pectins 

Pectins are located in the middle lamella and primary wall of the cell wall layers 
(Collins and Ferrier, 1995; Eklund and Lindstrom, 1991; Fengel and 
Wegener, 1989; Sjostrom, 1993; Stenius, 2000). Pectins are water soluble, 
and the main sugar polymer chain contains galacturonic acid and Rha units 
(Collins and Ferrier, 1995; Fengel and Wegener, 1989; Sjostrom, 1993). Pec¬ 
tins are methylesterified to a high degree especially in spruce. Various alkaline 
treatments can be used to produce anionic pectic acids, which can be further 
utilized as, for example, thickeners in food (Collins and Ferrier, 1995). 

2.7. Starch 

Starch is the second most common polysaccharide in plants, and it is one of 
the main sources of D-glucose in human’s diet (potato, corn, wheat, rice, 
tapioca) (Davis and Fairbanks, 2008). Starch is present in all green plants; 
thus it can also be found in trees, although in minor amounts: usually 
sapwood of both softwoods and hardwoods contains more starch than heart- 
wood (Willfor et al., 2005a, 2005b). Ray cells in plants include starch, and, 
thus, due to its hydrophilic nature, it can be extracted with polar solvents 
(Collins and Ferrier, 1995; Eklund and Lindstrom, 1991; Fengel and 
Wegener, 1989; Sjostrom, 1993; Stenius, 2000). Besides being used as food 
and feed, starch is an excellent source of monosaccharides in ethanol fermen¬ 
tation. Furthermore, starch is widely used by paper industry as a retention 
agent, as a binder in pigment coatings, as an adhesive in the manufacture 



Engineering Aspects of Bioethanol Synthesis 


11 


ch 2 oh ch 2 oh 



OH OH OH 



Figure 1.3 The starch components: the branched part, amylopectin, and the linear part, 
amylose. Amylopectin is branched at 1,6-a-glucosidic bonds. The starch chains are 
linked with a-1,4-bonds, which are also known as (1 —>4)-glycosidic bonds. 


of corrugated board and for surface application in a size press, as well as for 
improving the interfiber bonding (Eklund and Lindstrom, 1991). Starch has 
two types of polymers consisting of D-glucose, like cellulose. The starch 
chains are linked with a-1,4-bonds, also known as (1 —> 4)-glycosidic bonds 
which are known to enhance flexibility. Starch components are amylopectin 
and amylose, the first one being branched and the latter one being linear 
(Fig. 1.3). The branching of amylopectin takes place at 1,6-a-glucosidic 
bonds. The average distance between the branching point and the inner 
amylopectin chains is roughly 8 glucose units, whereas the mean distance 
between the branching point and the outer amylopectin chains is approxi¬ 
mately 12 glucose units (Eklund and Lindstrom, 1991). 

Amylopectin is usually more common in nature; for example, in potato 
starch, the ratio of amylopectin to amylose is 4:1, while corn (maize) and 
wheat contain about 2.5 times more amylopectin than amylose. Amylopectin 
consists of large tree-like molecule with 100—200 linear parts each consisting 
of 20—30 anhydroglucose units, while amylose polymer chain consists of 
200—2000 anhydroglucose units. Results from X-ray diffraction and swelling 
patterns suggest that amylopectin is mainly crystalline, whereas a large number 
of intermolecular hydrogen bonds between the linear parts hold the crystal¬ 
line regions together. Besides amylopectin and amylose, the starch grains 
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(granules) also contain fat and proteins as well as some other components. 
Depending on the type of starch and the individual starch grain, the size of 
the starch grains (granules) varies quite a lot. The granule size and the com¬ 
position of the mentioned additive components give different properties to 
the starch depending on the source from where it is originating: potato starch 
differs from corn and wheat starch (Eklund and Lindstrom, 1991). 

The amorphous amylose can be dissolved from the granule without 
changes in its structure, but certain types of starch can also contain crystalline 
amylose, which makes dissolution impossible. However, the only widely 
accepted native crystalline form of amylose is the V-form that in addition 
to amylose consists of some complex forming substance present in the starch 
granule, for example, fatty acids or butanol (Complex-forming substances 
can even be utilized for fractionation of starch, as it is known that, for ex¬ 
ample, higher alcohols, fatty acids, and sulfonated oils have a special affinity 
for the linear part of starch.) (Eklund and Lindstrom, 1991). 


2.8. Chitin 


Chi tin is a polysaccharide that is structurally close to cellulose, and it is also a very 
inert and strong substance. In fact, the hard exoskeletons ofinsects and shellfish 
consist of chitin. Unlike cellulose that consists of repeating cellulose units; the 
repeating unit of chitin is iV-acetylglucosamine differing from cellulose only by 
the presence of an acetoamido group at C2 position (Davis and Fairbanks, 
2008) . Although originating from marine animals, chitin could be utilized as 
a source of fermentable sugars to bioethanol after depolymerization. 



3. MONOSACCHARIDES (MONOMERIC SUGARS) 


Monomeric sugars can easily be utilized for the production of 
5-(hydroxymethyl)-2-furaldehyde or 5-(hydroxymethyl)furfural (5-HMF), 
furfural, and other specialty chemicals and can also be transformed to ethanol 
via fermentation. Monosaccharides (monomeric sugars) and disaccharides 
can be obtained as extractives (a minor constituent of wood) in the sap wood 
(Eklund and Lindstrom, 1991; Stenius, 2000; Willfor et al., 2005a, 2005b). 
Furthermore, they can be obtained from the polysaccharides of biomass 
via hydrolysis. Several options exist as a depolymerization method: the 
conventional methods are acid methanolysis, acid hydrolysis, and enzymatic 
hydrolysis. Enzymatic hydrolysis is highly selective and widely used in ethanol 
production albeit the long operation time. The usability and benefits 
of different methods should be evaluated depending of the goals of the 
process (Fig. 1.4). 
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Figure 1.4 A typical selection of depolymerization methods (with different product 
aims) for the polysaccharides in wood. 


Chemical pulping (with the contribution of the various bleaching steps) in 
the conventional paper mills is the leading method, resulting in almost com¬ 
plete delignification of the pulp (and loss of hemicelluloses) leaving the cel¬ 
lulose part untouched. A more rare method for industrial scale is organosolv 
pulping. Other methods used consist of microfluidization and acid treatment 
(acid hydrolysis) of pulp. However, these methods aim at different products 
than the two first mentioned pulping methods. Supercritical fluid extraction 
and treatment with ionic liquids (ILs) are currently under investigation at the 
academia with the goal to find out the optimized way to disassembly the poly¬ 
saccharides in lignocellulosic biomass. Steam explosion/autohydrolysis, C0 2 
explosion, liquid hot water, pH controlled hot water, flow-through liquid 
hot water, dilute acid, flow-through acid, ammonia fiber explosion (AFEX), 
ammonia recycle pretreatment (ARP), and lime (alkaline hydrolysis) repre¬ 
sent some recent trials (Mosier et al., 2005; Wertz et al., 2010). 

Despite challenges with respect to recovery of the IL, various IL treat¬ 
ments in combination with heat have been proven to function well for 
dissociation of wood to monomeric sugars, sugar alcohols and acids as well 
as their degradation products, HMR and furfural (Anugwom et al., 2012; 
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Maki-Arvela et al., 2012; Salmi et al., 2010). The challenges largely depend 
on the IL used and the process itself as well as the chemical process condi¬ 
tions involved. The presence of high concentration salt solutions (ion char¬ 
acter of ILs) results in analytical challenges in traditional columns (Hyvarinen 
et al., 2011). Still, most ILs used are water soluble and otherwise solubilized 
to similar solvents as monosaccharides. Some criticism has also been targeted 
toward the quality of the commercially available ILs that obviously affects 
the results obtained. Assumedly, if a dark brown or black suspension is 
obtained in IL treatment of, for example, wood, the reaction conditions 
have been too harsh leading to degradation of the obtained monosaccharides 
originating from polysaccharides, hemicelluloses, and cellulose as a result of 
depolymerization. The dark solution indicates formation of tar and other 
phenolic components as well as possible IL complexes formed together with 
lignin, sugars, or degradation products of sugars (furfural, HMF, etc.). Nev¬ 
ertheless, standard quality ILs are available and provided that the analysis 
method is robust, an industry might not care if the effect was rather caused 
by impurities than the IL itself. An important advantage of an IL treatment 
is that often no pretreatment of biomass is needed. 

High efficiency for the solvation of cellulose, lignin, and even wood has 
been proved in an increasing range of dialkyl imidazolium-based ILs (King 
et al., 2011). However, some recent papers (King et al., 2009a, 2009b) have 
also shown that one should be careful when using the term “cellulose or 
wood dissolution.” It is known as a fact that in soda, sulfite, or kraft pulping 
(commercial wood fractionation processes in paper and pulp industry), 
wood chips are converted to fibers (fibrillation) and nearly all lignin in wood 
is fragmented and dissolved (delignification), while cellulose remains (i.e., 
cellulose is not dissolved). Similarly, it should be noted that despite the 
efficient solvent properties of some ILs, wood is not soluble in ILs under 
mild dissolution conditions (e.g., 80 °C, 18 h) (King et al., 2009a, 
2009b). Usually, in the IL treatment of wood, nonfibrous pulp is obtained, 
lignin is not efficiently separated, and wood components are selectively pre¬ 
cipitated. In addition, also the effects of mechanical treatments should be 
noted, for example, the milling/pulverization degree of the sawdust affects 
on the lignin linkages and solubilization of wood (King et al., 2009a, 2009b) . 

Furthermore, the chemical stability of ILs and solutes under process should 
also be taken into consideration—concerning both the degradation condi¬ 
tions and properties of the IL and possible reactions between the used IL 
and the biomass material. There are some indications that ILs such as 
l-ethyl-3-methylimidazolium acetate, [emim][OAc], which is a highly 
effective solvator, react chemically with lignocellulosic solutes forming 
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lignin—carbohydrate complexes, for example, phenylglycoside, benzyl esters, 
and ethers. Therefore, the choice of the suitable IL-based treatment method 
for lignocehulosic biomass or wood depends on the products that are desired. 
If one wants to obtain the fiber-based value chains, IL-fractionation should be 
based on selective extraction of biomass instead of the reactive dissolution, 
followed by selective precipitation of low molar weight components. Wood 
can be “fibrihated” with certain ILs using mild treatments. For biofuel pro¬ 
duction, efficient degradation/depolymerization of polysaccharides in wood 
can be useful, while in order to obtain high molar weight, polymeric compo¬ 
nents mild dissolution is recommended (King et al., 2009a, 2009b, 2011). 

In recent catalytic transformation research of AG and its monomers— 
aiming to obtain valuable products of its monomers—it was shown that 
optimum pH and temperature (pH 1 at 90 °C) are crucial in order to succeed 
in the acid hydrolysis of AG to Ara and Gal (galactose) without further deg¬ 
radation of the monomers (Kusema et al., 2010). The utilization of homog¬ 
enous and heterogeneous catalysts was also noticed to differ in their 
advantages and disadvantages, for example, the latter ones catalyzed better 
the hydrolysis of the AG side groups than that of the main AG chain, 
however, resulting in internal mass transfer limitations. 

The main monosaccharides in biomass extractives are Glc and fructose 
(Fru); and a common dimeric sugar is sucrose that consists of Glc and Fru 
units (sucrose is also known as table sugar). Glucosides, for example, con- 
iferin, can also be extracted front biomass. The content of simple sugars 
varies during the year depending on the season among other parameters 
(Eklund and Lindstrom, 1991; Stenius, 2000). 

Monosaccharides can occur as D-sugars ( R -) or L-sugars (S-): the prefix 
uncovers the absolute configuration of the secondary alcohol at the highest 
numbered stereogenic center (or chiral center) (Davis and Fairbanks, 2008). 
Aldopentoses (three chiral centers), such as xylose, exist as four diastereo- 
meric pairs of enantiomers, while aldohexoses such as glucose, exist as eight 
diastomeric pairs. The D-forms of the sugars are much more common than 
their enantiomeric L-counterparts, excluding some deoxy sugars: namely, 
L-fucose (6-deoxy-L-galactose) and L-rhamnose (6-deoxy-L-mannose), 
which are both biologically important L-formic monosaccharides, the first 
being involved in cell—cell recognition processes and the latter representing 
a major component in plant cell wall (Davis and Fairbanks, 2008). These 
two L-monosaccharides are shown in Fig. 1.5 together with some impor¬ 
tant D-monosaccharides. The “zigzag” formulae for the most important 
hexoses and those for the two very important pentoses, Xyl and 
Ara, are displayed—all raw materials for many value-added products. 
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Figure 1.5 "Zigzag" formulas for some common hexoses and pentoses that can be de¬ 
rived from biomass. 



a-D-Glucopyranose 

Figure 1.6 The a- or p-anomers of D-glucose. 



P-D-Glucopyranose 


In addition to d- and L-configurations, monosaccharides can be either a- 
or P-anomers, that is, diastereomers that differ in their stereochemistry at 
the anomeric position, C-l: the C-l substituent of the a-anomer is axial, 
while it is equatorially arranged at the P-anomer (Fig. 1.6). 

When considering chemical reactions of the monosaccharides, besides 
mutarotation phenomenon, it is also worth reminding of the anomeric 
effect: that is, electronegative substituents at the anomeric center prefer to 







Engineering Aspects of Bioethanol Synthesis 


17 


obtain the axial orientation. Consequently, the a-anomers are usually more 
thermodynamically stable than (l-anomers (Davis and Fairbanks, 2008) . Glu is 
an exception to this, since in water it forms an equilibrium mixture including 
62% of (l-D-glucopyranose and 38% of a-D-glucopyranose. This exception, 
the P-anomer of Glu dominating in aqueous Glu solution, might be explained 
by a competition between anomeric and steric effects, where steric effects 
would win out in this case favoring the P-anomer (Davis and Fairbanks, 
2008). Nevertheless, all sugars do display mutarotation behavior which, 
among other things, is strongly temperature dependent. However, 
at equilibrium in aqueous solution of Man, the a-anomer is the major 
form—an epimer of Glu (Glu and Man differ from each other only in 
configuration at one chiral center, C-2) (Davis and Fairbanks, 2008). 



4. SUGAR ANALYSIS 


^ When acid hydrolysis, acid methanolysis, and enzymatic hydrolysis 
were compared in terms of depolymerization—with GC (using both 
HP-1 and HP-5 capillary columns and FID and MSD detectors), 
HPAEC-PAD, and HPAEC-Borate techniques were compared for sub¬ 
sequent analysis of the released monosaccharides—it could be seen that 
the acid methanolysis method was generally better than the acid hydro¬ 
lysis method for the samples containing xylan and uronic acid (Willfor 
et al., 2009). Acid hydrolysis was shown to be a requirement for crystal¬ 
line polysaccharide depolymerization, but the strong acid conditions 
evidently led to degradation of labile sugars. Acid methanolysis combined 
with GC analysis was proven to be a convenient method for obtaining the 
sugar unit composition and amount of noncrystalline polysaccharides in 
lignocellulosic biomass (Willfor et al., 2009). However, the highest de¬ 
gree of recovery was observed for bleached chemical pulp samples, when 
the enzymatic and acid hydrolysis methods were used. The plant met- 
hanolyzates were not suitable as such for an analysis on an HPAEC—PAD 
system (Willfor et al., 2009). For analysis of the total amount of sugar 
units (including cellulose, other noncrystalline hemicelluloses, and 
pectins), a combination of the methanolysis and hydrolysis methods is 
recommended (Willfor et al., 2005a, 2005b, 2009). 

When conventional analysis methods cannot be used, for example, due 
to the toleration limits exceeding contents of salts (e.g., ILs or molten salts) in 
the samples, the recommendations given above will not help a lot; namely 
the traditional GC and HPLC columns made for carbohydrate analysis do 
not tolerate much over 5 ppm of salt. Some reliability problems have been 
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observed (GC) even in the case when trying a quantitative determination of 
monosaccharides in IL-containing samples (much diluted sample concentra¬ 
tions were used). Alternative analysis methods are under development, and 
particularly capillary electrophoresis might turn out to be the analysis 
method of choice in the future. 


5. PRODUCTION OF ETHANOL FROM RENEWABLE 
FEEDSTOCKS 


Ethanol from starch- and sugar-based feedstocks makes up the major¬ 
ity of ethanol that is produced in the world today (Mussatto et ah, 2010). 
Important feedstocks used for ethanol production include grains, sugarcane, 
sugar beet, potatoes, cassava, and grapes or other fruits. When used as a 
component of automotive fuels, ethanol produced in this way serves as 
an example of a conventional biofuel (IEA Technology Roadmap, 2011), 
which is sometimes also referred to as a first-generation biofuel. 

Production of ethanol from sugar- and starch-based feedstocks has been 
known for thousands of years (Mousdale, 2010). When a starch-based feed¬ 
stock is utilized, the components of the starch are first hydrolyzed to sugars in 
an enzymatic process based on amylases. Further hydrolysis gives Glu, which 
is then fermented to ethanol by a microorganism, typically the budding yeast 
Saccharomyces cerevisiae. Glu is converted to pyruvate through the glycolytic 
pathway, which also generates ATP from ADP and NADH from NAD + . 
Pyruvate is further metabolized to carbon dioxide and acetaldehyde, which 
is reduced to ethanol in a reaction where NAD + is regenerated through the 
oxidation of NADH. A summary of the reaction scheme for the conversion 
of a hexose monosaccharide, such as Glu, into ethanol is indicated in Eq. (I) . 
The maximum yield, which is 0.51 g ethanol/g consumed Glu, was 
estimated by the French chemist Joseph Louis Gay-Lussac already in the 
beginning of the nineteenth century (Barnett and Barnett, 2011): 


C 6 H 12 0 6 -► 2CH 3 CH 2 OH + 2C0 2 [I] 

Apart from S. cerevisiae, there are many yeasts and bacteria that can be con¬ 
sidered for production ofbioethanol (Mousdale, 2010; Mussatto etal., 2010). 
Examples of microorganisms that are studied for production ofbioethanol in¬ 
clude yeasts from the genera Saccharomyces, Candida, Kluyveromyces, Pichia, 
Schizosaccharomyces, and Zygosaccharomyces, as well as many varieties of bacte¬ 
ria, for example, from the genera Zymomonas, Clostridium, Escherichia, and 
Thermoanaerobacterium. The capability of the microorganisms to utilize the 




Engineering Aspects of Bioethanol Synthesis 


19 


pentose sugars Xyl and Ara may be relevant in some cases, but not with respect 
to conventional sugar- and starch-based processes where the di- and polysac¬ 
charides from the feedstock become hydrolyzed to hexose monosaccharides, 
such as Glu and Fru. Evidently, S. cerevisiae continues to be important in in¬ 
dustry, since it has many valuable properties, including well-developed capa¬ 
bilities to efficiently convert Glu to ethanol and to withstand high ethanol 
concentrations in the fermentation medium. 

It is noteworthy that the production of liquid biofuels from conventional 
feedstocks, such as grains and sugarcane, typically results in the generation of 
coproducts (IEA Technology Roadmap, 2011). Coproducts could be, for 
example, animal feed, biogas, and energy generated from solid residues. 
Detailed calculations of energy return on investment and greenhouse gas 
(GHG) balance would always take generation of coproducts into account. 
A compilation of recent analyses (IEA Technology Roadmap, 2011) 
indicates a strongly favorable life cycle GHG balance for sugarcane ethanol, 
cellulosic ethanol, and sugar beet ethanol and suggests that relatively good 
values may be achieved also for grain ethanol. 



6. CELLULOSIC ETHANOL 


^ In biorefineries that operate sulfite-based processes, bioethanol is pro¬ 
duced as a coproduct from sugars in spent sulfite liquor (SSL). The sugars in 
SSL are mainly derived from hemicelluloses, and in processes with softwood 
as feedstock, Man will be a quantitatively important monosaccharide 
(Sjostromand Alen, 2010). However, as most mills that are in operation today 
run other types of processes, often based on kraft (sulfate) pulping or mechan¬ 
ical pulping, bioethanol from SSL is not very important from a quantitative 
point of view, considering the total ethanol production in the world. 

Present-day mills typically have high pulp yield as an aim, that is, the idea is 
to preserve rather than to degrade cellulose that goes into the process. How¬ 
ever, there is a lot of lignocellulose that is not used for making wood products 
or pulp, for instance residues from forestry, residues from agriculture, such as 
straw and bagasse, and various energy crops. These resources could tentatively 
be utilized in biorefinery processes where the aim would be to degrade the 
cellulose to sugars. The sugars could then be further converted through chem¬ 
ical and enzymatic catalysis or, more conventionally, through a fermentation 
process where a microorganism would produce an alcohol, an acid, or maybe 
a biopolymer. Alcohols and acids produced in this way could also serve as 
platform chemicals in the production of liquid fuels, other chemicals, and 




20 


T. Riitonen et al. 


bio-based polymers. For instance, ethanol produced in this way could tenta¬ 
tively serve either as an advanced biofuel (IEA Technology Roadmap, 2011) 
or as a green chemical in the production of polyethene. The valorization of 
ethanol is discussed further in a subsequent section. 

A difference between lignocellulose and conventional sugar- and starch- 
based feedstocks used in the production of ethanol is that lignocellulose is 
more recalcitrant to hydrolysis (Lynd et al., 2008). Considering the fact that 
ethanol is a relatively inexpensive bulk product, the sugar yield of the hy¬ 
drolysis becomes very important. The cellulose and the hemicellulose can 
be hydrolyzed in a thermochemical process, in which acid catalysts are 
added, or in an enzymatic process. Modern concepts often rely on a com¬ 
bination of thermochemical and biochemical steps. To achieve a high yield 
of sugar, the lignocellulose is typically pretreated thermochemically before 
cellulolytic enzymes are added (Galbe and Zacchi, 2007). 

Existing technology for pretreatment of lignocellulose includes acid- 
based methods, which may involve the utilization of catalysts such as sulfuric 
acid and sulfur dioxide, steam explosion and hydrothermolysis, and alkaline 
methods, such as AFEX (Galbe and Zacchi, 2007). The method and con¬ 
ditions for biomass pretreatment need to be selected on the basis of the 
recalcitrance of the feedstock. For example, acid hydrolysis serves as an 
appropriate option for more recalcitrant types of lignocellulose, such as 
softwood (Galbe and Zacchi, 2007). Pretreatment with acid hydrolysis effi¬ 
ciently degrades the hemicellulose and facilitates enzymatic attack on the 
cellulose. Flowever, pretreatment with acid hydrolysis will also generate 
by-products, such as phenolics and other aromatic compounds, furan 
aldehydes, and aliphatic acids. By-products may in part inhibit subsequent 
enzymatic hydrolysis and microbial fermentation processes (Geddes et al., 
2011). However, new ways to counteract inhibition of both microorgan¬ 
isms and enzymes have emerged (Alriksson et al., 2011; Soudham et al., 
2011). Apart from the conventional pretreatment methods discussed above, 
there are also emerging technologies, such as treatment of lignocellulose 
with ILs, which is discussed further in a previous section. 

After pretreatment and adjustment of pH, complex mixtures of proteins 
are added to effect the hydrolysis of cellulose. Critical enzymes in this process 
include two groups of cellulases, namely, exo-acting cellobiohydrolases 
that attack the ends of cellulose molecules and produce cellobiose, and 
endoglucanases, which attack internal bonds of cellulose molecules 
(Kubicek et al., 2009; Viikari et al., 2007). Furthermore, cellobiase 
(P-glucosidase) is required for hydrolysis of cellobiose to Glu. The role of 
proteins involved in amorphogenesis of cellulose has also been given 
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attention (Arantes and Saddler, 2010). Proteins associated with glycosyl hy¬ 
drolase family 61 (GH61) have recently been shown to enhance hydrolysis 
of cellulose. New studies indicate that GH61 proteins cleave cellulose using 
a metal-dependent oxidative mechanism (Quinlan et al., 2011; Westereng 
et al., 2011). 

If the sugars that are generated by enzymatic hydrolysis are to be used as 
substrate in a microbial fermentation process, the procedure can be carried 
out as a separate hydrolysis and fermentation (SHF). However, it is also 
possible to combine the enzymatic hydrolysis and the fermentation in a 
simultaneous saccharification and fermentation (SSF). If the fermenting 
microorganism can contribute to hydrolysis of cellulose by secretion of cel¬ 
lulolytic enzymes into the medium, it may even be possible to operate the 
process as a consolidated bioprocess (van Zyl et al., 2007). As the search for 
new microbial biocatalysts suitable for mixed sugar utilization continues and 
as further advances in metabolic engineering are made (Geddes et al., 2011; 
Kim et al., 2012; Nevoigt, 2008), cofermentation of lignocellulose-derived 
pentose sugars may appear as a feasible option. 


7. HISTORICAL AND CURRENT CONSIDERATIONS 
AROUND CELLULOSIC BIOETHANOL 


The era of cellulosic ethanol started in the Nordic countries already 
more than 150 years ago. Until the 1870s, the mechanically produced pulp 
and “lump pulp” (cotton pulp produced from worn-out clothes) were the 
dominant types of pulp produced. The interest toward chemical pulping 
(sulfite and sulfate) steadily increased during the latter half of the nineteenth 
century (Persson, 2007). The so-called sulfite method experienced its break¬ 
through in the 1880s when Carl Daniel Ekman founded the first factory 
(1874, Bergvik, Halsningland, Sweden) to produce sulfite pulp (Spaak, 
1957). In 1923/1924, the Swedish capacity of sulfite cellulose reached 
900,000 tons per annum. At the same time, the interest toward constructing 
adjacent ethanol factories was dramatically increased and 13 ethanol- 
producing units were in operation in Norrland and 21 in the whole of 
Sweden (Persson, 2007). One of the driving forces and primary reasons 
to establish an ethanol plant adjacent to the pulp factory was that the sulfite 
process converts only roughly half of the wood to pulp, whereas the other 
half remains dissolved in the cooking liquor also containing the cooking 
chemicals (primarily sulfite and alkalihydroxides), thus creating already at 
that time an unbearable economic and environmental burden being dumped 
to the closest aquifer. 
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That fermentation is caused by living organisms was, in essence, simul¬ 
taneously discovered by three different researchers: the chemists Edward 
Buchner, Justus Liebig, and Jons Jacob Berzelius. The first mentioned 
obtained later (1907) the Nobel Prize in chemistry for the discovery. After 
many interesting fights, turns and twists around the patent right for “sulfite 
spirit,” already in 1909, the company “AB Ethyl” was founded in Sweden. 
The company quickly managed to sell licenses to Switzerland and the USA 
and later, during the First World War, and a descendant to “AB Ethyl,” “AB 
Sulfitsprit” sold 11 licenses to German companies during 1917—1918 
(Persson, 2007). The First World War resulted in a shortage of crude oil 
and gasoline in Germany as in many other countries, and consequently, 
the demand for bioethanol primarily as a transportation fuel and as a source 
of chemicals was dramatically increased. Although Germany had already 
invented the method to prepare synthetic oil from coal and hydrogen 
(Friedrich Bergius, an assistant of the famous Fritz Haber and a Nobel price 
winner in 1931 together with Carl Bosch), the process had at the time of the 
end of the war still not left the laboratory development stage (Persson, 2007). 

Consequently, Sweden experienced an “ethanol economy” in a scale far 
beyond any other nation of those times. In Germany, the importance of 
sulfite spirit remained rather marginal, but this was not the case in Sweden: 
by the time the Second World War broke away, “Motyl” 50, 85, and 98 (the 
number indicating the percentage of ethanol in the fuel mixture) were in¬ 
troduced. At the same time, a few companies started to develop and build 
ethanol-based chemical industry in order to compensate for the lack of oil 
as the raw material. In 1940, “MoDo” company started in Domsjo 
Ornskoldsvik (Norrland region of Sweden) the first chemical plant utilizing 
sulfite spirit as the feed and the production assortment steadily grew to com¬ 
prise more than 50 (bio-)ethanol-based chemicals such as, for example, 
various glycols, acrolein, H-hexanol, ethyl chloride, latexes, and thiols. 
The production steadily increased but 1960s saw the emergence of petro¬ 
chemical complexes in southern Sweden (Stenungsund) and in 1970 the 
gradual down sizing of the ethanol-based chemical industry was a fact. Nev¬ 
ertheless, still in the beginning of the 1980s around 4000 tons of sulfite spirit 
was sold. The combination of serious environmental problems, which pre¬ 
viously were associated with sulfite pulping and ethanol-based production of 
chemicals, and increasing competition from ethylene-based petrochemistry 
almost forced the industry to shut down. However, from 1984, the comp¬ 
any’s internal use of ethanol again increased and the following year the 
“Svensk ethanolkemi” company was founded in the factory premises that 
in continuation would come to use most of the bioethanol produced on site 
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(Persson, 2007). Today, the industrial park in “Dornsjo” has evolved into a 
cradle of new type of “biorefining” site containing several companies with a 
multitude of products (including ethanol-based chemicals and transportation 
fuels like fuel blend (85% ethanol, 15% gasoline) (E85)) and a strong drive to 
evolve as a profitable and sustainable producer of necessities for the society of 
twenty-first century. 


8. THERMODYNAMIC ANALYSIS OF ETHANOL 
PRODUCTION FROM BIOMASS 


The thermodynamic analysis of the production of ethanol from ligno- 
cellulosic biomass serves as a pragmatic tool for the selection of efficient 
technologies capable of competing economically with fossil fuels. Improv¬ 
ing the various stages of bioethanol production (Fig. 1.7), the process econ¬ 
omy, energy efficiency, and the overall performance of the process are 
important factors for a competitive technology. Since these process steps 
involve energy conversion, utilization, and generation, thermodynamic 
tools can be deployed to analyze the efficiency of each step as well as the 
overall process. 

Energy, chemicals, raw materials, and machinery are used during the 
growth, processing, and manufacture of ethanol from biomass. The total 
energy consumed from all process chains during ethanol production is eval¬ 
uated to justify the necessity of the production of second-generation 
biofuels. During ethanol production from lignocellulosic biomass, cellulose, 
and hemicellulose obtained from the biomass are converted to the mono¬ 
saccharides and disaccharides (Glu, Fru, maltose, sucrose) prior to digestion 
by enzymes. Comparison of the energy input during ethanol production and 
the energy produced when ethanol is used as a fuel or chemical serves as a 
tool for the evaluation of the biofuel production efficiency and for analyzing 
each step in the production process. 

The law of conservation of energy states that the total amount of energy 
in an isolated system remains constant over time. The conservation of energy 
is expressed by energy balances which, together with the corresponding mass 



Figure 1.7 A typical process flow diagram for the conversion of lignocellulosic biomass 
to ethanol. 
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balances, are used for the modeling and analysis of energy conversion sys¬ 
tems. Such energy balances can determine the energy supply requirements 
in the form of streams of matter, heat, and work. The energy balance iden¬ 
tifies the transfer of energy to and from the system. However, energy analysis 
cannot identify thermodynamic inefficiencies associated with the use of 
energy supplied to the system (Rosen and Dincer, 2003). An account of 
the true thermodynamic value of an energy carrier is characterized by its po¬ 
tential to cause change or do meaningful work. Thus, the thermodynamic 
quantity, exergy, overcomes the limitations of energy analysis and also 
facilitates process integration. 

Exergy is the maximum theoretical useful work possible during a process 
that brings the system into thermodynamic equilibrium with a heat reservoir 
(surrounding). It expresses the practical value of a substance and is defined as 
a maximum ability of a substance to perform work relative to the environ¬ 
ment. The environment is a large equilibrium system containing state 
variables (T, P) and chemical potential of chemical components. In a ther¬ 
modynamic process, heat and matter are exchanged between the system and 
the environment. This environment is free from irreversibility and its exergy 
value is zero. The thermodynamic environment is usually the reference 
point for calculating exergy values. 

The exergy of a substance is a function of the temperature, pressure, and 
composition of that substance, and the temperature, pressure, and chemical 
form of the substance when in equilibrium with the environment. It can also 
be a function of the substance location and velocity. In contrast to the first 
law of thermodynamics, exergy accounts for the irreversibility of a process 
due to increase in entropy in accordance with the second law of thermody¬ 
namics. The exergy destroyed (anergy) during a process is proportional to 
the entropy increase of the system and that of the environment. Exergy anal¬ 
ysis has been applied in many areas of bioethanol production (Ojeda and 
Kafarov, 2009; Teh and Lutz, 2010), and in the study of the performance 
and renewability of feedstocks (Arredondo et al., 2009). 

Since energy analysis for the production technologies based only on the 
first law of thermodynamics (conservation of energy) is unreliable and erro¬ 
neous, exergy analysis has been applied to a wide range of manufacturing 
processes, such as biofuel production (Sohel and Jack, 2011; Ojeda and 
Kafarov, 2009) and fermentation (Teh and Lutz, 2010), for efficient energy 
management and as a measure of the environmental impacts of manufactur¬ 
ing processes. Exergy analysis identifies the location, quantity and quality of 
thermal, and material losses in chemical and material processing. 
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8.1. Energy and exergy balances 

The general energy balance can be expressed in terms of energy input and 
output as follows: 

Ve = Vfi [1.1] 

Z—^ in Z —j out L J 

In the absence of nuclear, magnetic, electrical, and surface tension effects, 
the total specific exergy of a system consists of four components: the phys¬ 
ical, chemical, kinetic, and potential exergy (Hepbasli, 2008): 

Ex x = Ex ph + Ex ch + Ex km + Ex pot [1.2] 

The general exergy balance can be written as follows: 

^Ex^ - ^E out = ^Edest [1-3] 

This may also be written in the form: 

Exheat Ex wor k T Ex mass ,in Ex mass?ou t; Exdest [1-4] 

The terms are defined as follows: 

Ex heat = ]TQ(j -T) [1.5] 

Ex work = W [1.6] 

Ex masS)2 ^ ^ fflyExy [1*7] 

where Q is the heat transfer through the boundary at temperature T, Wis the 
work done, and m z is the mass transfer (in/out). The specific exergy, Ex, for 
statically flowing open systems can be defined as follows: 

Ex=(H-Ho)-T 0 (S —So) [1.8] 

where the enthalpy and entropy are H and S, respectively, and the subscript 
zero represents properties at the restricted dead end T 0 and P Q . 

For an ideal gas at constant heat capacity, Eq. (1.8) becomes 

Ex = C p (T - To) - T 0 ( CplnT _ R]n L\ [ 1 . 9 ] 

V 1 0 ‘0/ 

The exergy arising from chemical composition relative to the environ¬ 
ment can be accounted for by defining a reference environment possessing 
zero exergy. Therefore, an absolute value can be assigned for every material 
stream within the process. Equation (1.8) can thus be written as 
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Ex = (H - H 00 ) - T 0 (S - Soo) [1.10] 

where 00 refers to the conditions in the reference environment. 

For a statically flowing multicomponent material stream, the physical, 
chemical, and mixing terms can be merged to give the total exergy of the 
system (Hinderink et al., 1996). 

Ex t = Ex ph + Ex ch + A mlx Ex [1.11] 

Taking into account the total molar flow rate F, Eq. [1.11] becomes 

Ex t = F (Ex ph + Ex ch + A m , x Ex) [1.12] 

where Ex p h, Ex c h, and A nnx Ex are the physical, chemical, and mixing 
exergy, respectively. 

Each exergy term must be evaluated separately in order to calculate the 
total exergy correctly. 

Physical exergy involves the exergy of the material stream arising from 
the change in actual (initial) conditions (T, P) to the environment (refer¬ 
ence) conditions (T 0 , P 0 ), representing the thermomechanical or physical 
part of the total energy. Physical exergy is used for analysis of physical 
processes, in which the substance is considered unchanged. 


8.7.7 Physical exergy 

The physical exergy of a system can be written in the form: 

Ex ph = S(T- T 0 )- V(p-po)+y^ »,(/h~ Pio) [1-13] 

i 

where the entropy S, volume V, and number of moles of i iij are the exten¬ 
sive parameters. The intensive parameters are the temperature T, pressure p, 
and the chemical potential of i, /q (Ojeda et al., 2011). The subscript 0 
describes the state when thermodynamic equilibrium is established with 
the environment. 

The exergy of a flow may be written in the form of enthalpy H, as 
follows: 

Ex v h = {H — Hq) — T 0 (S — So) +YM* ~ K, '°) [1-14] 

i 

8.1.2 Chemical exergy 

Chemical exergy is the maximum theoretical useful work possible during a 
process that brings the system from environmental conditions (T, P) to the 
dead state (T 0 , Pq, Po)- The chemical exergy is used for analysis of chemical 
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processes, in which the chemical elements remain unchanged. The chemical 
exergy corresponds to the substance calorific value. The chemical exergy of 
biomass is calculated from the correlation of technical fuels using low heating 
value (LHV) and mass fractions of organic material, sulfur, water, and ash in 
the biomass (Ptsainski et al., 2007): 

EXc^total tti 0 rg ^/AhV org^ % f+(Ex s C s ) T f^waterEx water 

+ m ash Ex ash [1.15] 

where the factor [3 is the ratio of the chemical exergy to the LHV of the or¬ 
ganic fraction of biomass. The ratio is calculated from statistical correlations 
(Szargut and Styrylska, 1964) as follows: 


1.0412 + 0.216—— 0.2499— (1 + 0.7884—') +0.045 — 

me me \ me ) me 

1 — 0.3035— 

me 

where m, is the mass fraction of component i. 

Equation (1.16) has been applied (Nilsson, 1997) for determining the 
specific chemical exergy of straw front the following equation: 

Ex c h, straw /^LHv(^^X + LfvMeT'water) + Ex c } lwater Mt watcr [1.17] 

Using the following data from moist straw; m c = 38.9%, m H2 =4.9%, 
m 0l = 33.8%, m Nl = 0.4%, m water = 18.0%, LHV = 13,800 kj/kg, 
ffwater = 2440 kj/kg, Ex ch water = 50 kj/kg; the specific chemical exergy 
was calculated to be 16.1 MJ/kg. 

Improvements on calculating the specific chemical energy from the 
elemental compositions based on structurally complicated materials, such 
as biomass, have been proposed (Shieh and Fan, 1982) as follows: 


f 8177.79[C] + 5.25[N] + 27892.63[H] - 3173.66[0] 1 
Xch ~ ' ‘ \ +0.15[O](7837.67[C] + 33888.89[H — 4236.1[0]]) J 

[1.18] 

The standard chemical exergy of many compounds can be found in the 
literature (e.g., Ayres and Ayres, 1999). Where unavailable, the chemical 
exergy of a pure compound can be expressed in terms of the change standard 
Gibbs free energy, AG fo , as follows: 

Ex ctl = A Gpp + nijbi [1.19] 


where &,■ is the chemical exergy of the zth pure component in the mixture. 
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The specific molar exergy of a specific component i having a partial pres¬ 
sure Pi is evaluated from the following relation: 

Ex c i 1) R e f,i = -R-Toln——— [1.20] 

1 Ref,/ 

where Ex c i, iRe f j; denotes the standard chemical exergy of reference species i, 
and Pfi e fj refers to the partial pressure evaluated at a mean atmospheric pres¬ 
sure. This method has been applied to more than 80 varieties of biomass, and 
the results show that the specific chemical exergy of dry biomass varies 
between 11 and 24 MJ/kg. The average ratio of the specific chemical exergy 
to the biomass high heating value is 1.05 (Song et al., 2011a). 

8.1.3 Exergy of mixing 

Determination of mixing terms derived from isothermal and isobaric mixing 
of pure process components at actual thermomechanical conditions (T, P) is 
conducted through the concept of “property change of mixing.” Exergy 
equations can be applied using enthalpy and entropy changes of mixing as 
follows: 

A imx £ = A imx H - T 0 A imx S [1.21] 

The exergy of material streams, heat, and work flow has been evaluated. 
This involves determination of the mixing term resulting from isothermal 
and isobaric mixing of pure process components at actual thermomechanical 
conditions (T, P). The mixing term is described using the enthalpy and en¬ 
tropy changes of mixing as follows: 

A mix M = A nilx H - T n A mx S [1.22] 

The extend of resource utilization and the thermodynamic characteris¬ 
tics of a system can be evaluated by accounting for the process exergy effi¬ 
ciency t (Ojeda et al., 2011), given by 

h'Vtbt.nm'd 
T =- 

Ex consume d 

The process exergy efficiency allows for maximum improvements by 
limiting irreversibility. 

8.2. Example of exergy analysis 

Consider a simple exergy efficiency of bioethanol (Fig. 1.8): 

In the bioethanol process (Fig. 1.8), the biomass introduced into the 
steam explosion constitutes the major exergy input, while the exergy 


[1.23] 
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24% 



Irreversibility 

14.5% 


Figure 1.8 Exergy flow diagram for lignocellulose ethanol production. Adapted from 

Modarresi et al. (2012). 


outputs are bioethanol, the residual liquid fraction, and the dry solids. The 
irreversibility of bioethanol production accounts for about 14—15% of the 
input exergy, and can be attributed to heat losses and nonreacting unknown 
materials. Analyses of the irreversibility during the various stages for bio¬ 
ethanol production have also been carried out. Bioethanol production from 
acid treated bagasse using different process configurations showed improve¬ 
ments in pretreatment and saccharification—fermentation stages (Ojeda 
et al., 2011). It was shown that the irreversibility generated during the acid 
pretreatment stage was 25.2 MJ/kg ethanol, accounting for an efficiency of 
53% due to the inhibition effect of Glu and cellobiose which the enzyme 
velocity at low substrate concentration. Exergy analysis of the enzymatic hy¬ 
drolysis step for bioethanol production from lignocellulosic biomass (Ojeda 
and Kafarov, 2009) also revealed that bioreactors have maximum exergetic 
efficiencies of 68% for the continuous stirred tank reactor (CSTR) and 72% 
for plug flow reactor. The exergy efficiency increases when the operation 
temperature increases from 40 to 50 °C which is the operative range for cel¬ 
lulose enzymes. The examination of the thermodynamics of fermentation 
and the growth of baker’s yeast (Teh and Lutz, 2010) for the production 
of bioethanol from sugarcane bagasse showed that anaerobic respiration of 
yeast retains about 93% of the maximum work that could be extracted from 
the growth medium of a chemostat reactor. The glucose-to-ethanol conver¬ 
sion efficiency was 70% due to the formation of yeast cells and other met¬ 
abolic by-products. When evaluating different kinds of biomass-to-biofuels 
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processes, various exergy environmental indicators such as “renewability 
performance indicator” (Arredondo et al., 2009) can be defined. For exam¬ 
ples, the reader is referred to this chapter and references therein. 



BIOFILM REACTORS FOR BIOETHANOL PRODUCTION 


Biochemical reactors (Fig. 1.9) are important in chemical processing 
since they affect the rate of reactions, the product yields and selectivity, and 
the overall process economy. A simple reactor design equipped with tech¬ 
nique to increase the cell mass concentration is required as a biofilm reactor 
in order to increase the “reaction rate” (productivity) under optimized con¬ 
ditions, such as temperature, pH, and substrate concentration (Qureshi et al., 
2005). The cell mass concentration inside the reactor increases when an 
attached permeable membrane (permits flow of liquid, substrate, and prod¬ 
ucts) is used to retain cells, the cells are immobilized (fixing cells on 
supports), or they are recycled (Vega et al., 1988). The readers should realize 
that these kinds of reactor setups hardly operate under the conditions of 



Figure 1.9 Pilot scale bioreactor at Processum Biorefinery Initiative AB, Ornskoldsvik, 
Sweden. Image courtesy of Dr. Bjorn Alriksson. 
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intrinsic kinetics and, therefore, the design of the reactor type influences the 
apparent, observed production rates. 

The natural form of cell immobilization occurs via absorption or adher¬ 
ence of cells on the support materials resulting in cell layers or biofilm. 
A biofilm is defined as a structural community of bacterial cells enclosed 
in a self-produced polymeric matrix and adherent to a living or inert surface 
(Costerton et al., 1999). Biofilm formation and growth is influenced by 
surface roughness of the support, support porosity, hydrophobicity or flag¬ 
ellation of cells, the presence of nutrients, favorable temperature, etc. The 
lower shear forces on rough surfaces or in porous media and the presence 
of phosphorous provide an environment conducive for cell adherence 
and growth. The biofilm is used in different biological systems including 
wastewater treatment, gas and odor treatment, and chemicals synthesis, 
for example, ethanol. 

The mature biofilm can be used in different processes in various reactors, 
such as CSTR, fluidized bed reactors (FBRs), packed bed reactors (PBR), 
airlift reactors, upflow anaerobic sludge reactors, expanded granular sludge 
reactor, and plastic composite support reactors. Reaction rates in these 
reactors are usually high, with achievable cell concentrations of 74 g/L 
(Qureshi et al., 2005). The high cell concentration leads to high activity 
of the bioparticles which internally contribute to the reactor productivity. 

During ethanol production, the biomass previously pretreated and 
hydrolyzed is fed to the bioreactor containing the biofilm. Although the 
composition of lignocellulose materials varies in different plants, the main 
components (cellulose, hemicelluloses, and lignin) are fermented to sugar 
monomers which are subsequently transformed chemically and/or enzy¬ 
matically to ethanol. High ethanol productivities have been obtained by 
using Zymomonas mobilis in an attached film expanded bed reactor using 
vermiculite as bed material to form an active biofilm. Productivities of 
105 g/L/h were obtained at a dilution rate of 3.6 h 1 . 

Biofilm reactor can be generally be categorized into fixed bed and ex¬ 
panded bed reactors. In fixed bed, the biofilm develops in a static layer, while 
in the expanded bed, the biofilm moves continuously driven by high air or 
velocity flow, or by mechanical stirring. Ethanol fermentation in different 
biofilm reactors has been conducted in batch and continuous operation 
using different microorganisms, substrates, and support materials. The low 
cell concentration and the inhibitory effect of ethanol have fostered the de¬ 
velopment of systems to increase ethanol productivity from lignocellulosic 
biomass. Ethanol productivities of 1—2 and 30 g/L/h obtained in batch and 
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continuous stirred tank fermentors, respectively, have been increased to 
about 80 g/L/ h via the combined effect of vacuum fermentor and cell 
recycling (Cysewski and Wilke, 1977; Margaritis and Wilke, 1978). The re¬ 
actors commonly used to biofilm growth and biomass processing to ethanol 
as described below: 


9.1. Packed bed reactor 

In PBR, suitable support materials are filled into tubes or cylinders followed 
by inoculation with the culture to form biofilm. The time for biofilm ma¬ 
turity depends on the culture, support, and nutrients availability. Contact 
between the biofilm and the substrate is typically improved when PBR is 
used. The biofilm is fixed and does not move with the liquid. Continuous 
PBR is the most widely used reactor for immobilized enzymes and 
immobilized microbial cells. In these systems, it is necessary to consider 
the pressure drop across the packed column and the residence time of the 
substrate in the bed. PBR is simple to construct and operate; however, these 
reactors are often blocked due to excessive cell growth, packing density of 
support, and excess nutrients. The substrate flow regimes in packed columns 
include downward flow, upward flow, and the recycling methods. 

The recycling method is advantageous when the linear velocity of the 
substrate solution affects the reaction flow rate. This is because 
the recycling method allows the substrate solution to be passed through 
the column at a desired velocity. In industrial applications, upward flow 
is generally preferred over downward flow due to compression of enzymes 
or microorganisms in the latter case. When gasses are produced during 
enzymatic reactions, upward flow is preferred. A continuous PBR is easy 
to control and operate, and the operating conditions are easily stabilized 
and the product quality can be verified easily. The operation duration 
has been from 2 weeks to 3 months. 

Continuous packed bed biofilm reactor filled with S. cerevisiae immobilized 
via adsorption on natural support (sugarcane bagasse) was used to produce 
ethanol from molasses obtained from sugarcane processing (Tyagi and 
Ghost, 1982). A productivity of 29 g/L/h was obtained in comparison to 
ca. 3 g/L/h obtained in a free cell continuous process. The reactor operated 
continuously for 35 days without reactor plugging. 

Ethanol production in an attached film extended packed bed biofilm re¬ 
actor of Z. mobilis using vermiculite as bed material to form an active biofilm 
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resulted in productivities of 105 g/L/ h obtained at a dilution rate of 3.6 h 1 
(Bland et al., 1982). Absorption of Z. mobilis on ion exchange resins embed¬ 
ded in packed beds has also been used for the production of ethanol (Krug 
and Daugulis, 1983). Immobilized cells of Z. mobilis on cationic mac- 
roreticular resin formed an active biofilm and resulted in productivity of 
136 g/L/h (based on the void volume). Reactor plugging occurred due 
to excessive cell growth after 200 h of operation. 

9.2. Continuous stirred tank reactor 

In a CSTR, the vessel is filled with fibrous bed support used for the absorp¬ 
tion of cells and stirred uniformly with a mechanical device, ensuring that no 
variation in concentration gradients exists within the vessel. These reactors 
are also known as agitating or rotating continuous reactors depending on the 
operational mode. There may be excess growth on the surface of the fibrous 
bed, and the cells may be sheared off the support due to high shear forces 
during agitation. 

In this reactor type, nutrient and substrate flow into the reactor, while 
there is an equal outflow of product, nutrient and microbial waste products, 
and microbial cells flow out. The balance between feed and discharge is 
maintained for long enough times to achieve steady-state operations without 
changes in the reactor conditions. The CSTR biofilm offers advantages of 
observing, separating, and evaluating the kinetics and stoichiometry of each 
biofilm process, the uniform bulk liquid phase, convenient steady-state 
reproducible conditions, and a constant shear stress of the fibrous bed. 

A culture of Z. mobilis immobilized on plastic composite support con¬ 
sisting of polypropylene has been used in a CSTR and resulted in high eth¬ 
anol productivity of 536 g/L/h at a dilution rate of 15 h (Kunduru and 
Pometto, 1996). Conversely, S. cerevisiae immobilized on a plastic composite 
support resulted in ethanol productivity of 76 g/L/h at a dilution rate of 
3 1C 1 . An important state-of-the-art development of continuous process 
is to use multistage (typically four) reactors of variable sizes to maximize 
performance, thereby increasing the productivity. 

Fermentation using steam exploded oak chips was performed in a con¬ 
tinuous stirred tank biofilm reactor equipped with an internal membrane 
filtration module for cell retention. Ethanol productivity of 17 g/L/h was 
obtained at a dilution of 0.22 h 1 . No bacterial contamination occurred after 
210 h with the hydrolysate sterilized at 60 °C (Lee et al., 2000). 
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9.3. Fluidized bed reactors 

Cell growth occurs around the absorbent particles in FBR. Active biofilm 
formation around the particles and accumulation of sufficient biomass in the 
reactor take between 2 and 4 weeks and do not plug the reactor due to an 
excessive growth of cells. Thermophilic ethanol fermentation of wet- 
exploded wheat straw hydrolysate has been investigated in an FBR at 
70 °C. Undetoxified wheat straw hydrolysate used (3—12% dry matter) con¬ 
tained sugar mixtures of Glu and Xyl ranging from 12 to 41 g/L. The an¬ 
aerobic bacterium Thermoanaerobacter exhibited significant resistance to high 
levels of acetic acid (up to 10 g/L), and other metabolic inhibitors present in 
the hydrolysate. Although the hydrolyzate was not detoxified, ethanol yield 
in a range of 0.39—0.42 g/g was obtained. Overall, sugar efficiency to eth¬ 
anol was 68—76%. The reactor was operated continuously for approximately 
143 days, and no contamination was seen without the use of any agent for 
preventing bacterial infections. The tested microorganism has a considerable 
potential to be a novel candidate for lignocellulose bioconversion into eth¬ 
anol (Georgieva et al., 2008). 

Another FBR for continuous ethanol production using S. cereinsiae nat¬ 
urally immobilized on coke particles resulted in productivity of 100 g/L/h 
with a feed dilution rate of 2.25 lU 1 (Demsey, 1990). 



KINETIC ANALYSIS OF BIOETHANOL PRODUCTION 


The production of ethanol from lignocellulosic biomass has emerged 
as an alternative method for the production of transportation fuels based on 
the dwindling petroleum reserves. Ethanol may be obtained via the 
processing of sugar-containing substrates, such as agricultural residues and 
food processing wastes. However, the cost of the substrate must be low 
in order to have a favorable impact on the economics of the ethanol produc¬ 
tion. In order to efficiently transform the sugars to ethanol, the kinetics of 
the reactions involved during cell growth, fermentation, inhibition, and eth¬ 
anol recovery are required for optimal ethanol production. During fermen¬ 
tation, ethanol accumulation in the broth inhibits metabolic activities of the 
enzymes, thereby inhibiting cell viability, sugar consumption, and ethanol 
productivity. In addition to ethanol inhibition, substrate limitation and in¬ 
hibition, and cell death must be described in the kinetic models. With fluc¬ 
tuating temperatures during fermentation, these effects may become even 
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more severe (Phisalaphong et al., 2006). The specific growth rate in a mi¬ 
crobial culture is usually expressed as a function of a growth-limiting sub¬ 
strate concentration and described by Monod-type kinetics; however, in 
the presence of ethanol, the specific growth rate decreases due to the 
inhibiting effect of ethanol and the mode of operation. 

The operating modes commonly used for bioethanol production from 
lignocellulosic materials among others include SHF and SSF. The efficiency 
of operating modes for ethanol production can be evaluated using two in¬ 
dicators: productivity defined by the mass of ethanol produced per unit mass 
of dried feedstock per unit time (g/g/h) and yield defined by the mass of 
ethanol produced per unit mass of dried feedstock (g/g). Due to shorter 
operating time and less inhibition of enzymes, SSF generally has the higher 
productivity than SHF, but the yield depends on other factors, such as the 
substrate used (Shen and Agblevor, 2010). 

Macroscopic approach of evaluation of the pathways and bioenergetics 
can be adopted under anaerobic conditions in batch fermentation processes 
in order to probe the product yields and develop models capable of describ¬ 
ing process dynamics. This is applicable since batch cultures are character¬ 
ized as a time dependent and irreversible process, the inhibition and 
deactivation of the cellular activities by ethanol. It is therefore necessary 
to consider that growth and ethanol production in batch cultures are 
influenced by ethanol concentration, deactivation of enzymes and time of 
culture, the mode and conditions of operation, etc., in order to determine 
the actual kinetics of the processes involved. 


10.1. Kinetic models for bioethanol production 

The quantitative analysis of complicated systems can be achieved by math¬ 
ematical modeling, capable of accurately predicting reaction parameters or 
functions. Kinetic formulations are often used for the kinetic analyses of 
biochemical systems from experimental data. Such mathematical models 
are capable of predicting the influence of operating parameters on cell con¬ 
centration, substrate utilization rate, and ethanol production rate. The 
model should be capable of describing substrate limitation, substrate inhibi¬ 
tion, product inhibition, and cell death simultaneously during anaerobic 
fermentation to yield ethanol. 

The growth kinetics of microorganisms depends on optimal mainte¬ 
nance of the transport of the necessary nutrients in the medium to the cell 
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surface, rate of mass transfer from the medium into the cells and temperature, 
and pH. The microbial growth kinetics can be described mathematically 
(Ghaly and El-Taweel, 1997) as follows: 


dX 
d t 


nx 


[1.24] 


where X is the cell concentration (g/L) and j.i is the specific growth rate 

(h- 1 ). 

The relation between specific growth rate and limiting substrate concen¬ 
tration S is formally described by the classical Michaelis—Menten equation, 
actually the Monod equation: 


P = 


t*mS 
K s + S 


[1.25] 


where the saturation constant K s is defined as the substrate concentration at 
half the maximum specific cell growth rate. 

Increasing alcohol concentration will gradually retard microbial growth 
and may finally completely inhibit it. The symbol K p denotes the concen¬ 
tration of ethanol at which the cell growth will be inhibited. An ethanol in¬ 
hibition term P ]n j, can be defined as follows: 


P inh = Kp [1.26] 

where K p is the ethanol inhibition concentration and P is the ethanol 
concentration. 

A high substrate concentration inhibits cell growth due to the effect of 
osmotic pressure. The symbol K\ denotes the substrate concentration at 
which growth is inhibited. A substrate inhibition term S in h can be defined 
as follows: 


K\ 

Smh ~K\ + S 

By combining Eqs. (1.25)—(1.27), the specific growth rate /i can be de¬ 
scribed as a function of substrate limitation, product inhibition, and substrate 
inhibition as follows: 



P m S K p K\ 
K s + S K p + PK' s + S 


[1.28] 


The Monod (for cell growth) or Michaelis—Menten (for enzymatic 
kinetics) rate law is often used to describe changes in biochemical systems 
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assuming quasi-steady state. Log—linear approximations and the complete 
dynamic nonlinear mass balances of metabolic networks based on enzyme 
activities are also used, with the reference intracellular and extracellular me¬ 
tabolites levels (Hatzimanikatis et al., 1996). A reference elasticity coefficient 
is, nevertheless, necessary in order to yield approximate coefficients. The 
biochemical systems theory has been used as a pragmatic tool for pathway 
identification tasks based on time series data. Nonlinear ordinary differential 
equations are applied to represent the dynamics of biological systems in the 
following form: 

d Xj \—' 

— = }2 n ijVj, i= [1-29] 

j= i 

where X,- is the composition of the ith component, are stoichiometric 
coefficients, and Vj is the reaction rate of the jth pathway. 

The generalized mass action and the S system are important variables 
within the biological system theory, where each rate is formulated as a power 
law function. 


10.2. Model development 
70.2.7 Batch systems 

The development of a batch system for ethanol production is based on the 
enzymatic reaction mechanism of cellulose to Glu as follows: 

Ce^Cb^G [1.30] 

where Ce, Cb, and G denotes the concentrations (g/L) of cellulose, cello- 
biose, and Glu, respectively; q and r 2 are enzymatic catalytic reactions 
describing the reaction rates (g/L/h). The reaction rates describing the 
decomposition of cellulose to cellobiose and to Glu may be expressed as 
follows: 
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fe'iCe 


1 + 7 ^ + 


*2 = 


Cb 

^1G ' ^lCb 

fe 2 Cb 


1 + — 
^ K 2 g 


[1.31] 

[1.32] 


where k' \ is the enzyme deactivation factor (h — ); k 2 is the specific rate 
constant of cellobiose hydrolysis to Glu; K lc , K 2G , and K ich are inhibitory 
constants for Glu and cellobiose by their respective specific enzymes (Drissen 
et al., 2009; Shen and Agblevor, 2010). 
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The effect of enzyme deactivation can be included in the variable k' i and 
expressed as a product of the specific rate constant k and enzyme concentra¬ 
tion e as follows: 


k\ =k\e 


Substituting (1.27) into (1.25) gives 
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k\eCe 


1 -L-Gi _cb_ 
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[1.33] 


[1.34] 


The cell growth and transformation of glucose to ethanol can be 
expressed in the form: 


G EtOH + C0 2 + cell 


Assuming Monod model given by 


r x = nX 


VmXG 

K g + G 


[1.35] 


[1.36] 


According to Eq. (1.36), cell growth increases exponentially when the 
growth-limiting substrate is sufficiently supplied. When there is limited sup¬ 
ply of nutrients, the enzymatic reaction is slowed and the cell growth de¬ 
creases. In this case, the rate of cell growth is dependent on the cell 
concentration. 


10.2.2 Continuous stirred tank reactor 

In the CSTR, the substrate is fed continuously into the culture while the 
outflow containing ethanol, residual cellulose, Glu, cells, by-products, 
and enzymes exit at the same flow rate F. Two reactors are required for 
prehydrolysis (reactor 1) and the simultaneous scarification and fermentation 
process (reactor 2) in order to achieve semi-SSF in a continuous mode 
(Fig. 1.10). 

The change in cellobiose concentration has been proposed to be 
described as follows (Shen and Agblevor, 2010): 
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The dilution rate (h : ) is given by 



[1.37] 


[1.38] 
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Figure 1.10 Reactors for continuous operation during semi-simultaneous saccharifica¬ 
tion and fermentation. 


where F is the feed flow rate (L/h), V 2 is the volume of reactor 2 (L), and 
C and B are the cellulose and cellobiose concentrations in the fermentors 
(g/dm 3 ). 

The mass flows for a continuous ethanol fermentation system can be 
monitored to determine the cell, substrate, and ethanol concentrations. 
A cell mass balance for the continuous ethanol fermentation process can 
be written as 

[Cells change rate] = [cell input rate] + [cell growth rate] — [cell death rate] 
— [cell output rate] 


This can be written mathematically as 


— V = QXi + jiXV - K d XV - QX 0 [1.39] 

df 

where X i and X D are the inlet and outlet cell concentrations and Q is the flow 
rate (L/h). 

The hydraulic retention time R can be defined as 


dX 

df 
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Substituting yields 
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In fermentation systems, the inlet cell value X, is usually zero and in a 
perfectly mixed system, X=X a . Thus, Eq. (1.41) can be rewritten as 


dX [ /VS K p K\ 1 
d t [K s + S K p + P K\ + S R 


[1.42] 


Under steady-state conditions, dX/df=0 and the equation becomes 


1 _ fi m S K p K\ k 
R K. + SKp + PK'. + S d 


[1.43] 


A substrate mass balance for the continuous fermentation process can be 
written as 

- ^ V = Q S‘ - (R-s, + R sm + R sp ) V - QS 0 [1.44] 


where S and S„ are the inlet and outlet substrate concentrations, respectively, 
and Q is the flow rate. 

The rates of substrate uptake for cell growth R^ x , cell maintenance _R, m , 
and product formation R sp are defined as 


R* 


R^x — ■ 

V S /x 

R sm nt s X 
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[1.45] 

[1.46] 

[1.47] 


where = dX/ d t is the cell growth rate, T x / S is the growth yield coefficient 
(g cells/g substrate), Y p/s is the product yield coefficient (g product formed/g 
substrate), m s is the maintenance coefficient (g substrate/g cells/h), and 
R p = cLP/df is the rate of product formation. 

Substituting R for V/ Q and using 
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Under steady-state conditions, dP/df = 0, therefore 
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[1.49] 


For a given concentration S ; , the amount of substrate removed from a 
system Si — S Q is a function of the hydraulic retention time R, microbial cell 
concentration X, and the product formation R p . 
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The product formation can also be described as a function of the energy 
coefficient for growth a as follows: 


dP - :lX \ ^ S Kp K '> 

dt [K, + S K p + P K' s + S 



Po 

R 


under steady state, d P/dt = 0 and P 0 = P, therefore 


[1.50] 


P = aXR 


' P m S K p K\ 
K s + SK V + P K\ + S 



[1.51] 


The SSF model was apparently able to describe the (four) main and 
(three) by-products formed in the system. The dynamics of both continuous 
and fed-batch SSF operations in ethanol fermentation could be described 
amazingly well (experimental points vs. simulated curves). However, the 
authors (Shen and Agblevor, 2010) do not report the confidence intervals, 
relative errors for the parameters obtained and, moreover, no information is 
given about the degree of explanation, the mathematical methods applied, or 
details of the objective function. Importantly, on the basis of simulations, it 
was concluded that there exists an optimal dilution rate for the maximal 
ethanol productivity during SSF continuous process. Thus, reaction engi¬ 
neering still has a lot to give in rational treatment of biological systems. 


11. BIOMASS-TO-LIQUID ETHANOL PRODUCTION FROM 
SYNTHESIS GAS 


Besides biological fermentation process using sugars in biomass, eth¬ 
anol can also be produced from biomass using a chemical biomass-to-liquid 
(BTL) processes, utilizing the “SynGas” platform. Any BTL process has the 
advantage of the fact that SynGas can be obtained from various biomass feed¬ 
stocks by gasification and/or reforming. Thus, even lignocelluloses can be 
converted by the BTL process. In comparison, the fermentation process 
is limited in the selected biomass components (carbohydrates) for ethanol 
production, since lignin in the lignocellulosic biomass cannot be converted 
by the current fermentation process (Liu et al., 2011). 

Regarding ethanol production from SynGas, the research has concen¬ 
trated on comparing different catalysts for the ethanol synthesis. On the 
other hand, some apparatus and synthesis methods have also been patented 
(Stites et al., 201 1) to provide a selective method for producing ethanol from 
SynGas and being able to achieve high yields of ethanol in the introduced 
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processes. At the same time, they report in their previous patent a straight¬ 
forward route through SynGas from cellulosic biomass via methanol which 
is, consequently, converted to acetic acid or acetates, thereafter being re¬ 
duced to ethanol with yields of over 100 gallons per dry ton of biomass 
(Stites et al., 2010). Also Hurley et al. (2010) have patented a catalytic process 
which comprises a series of catalysts improving the selectivity and yield to¬ 
ward ethanol synthesis from SynGas (Hurley et al., 2010). The system is also 
suitable for synthesis of other alcohols. In the system, three catalysts are con¬ 
tacted in the reactor with SynGas: the first and third catalysts are hydrogen 
promoters (Cu—Zn, Mo, or Fe with an optional alkali metal additive and an 
optional support of aluminum oxide, zeolite, silica, or clay) and the second 
catalyst is a homologation promoter (containing one or more of the group 
VIII metals in free or combined form with cocatalyst metals consisting of 
lanthanide, actinide, or yttrium series metals with optional support and 
additives; Hurley et al., 2010). The system has the advantage of producing 
ethanol directly from SynGas (coproducing also methanol, acetaldehyde, 
acetic acid, and methane at the same time) and with a carbon selectivity 
toward ethanol around 69 mol%, at best compared to Stites invention com¬ 
prising several process steps. The three catalysts can be applied either in a 
single reaction vessel or in separate reaction vessels that are connected in 
a series (Hurley et al., 2010). In the ethanol synthesis example provided 
by the authors, the selectivity toward ethanol reached 64% (mol/mol). 

In the synthesis of higher alcohols from SynGas, four kinds of catalysts are 
typically employed: Rh-based, Mo-based, modified Fisher—Tropsch (F—T) 
synthesis, and modified methanol synthesis catalysts (Liu et al., 2011). 
Rh-based catalysts have shown the best selectivity toward ethanol among 
various catalysts, but due to the high cost of Rh metal, it is necessary to im¬ 
prove the overall activity and selectivity toward ethanol in order to achieve a 
commercially viable and cost-effective process. Furthermore, upon develop¬ 
ment ofhighly active Rh-based catalysts for the synthesis of ethanol from Syn¬ 
Gas, the support and the promoter are very important. Selected rare earth 
oxides have been found as efficient promoters for Rh/Si0 2 catalysts in the 
synthesis of ethanol. It is also known that in the Ce0 2 -supported metal cat¬ 
alysts, there is a strong interaction between support and metal which results in 
a high activity in various reactions. Moreover, if Zr 4+ ions are introduced into 
the Ce0 2 lattices, the catalytic performance of Ce0 2 -supported metal cata¬ 
lysts is enhanced. The catalytic performance of Rh/Ce t _ x Zr x 0 2 (where x is 
0—1 and Rh loading 2 wt%) catalysts was investigated for the synthesis of ethanol 
from SynGas in a high-pressure fixed-bed flow reactor (reaction conditions of 
548 K, 2.4 MPa, the ratio of H 2 /CO being 2:1, and W/F of 10 g h/mol). 
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Overall, the catalyst characterization results indicated that Rh/Ceo sZrooCL 
contained both acid andbase sites on the surface. The main oxygenated products 
obtained were acetaldehyde and ethanol in case of neutral or acidic supports, 
whereas methanol and ethanol dominated in the case of basic supports. Rh/ 
Ceo. 8 Zro. 2 O 2 demonstrated the highest selectivity for ethanol among various 
catalysts (Liu et al., 2011). 

Another study (Ngo et al., 2011) was performed over Rh catalyst in the 
synthesis of ethanol from SynGas, focusing on studying Li and Mn as sec¬ 
ondary additives. In this study, Rh was used as a catalyst, Ti0 2 as a support, 
and Fe as a promoter. Both Li and Mn (in Rh—Fe/Ti0 2 ) slightly decreased 
the catalytic activity but improved the ethanol selectivity. However, at high 
reaction temperatures, both Mn and Li additions in Rh—Fe/Ti0 2 gave 
high ethanol yields and selectivities due to the increased catalytic activity 
at high reaction temperatures (Ngo et al., 2010). 

For the reference, the petrochemical route for ethanol production has 
been in use since the beginning of the twentieth century. The reaction is 
based on ethylene that is hydrated to ethanol in the so-called indirect or di¬ 
rect processes. The indirect process is based on the use of liquid sulfuric acid, 
and additionally, it was used as an initial way to produce ethanol. However, 
it was soon replaced by the direct process which takes advantage of solid acid 
catalysts. The direct hydration process has been relatively unchanged since 
1940s (Nakagawa et al., 2000). The direct synthesis process has also been 
carried out over supported phosphoric acid catalysts but also acidic zeolites 
and zeolite type structures offer a modern approach (Atkins et al., 1983; 
Ishihara et al., 1997; Iwamoto et al., 1986). The drawback is that the 
supported phosphoric acid catalyst may leach and, thus, several corrosive ef¬ 
fects can be observed in a reactor system. Moreover, the reaction produces 
certain by-products such as diethyl ether and side reactions, for example, 
oligomerization and dehydrogenation can be an issue (Nakagawa et al., 
2000). Zeolites are also known to deactivate by, for example, dealumination 
under reaction conditions. Additionally, the process generally displays low 
yields and requires high pressures. The reactor technology used in the direct 
process is based on the continuous operation mode. The traditional fixed- 
bed reactor technology offers a general view on the process (Atkins et al., 
1983). A more advanced approach is based on the combination of a reaction 
and separation (Ishihara et al., 1997). The technology in question utilizes 
special, porous zeolite tubes, or membranes which have an effect on the 
equilibrium, shifting the reaction toward products in the hydration of eth¬ 
ylene to ethanol (Fig. 1.11). The outcome is demonstrated by higher yields 
of ethanol obtained. 
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Figure 1.11 The concept of simultaneous reaction and separation. 


12. BIOETHANOL VALORIZATION OVER 
INORGANIC HETEROGENEOUS CATALYSTS: 
CLASSICAL LIQUID AND GASEOUS PRODUCTS 


Ethanol itself may contain some limitations as, for example, a gasoline 
replacement, and thus, scientific community is discussing the possibility of 
converting ethanol into more valuable chemicals. One interesting way to 
carry out these promising ideas is to take advantage of modern inorganic ca¬ 
talysis. The processes are based on the utilization of chemical reactors which 
convert ethanol with the aid of inorganic catalysts into products. Still, these 
processes are typically heterogeneously catalyzed ones which means that the 
reactant and the catalyst reside in different phases (Centi and van Santen, 
2007; Kirk-Othmer, 2007). 

Further, ethanol can be directly upgraded, without any addition of other 
reactants, to some interesting and simple liquid products like acetaldehyde, 
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acetic acid, butyl alcohol, diethoxy ethane, ethyl acetate, and diethyl ether. 
Furthermore, some well-known gaseous products are hydrogen, methane, 
ethene, carbon dioxide, and carbon monoxide. The outcome of the process 
is depending on the choice of the catalyst and process conditions. Typically, 
a mixture of these compounds is obtained. Ethanol can also react with other 
compounds like ethylene oxide (glycol ether), amines (ethylamines), acrylic 
acid (ethyl acrylate), and isobutylene (ethyl-fert-butyl ether) (Centi and van 
Santen, 2007; Kirk-Othmer, 2007). Each one of these chemicals has used in 
some special purposes which renders the production important. In this chap¬ 
ter, only main reactions of ethanol without additional reactants will be 
discussed. 

One of the most interesting topics related to ethanol is its use as a fuel ad¬ 
ditive or as a fuel itself. Interestingly, even in 1908, Henry Ford presented his 
famous Model T which was originally designed to run with ethanol. 
However, due to various reasons ethanol was then forgotten. Nevertheless, 
the real breakthrough occurred in the 1970s when the oil crises emerged. 
Nowadays, 85% ethanol containing fuel (E85) is available particularly in 
European markets, but a spark-ignited engine which is especially designed 
to run on ethanol is needed. Furthermore, it is claimed that a remarkable re¬ 
duction in exhaust and GHG emissions is obtained. The fact that 15% mix 
with classical gasoline is needed stems from the fact that ethanol has lower va¬ 
por pressure and, consequently, problems, for example, upon engine cold- 
start can be regarded negligible. Ethanol cannot form satisfactory air/fuel 
vapor mixtures below 11 °C. Regardless, E85 is of course a marginal product 
due to supply and demand reasons but the car manufacturers have developed a 
new strategy which implements so-called flexi-fuel vehicles. These cars can 
be operated with any mix ranging from 100% gasoline up to 85% ratio of 
ethanol fuel blends. Specific precautions are needed because ethanol is cor¬ 
rosive for some metallic compounds (zinc, brass, aluminum) and nonmetallic 
compounds (natural rubber, urethane, cork gasket material, certain plastics) 
(Minteer, 2006). However, E85 is in wider use and has been a fully functional 
fuel for many years. The biggest problem with high-blend ethanol fuels is the 
fact that it cannot be applied directly in (nonmodified) engines which are 
currently in use. Also, the catalytic converters of today’s cars are designed 
to tackle with gasoline as fuel, not ethanol. As a result, the emissions of toxic 
acetaldehyde are dramatically increased (Poulopoulos et al., 2001). 

Another way to promote the use of ethanol in modern engines is the ad¬ 
dition in much smaller amounts to traditional gasoline and diesel. Even 
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legislation in many countries is supporting this strategy that is feasible in 
many ways. First, it supports the idea that the fuel is applicable in all engines 
currently in use, and second, a decrease in emissions is attained which orig¬ 
inates from additional oxygen. Many studies have indicated that the addition 
of oxygen-containing compounds (e.g., ethanol) to traditional fossil-based 
fuels has a diminishing effect on carbon monoxide and hydrocarbon exhaust 
emissions (Minteer, 2006). The outcome is, consequently, cleaner combus¬ 
tion. Interestingly, the addition of ethanol may also have some negative con¬ 
sequences. Investigations have revealed that an increase in the ethanol 
concentration in gasoline is followed by an increase in aldehyde and form¬ 
aldehyde emissions (Minteer, 2006). These chemicals are known to contrib¬ 
ute to adverse health effects upon exposure. In addition, well-known 
oxygen additives in gasoline are methyl- or ethyl-ferf-butyl ether (MTBE, 
ETBE) (Centi and van Santen, 2007; Minteer, 2006). However, particularly 
MTBE is toxic and can easily contaminate the groundwater. Thus, recent 
political decisions are shifting the balance toward ethanol as a better additive. 
Many studies confirm that ethanol can be blended with gasoline from 5% to 
25% without causing any bigger problems in modern engines. Ethanol itself 
is not a perfect fuel additive because it possesses some negative physicochem¬ 
ical properties if compared to traditional gasoline. For instance, its octane 
number is much higher, less lubrication is obtained, and its energy content 
is lower (Minteer, 2006). Thus, it would be interesting to find some new 
ethanol derivatives which could be applied in the future. 

An interesting alternative use for ethanol is to use it as ED95 in diesel 
engines or to blend it with diesel, which is widely used in heavy traffic 
and, particularly in Europe, in passenger cars. Different studies have suggested 
that an appropriate blending with ethanol varies between 10% and 15%, at 
maximum. Ethanol addition to diesel was also found to cause similar lower 
carbon monoxide and particulate matter emissions. The big problem with 
diesel engines is that ethanol blending easily lowers the viscosity, resulting 
in leakage in the fuel injection pump. In addition, ethanol blending stability 
with diesel is not at comparable levels as with gasoline. The main factors af¬ 
fecting blending properties are temperature and water content. Interestingly, 
below 10 °C these two mixtures start to separate and extra precaution is 
needed to countereffect these types of phenomena. It is well known that some 
emulsifiers and cosolvents can be added to these blends lowering the separa¬ 
tion temperature. For instance, ethyl acetate which is one of the ethanol 
derivatives discussed in this chapter has been found to prevent separation 
and is thus one potential candidate in the future. Ethanol itself has a high 
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octane number, but its cetane number, which is an important characterisation 
measure in diesel fuel, is much lower and thus limits its use as a diesel additive 
(Hansen et al., 2005; Minteer, 2006) . Based on these observations, it would be 
beneficial to find some new ethanol derivatives. 


12.1. Acetaldehyde 

Acetaldehyde is a well-known organic chemical, and it can be found in animal 
and plant metabolism. Interestingly, acetaldehyde is an intermediate in 
ethanol fermentation process and it is presented in plant juices and tobacco 
smoke (Kirk-Othmer, 2007). It is well miscible in common organic solvents 
like water, acetone, and ethanol. In addition, it exhibits typical reactivity 
of aldehydes and it is mainly used as an intermediate to other valuable 
chemicals. For instance, acetic acid, ethyl acetate, and butyl alcohol are pro¬ 
duced through aldehyde intermediate, but nowadays, its significance is 
decreasing due to the cost of ethylene feedstock and the emergence of other 
processes. For example, butanol can be manufactured with the oxo-process 
and acetic acid by applying the Monsanto process (Kirk-Othmer, 2007). 
However, bio-based ethanol might be a future choice for acetaldehyde 
and, thus, some of these valuable chemicals could be straight derived from it. 
As a consequence, the dependence on fossil-based resources could be 
diminished. 

There are several possible sources available for acetaldehyde production. 
The most common one since 1960s has been ethylene which is oxidized in 
the liquid-phase process. The process is named Wacker—Hoechst process, 
and it was developed in the late 1950s. The reaction is based on the use 
of aqueous PdCl 2 and CuCl 2 catalysts (Moiseev, 2011). In addition, acety¬ 
lene, lower hydrocarbons, SynGas, and methanol can be used as the raw ma¬ 
terial (Kirk-Othmer, 2007). 

However, keeping in mind the bio-based needs of the future, one should 
take a deeper look at the bioethanol-based acetaldehyde production. Inter¬ 
estingly, there are many publications available which discuss the oxidation of 
ethanol to acetaldehyde (Batis and Najjar, 2010; Christensen et al., 2007; 
Hensen and Guan, 2009; Herrera et al., 2007; Idriss and Seebauer, 2000). 
A common feature to all these publications is that the reactions have been 
carried out over supported metal oxides. For instance, Christensen et al. 
(2007) reported ethanol oxidation via acetaldehyde intermediate up to acetic 
acid which is a result of further oxidation. However, their catalyst of choice 
was gold supported on MgAl 2 0 4 and Ti0 2 which are known to exhibit 



48 


T. Riitonen et al. 


basic character. Hensen and Guan (2009) reported some results about the 
effect of gold particle size on the reaction. Basic nature of metal oxides is 
known to have a positive effect on acetaldehyde formation, whereas acidic 
properties normally lead to ethene and diethyl ether type products. More¬ 
over, alumina (Avgouropoulos et al., 2006) and vanadium oxide catalysts 
(Herrera et al., 2007) have also shown activity to acetaldehyde formation 
after alkali metal addition as a result of basicity. Furthermore, perovskite- 
type oxide structures, which are known to contain special electric and 
magnetic properties, were investigated by Batis and Najijar (2010). One 
important aspect in future biorefinery operations will be an aqueous ethanol 
solution which is an outcome of fermentation and, thus, its reactivity is of 
great importance. From industrial viewpoint, it would be beneficial to be 
able to avoid the costly distillation process (Christensen et al., 2007). 

A question can arise, what is actually happening on a catalyst surface? Idriss 
(2004), Idriss and Seebauer (2000), and Idriss et al. (2004) carried out funda¬ 
mental studies of ethanol adsorption and its reactions over metal oxide sur¬ 
faces. Interestingly, some common conclusions can be drawn from these 
results. Ethanol has been found to form an ethoxide on the catalyst surface, 
and furthermore, on Ce0 2 surfaces, mono and bidentate ethoxides have been 
observed. In addition, some studies include density functional theory (DFT) 
calculations about the interaction of the ethoxy group with different surfaces 
(Dumesic et al., 2003; Illas et al., 2010; Radilla et al., 2010). It seems that the 
mechanism is based on O—H bond breaking upon which the surface oxygen 
atom forms a hydroxyl group with hydrogen which is cleaved from the 
adsorbed ethanol molecule. The formed ethoxide molecule binds to a metal 
cation on a catalyst surface which can further react to acetaldehyde through 
additional dehydrogenation. Interestingly, a study by Idriss (2004) demon¬ 
strates that the first dehydrogenation process is reversible, whereas the second 
stage is irreversible. Additionally, it is easy to conclude that the amount of 
ethoxides on the catalyst surface could explain the catalytic activity. However, 
the real factor that determines the success of a catalyst is coordinative 
unsaturation (Idriss, 2004). Polycrystalline surfaces are known to contain 
coordinatively unsaturated metal cations which are capable of reducing 
and reoxidizing and, thus, are applicable in dehydrogenation reactions which 
lead to, for example, acetaldehyde formation. Overall, we can conclude that 
for acetaldehyde formation, there are two crucial things: first, the catalyst 
should contain a crystalline structure and, second, it should be of alkaline na¬ 
ture. Consequently, an amorphous—crystalline structure is not suitable for this 
type of reaction. Hattori (1995) has reported that alcohols are typically 
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dehydrogenated to corresponding aldehydes over basic catalysts. As previ¬ 
ously mentioned, acetaldehyde serves as a base intermediate toward valuable 
products. Thus, many reactions that lead to desirable products are actually 
base-catalyzed reactions. Based on the information gathered, a profound view 
on further products would be valuable. 

Ethanol oxidation is not only limited to acetaldehyde formation, but it 
can also be oxidized to acetic acid. One advantage of this type of processes is 
that acetic acid can be synthesized directly from bioethanol over a single cat¬ 
alyst and, thus, the production process would become much more simpler 
and economically feasible. 


12.2. Acetic acid 

Acetic acid is a common organic molecule which contains a carboxylic acid 
group. It has been known for over 5000 years, and its traditional name is 
vinegar which means its aqueous solution. It can be found everywhere in¬ 
cluding seawater and plant and animal fluids. In addition, acetic acid has a 
crucial role in many biological processes which are related to energy 
(Kirk-Othmer, 2007). Acetic acid is also soluble in common solvents like 
water, ethanol, and ether. Interestingly, it tends to form equilibrium 
between a monomer and a dimer in the gas phase, whereas in the liquid 
phase, equilibrium is found between a monomer and a cyclic dimer or 
dehydrated dimer. Acetic acid serves also as a pathway to more valuable 
products. For instance, its reaction with ethylene and oxygen leads to the 
formation of vinyl acetate which is used in textile treatments, paper coatings, 
and adhesives. Additionally, another important pathway is the production 
of acetic anhydride which is applied in the synthesis of important cellulose 
acetate (Kirk-Othmer, 2007). 

Looking back in history, there has been an interesting development of 
different catalytic processes which led to the formation of acetic acid. 
The most common processes have been methanol carbonylation and acet¬ 
aldehyde oxidation (Kirk-Othmer, 2007). Additionally, of some importance 
has been the oxidation of hydrocarbons and direct synthesis of acetic acid 
through ethylene and ethane. The carbonylation process was for the first 
time presented by “Badische Anilin and Soda-Fabrik,” later to be res¬ 
tructured as the company BASF, in 1913 and it was based on a reaction 
between carbon monoxide and methanol. At that time, the process was car¬ 
ried out at high temperature and pressure. Later on, some transition metal 
carbonyls were found to be efficient catalysts for the reaction and cobalt 
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iodide was chosen as the catalyst. The main idea in the development was to 
take advantage of nonpetroleum feedstocks. Monsanto presented a signifi¬ 
cant improvement in the process by developing a rhodium iodide promoted 
catalyst in the 1960s (Kirk-Othmer, 2007). The real advantage of the new 
process was that the reaction could be carried out at atmospheric pressure 
and, thus, a significant reduction in operational costs was achieved. The 
latest modification, named the Cativa process, was introduced in the 
1990s, taking advantage of iridium metal (Kirk-Othmer, 2007). The acet¬ 
aldehyde process is the second major process for acetic acid production. It 
is simply based on acetaldehyde oxidation, but the real reaction mechanism 
contains multiple steps which include free radicals. The active catalysts for 
the reaction have been copper, manganese, and phosphomolybdic acid. 
There has also been some interest in fossil-based resources which can be used 
in the production of acetic acid. For instance, oxidation of aliphatic hydro¬ 
carbons (w-butane and light naphtha) and oxidation of ethylene have been 
presented for the process. Overall, it would be interesting to find an alter¬ 
native way of production from renewable sources. 

One candidate might be bioethanol that can be oxidized through 
acetaldehyde to acetic acid. It is commonly agreed that acetaldehyde forms 
an acetate in the catalyst surface which can be further oxidized to carbon 
dioxide (Idriss et al., 2004). However, by proper choice of catalysts and re¬ 
action conditions, the outcome can be acetate and, thus, acetic acid. 
Avgouropoulos et al. (2006) have investigated ethanol reactivity on 
Pt/AI 2 O 3 catalyst and have confirmed an advantage upon use of unmodified 
catalyst in the acetic acid production, whereas the addition of alkalis (Na, K) 
inhibits it. The explanation may be the fact that alkali metals increase the 
basic character of the catalyst and, thus, shift ethanol decomposition path¬ 
way. In addition, some reports (Christensen et al., 2007; Takei et al., 
2011 ) discuss the conversion of aqueous ethanol solution to acetic acid. 
Interestingly, it was reported that in the liquid phase, the only possibility 
to carry out the reaction is the use of supported gold catalysts. This serves 
as an extremely interesting example of supported gold which can offer 
promising possibilities when present in nanoscale. In addition, the same 
studies also reveal that, at moderate ethanol concentrations (<60%), the 
main product is acetic acid, whereas at higher concentrations, a shift toward 
ethyl acetate occurs via esterification of acetic acid. It is quite obvious that 
water thus inhibits strongly acetaldehyde formation and favors acetic acid. 
Overall, acetic acid synthesis is strictly in relation with the acetaldehyde 
production, and by performing some process and catalyst modifications, 
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the production of acetic acid through bioethanol-based pathway could be¬ 
come feasible. It seems that supported heterogeneous metal oxide catalysts 
exhibit the best performance in the production of acetic acid from ethanol 
(acetaldehyde as an intermediate). By remembering the future needs, the 
advantage of straight catalytic valorization of aqueous fermented ethanol 
solution is important. 


12.3. 1-Butanol 

1-Butanol is one of the most interesting potential ethanol derivatives. For 
instance, it can be used as a high-blend component in gasoline in the near 
future. Butyl alcohols are generally soluble in all common organic solvents 
but not to water, the only exception being ferf-butanol. Butyl alcohols can 
be found in some natural compounds, and they have typical reactivity of 
alcohols. For example, butanols can undergo different dehydration, oxida¬ 
tion, alkylation, and esterification reactions (Kirk-Othmer, 2007). 

1-Butanol is a promising candidate for replacing gasoline because it 
exhibits similar properties. In comparison, ethanol is more corrosive, 
completely water soluble, and contains less energy than 1-butanol (Szwaja 
and Naber, 2010). However, 1-butanol is also used in many other applica¬ 
tions like surface coatings, viscosity regulators, and plastics. Additionally, its 
derivatives are of considerable value including n-butyl acrylate and methac¬ 
rylate which have been the largest volume 1-butanol derivatives in the USA. 
In addition, other isomers of butanol have many similar properties and in 
certain applications isobutanol can replace 1-butanol (Kirk-Othmer, 2007). 

The first report on industrial scale production of 1-butanol already arised 
in 1912. During that time, the process was based on fermentation of carbo¬ 
hydrates with a bacterium (Clostridium acetobutylicum). However, from the 
modern point of view, the traditional way for 1-butanol production can 
comprise three process alternatives. The first one was in use until mid- 
1950s, and it was based on the hydrogenation of crotonaldehyde. This 
manufacturing method, the so-called aldol condensation reaction, combines 
two aldehyde molecules. The reaction occurs over basic catalysts, and studies 
have demonstrated the advantage of copper-based catalysts. Later on, the 
petrochemical feedstocks started to play a crucial role in the production. 
In 1942, Reppe presented a synthesis method where propylene, carbon 
monoxide, and water reacted in the presence of iron carbonyl salt catalysts, 
leading to the formation of 1-butanol (Kirk-Othmer, 2007). However, the 
Reppe process has never been taken into use due to the expensive process 
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technology. In the mid-1950s, a new modification for the Reppe process 
was presented. The so-called oxo-synthesis also applies propylene which 
is hydroformulated with hydrogen and carbon monoxide in the presence 
of Co, Rh, or Ru hydrocarbonyl- or substituted hydrocarbonyl catalysts 
(Kirk-Othmer, 2007). Formed w-butyraldehyde is subsequently hydroge¬ 
nated to H-butanol over heterogeneous catalysts. Naturally, there are many 
variations in the process which are related to the pressure, temperature, and 
catalytic systems. The process has been the main source for 1-butanol since 
mid-1950s, but the main disadvantage for this type of feedstock is its fossil- 
based origin (Kirk-Othmer, 2007). Interestingly, as we are shifting toward 
bio-based feedstock, the old acetaldehyde method might offer a new oppor¬ 
tunity because it can be manufactured from bioethanol. Thus, it is worth 
mentioning that these types of commercial scale production routes are 
highly dependent on the price of the feedstock. 

As we discussed earlier, ethanol tends to form acetaldehyde over certain 
types of compounds, for example, metal oxides. Additionally, reactivity is 
seldom limited to that stage and it can easily proceed further up to acetates, 
carbon monoxide, and carbon dioxide. However, when optimal conditions 
are fulfilled, two acetaldehyde molecules can combine by forming a four- 
carbon atom containing molecule, called crotonaldehyde (Idriss et al., 
2004) . The process is designated as aldol condensation, and it typically forms 
C 4 products like 1-butanol, 2-butenol, butanal, 1,3-butadiene, and 
1 -butene, depending on the catalyst used and the reaction conditions. 
Moreover, crotonaldehyde is known to undergo dehydration and hydrogen 
transfer reactions which have an effect on the final outcome (Diaz et al., 
2011). The aldol condensation reaction is also present in the Guerbet chem¬ 
istry. It is a well-known reaction type and typically applied in alcohol 
dimerization reactions, normally producing (3-branched alcohols (Ishii 
et al., 2006; Ueda et al., 1990). Overall, the aldol condensation can occur 
over many metal oxides as reported byji et al. (1997). A question is whether 
the reaction is base or acid catalyzed or both. The literature indicates that 
base-catalyzed reaction pathway is preferred (Ji et al., 1997; Kelly and 
Jackson, 2003). However, depending on the type of reacting compounds, 
the acid sites may be beneficial. It is also known that for certain type of 
aldehydes and ketones, the base strength should be at an optimal level 
(Kelly and Jackson, 2003). 

The challenge is to determine the key factors that lead to a high yield in 
1-butanol production. From the mechanistic point of view, ethyl alcohol 
condensation reaction to 1-butanol through heterogeneous catalysis is the 



Engineering Aspects of Bioethanol Synthesis 


53 


most challenging part of its valorization chemistry. Tsuchida et al. (2006, 
2008) reported 1-butanol synthesis over hydroxyapatite catalysts and 
found that, at certain Ca/P ratio, the hydroxyapatite contains both acidic 
and basic sites. This bifunctional behavior was suggested to be the reason 
for successful 1-butanol production. Interestingly, similar results have been 
obtained over metal supported alumina (Jiang et al., 2004), Cu—Mg—Al 
mixed oxides (Tanchoux et al., 2009), and Mg—Al mixed oxides derived 
from hydrotalcites (Diaz et al., 2011). Thus, it seems quite clear that 
ethanol condensation for 1-butanol proceeds through bifunctional 
oxide-based catalytic materials which favor the aldol condensation. 
However, other studies have shown that the reaction can also proceed over 
pure basic MgO (Coville et al., 2003) and alkali cation-doped zeolite 
(Yang and Meng, 1993) catalysts. Consequently, now it seems that ethanol 
valorization to 1-butanol does not proceed through aldol condensation. 
The actual mechanism could be based on direct dimerization of two 
ethanol molecules. However, the amount of available studies is so minor 
that the real mechanism remains still open. Furthermore, studies by Di 
Cosimo et al. (1998, 2000) on Mg—Al mixed oxide catalysts suggested that 
ethanol condensation for 1-butanol requires not only Lewis acid—strong 
Bronsted base pair sites but also a high density of basic sites. This is an 
interesting observation, and it supports the idea of bifunctionality and 
the aldol condensation. Overall, the reaction seems to need at least basic 
sites in a metal oxide catalyst and the catalyst should be of ionic nature 
(Busca, 2010). 


12.4. Diethyl ether 

Ethers consist of a wide variety of compounds with similar ether linkages 
(C—O—C). There are few well-known structures which have useful prop¬ 
erties as gasoline additives. For instance, MTBE, terf-amyl methyl ether 
(TAME), and ETBE are typical oxygenate additives. Moreover, ethers 
are recognized as good solvents and their inert behavior is an advantage 
in organic synthesis. Ethers are typically highly miscible to a large category 
of organic solvents but display a minimal solubility in water. They can 
also form so-called oxonium compounds with Lewis acids and protons 
and, thus, are applied as Grignard reagents and in Friedel-Crafts alkylation 
and acylation (Kirk-Othmer, 2007). Alkyl ethers have also been used 
in extractions, paint removers, resins, waxes, and lubricating oils (Kirk- 
Othmer, 2007). 
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From the process technical point of view, manufacturing methods for 
ethers are quite simple. First option has been based on catalytic dehydration 
of alcohols in the liquid or gas phase over acidic catalysts. The second ap¬ 
proach is known as the Williamson synthesis and is mainly targeting the pro¬ 
duction of aliphatic ethers. It is based on the reaction of alkali metal alkoxides 
and alkyl halides. Additionally, an indirect addition of an alcohol to an olefin 
is also possible to carry out (Kirk-Othmer, 2007). 

One of the most interesting ethanol derivatives is diethyl ether which 
might have an important role in the future. Diethyl ether can be mixed with 
ethanol and be used, for example, as a gelation agent for nitrocellulose 
(Kirk-Othmer, 2007), and further, it might become an important diesel 
additive (Dogu et al., 2009) due to its beneficial physicochemical properties. 
For instance, ethyl ether cetane number is almost twice the level of the 
traditional fossil-based diesel (45—55); its heating value is 34,000 kj/kg which 
is enough for engine use and its octane number is also very high. Based on 
these numbers, diethyl ether should be considered as a potential fuel substit¬ 
uent candidate. Ethyl ethers production has mainly been based on fossil 
resources: ethylene is hydrated to ethanol over a supported phosphoric acid 
catalyst (Kirk-Othmer, 2007). Actually, diethyl ether is a minor by-product 
in this process, but its demand is so low that the need has been satisfied. Ethyl 
ether can also be produced through dehydration of ethanol solution which 
was discussed earlier. Additionally, the process can be homogenously or 
heterogeneously catalyzed. The traditional way has been to use liquid sulfuric 
acid as a catalyst which has been mixed with ethanol but, in the future, het¬ 
erogeneous catalysis will have an increasing role (Kirk-Othmer, 2007). From 
the modem point of view, the most common way to produce diethyl ether 
is ethanol dehydration over solid acid catalysts taking advantage of continuous 
operating reactor technology. The process has been studied, for example, 
over acidic nanocomposite WO v —silicate catalysts (Dogu et al., 2009), wide 
category of zeolite stmctures (Magnoux et al., 2009; Takahara et al., 2005), 
and transition metal oxides (Zaki, 2005). Additionally, solid acidic resins 
are also known to be effective in the reaction (Olah et al., 1997). One inter¬ 
esting issue in the process is that the formation of ethylene is connected with 
ethyl ether. In conclusion, these studies revealed that even minor modifica¬ 
tions to the catalysts or process conditions may have a huge impact on the 
outcome. Overall, the parameters that favor ether over ethylene are lower 
temperature, lower contact time, weaker acid sites, and higher ethanol partial 
pressure (Magnoux et al., 2009). The discussion related to the reaction mech¬ 
anism is also rather concerted. Some studies suggest that, at first, diethyl ether 
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is formed, whereas ethylene formation proceeds through ether decomposition 
(Dogu et al., 2009; Magnoux et al., 2009; Takahara et ah, 2005). However, 
Zaki (2005) suggested that decrease in surface acidity is followed by a weaker 
ethanol adsorption and, thus, C 2 H 5 —O bond becomes stronger. This could 
favor the so-called intermolecular reaction which leads to the formation of 
diethyl ether. 


12.5. Diethoxy ethane 

1,1-Diethoxy ethane, also known as diethyl acetal, is an important chemical 
which has been used as a raw material for pharmaceuticals and as an inter¬ 
mediate in the production of various industrial chemicals. Moreover, it is 
used in perfume industry where its function is mainly related to oxidation 
resistance and, thus, to an increase in the self-life of a perfume. It can also 
be used as a raw material for polyacetal resin production, as a diesel compo¬ 
nent, and even as a flavoring agent in spirit drinks (Rodrigues and Silva, 
2001; Nord and Haupt, 2005; Silva and Rodrigues 2005; Tanchoux 
et al., 2009). One of the most modern aspects which utilize diethyl acetal 
is its use as a diesel additive (Centi and van Santen, 2007). Some studies have 
indicated certain benefits associated with its use, such as a decrease in particle 
number, particle mass, and to some extent in NO A . emissions. The only real 
negative effect was found to be a significant increase in acetaldehyde 
emission. 

Actually, diethoxy ethane might offer a huge amount of possible appli¬ 
cations today and in the future. However, its production is surprisingly little 
reported in the open literature (Abello et al., 2001; Rodrigues and Silva, 
2001; Silva and Rodrigues, 2005; Tanchoux et al., 2009). Diethyl acetal 
is formed through acetalization reaction between one aldehyde molecule 
and two ethanol molecules. Two ways for the production of diethoxy 
ethane have been proposed: one route is based on straight upgrading of eth¬ 
anol (Abello et al., 2001; Tanchoux et al., 2009), whereas the other way is to 
blend together aldehyde and ethanol before the reaction (Rodrigues and 
Silva, 2001; Silva and Rodrigues, 2005). Additionally, both directions of 
synthesis take advantage of solid acid catalysts as zeolites (Abello et al., 
2001), ion exchange resins (Rodrigues and Silva, 2001; Silva and 
Rodrigues, 2005), and Cu—Mg—Al mixed oxides (Tanchoux et al., 2009). 
Traditionally, the reaction can be catalyzed by homogenous liquid acids 
but the environmental and recycling problems do not favor this approach. 
Interestingly, Abello et al. (2001) have suggested that the Bronsted acidity is 
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the key factor which determines the catalytic activity toward diethoxy eth¬ 
ane, with higher acidity levels being more favorable. On the other hand, 
Tanchoux et al. (2009) suggest that aqueous ethanol solution enhances 
diethyl acetal formation which relies on an assumption that the strong Lewis 
base sites (O 2- ) are converted to the weaker Bronsted base sites (OH - ). 
However, in this research, the catalyst is a bifunctional oxide catalyst 
containing both acidic and basic properties and it is not directly comparable 
to pure acid catalyst. Based on the minor amount of available experimental 
data, it is not feasible to draw any reliable conclusions about the catalyst 
acidity and its correlation to the catalytic activity. From industrial and eco¬ 
nomical viewpoint, 1,1-diethoxy ethane manufacturing methods should be 
based on simple ethanol upgrading over heterogeneous catalysts. 

12.6. Ethyl acetate 

Ethyl acetate, also known as ethyl ethanoate, is an important and widely used 
chemical in industry. It has an important role as a solvent in adhesives, paints, 
or coatings, and it can be used to substitute aromatic solvents such as toluene 
(Appel et al., 2011; Nguyen et al., 2010). Additionally, ethyl ethanoate 
exhibits similar physicochemical properties as some of previously discussed 
chemicals which may show potential as diesel additives (Ashok, 2010). 
In this study, a compression-ignition (Cl) diesel engine was run with a blend 
containing ethanol and a conventional diesel. Ethyl acetate was added to 
the mixture and its role was to act as a surfactant. The results indicate that 
a clear reduction in environmentally hazardous emissions is observed such as 
particulate matter, smoke density, hydrocarbons, and carbon monoxide. 

In fact, there are several ethyl acetate production technology alternatives. 
Traditionally, ethyl acetate has been manufactured from fossil-based re¬ 
sources but in terms of sustainability, recent research efforts have focused 
in the investigation of a possibility of a simple and economical one-pot syn¬ 
thesis strategy, taking advantage ofbioethanol. The main fossil-based process 
comprises the esterification reaction between ethanol and acetic acid 
(Nguyen et al., 2010). In this process, ethanol is produced by hydration 
of ethylene and acetic acid by methanol carbonylation reaction. The process 
is known to be acid catalyzed and liquid sulfuric acid is a commonly used in 
the reaction. As mentioned earlier, liquid acids are not anymore suitable 
due to tightening environmental requirements and difficult handling prob¬ 
lems. As a result, some researches have demonstrated the process over solid 
acid catalysts such as zeolites (Chen and Wu, 2004), aluminum sulfates 
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(Gang and Wenhui, 2010), and heteropolyacid-supported montmorillonites 
(Bokade and Gurav, 2010). Additionally, some other ways to produce ethyl 
ethanoate comprise the so-called Tishchenko reaction between two acetal¬ 
dehyde molecules, liquid-phase oxidation of n- butane, copolymerization of 
butyraldehyde and polyvinyl acetate, and esterification of acetic acid and 
ethylene (Chen and Wu, 2004). 

The simple ethanol and aqueous ethanol-based process to ethyl acetate is 
the most important approach today. It is also worth mentioning that the pos¬ 
sibility to carry out the reaction without any additional reagents and 
nonfossil-based feedstocks is a clear benefit. Based on the research activity 
in this field, several studies demonstrate the process quite comprehensively. 
It is generally known that ethanol valorization to ethyl ethanoate can pro¬ 
ceed via two pathways which are known as the dehydrogenative and the 
oxidative process (Appel et al., 2011). The difference between these two op¬ 
tions is related to the use or absence of oxygen in the reaction. Additionally, 
the oxidative route is rarely reported in the scientific literature but the main 
advantage is the straightforward and, thus, an economically feasible acetate 
purification process. On the other hand, the ethanol-to-air ratio should be 
kept at low levels due to the explosive nature of the mixture. The oxidative 
route proceeds over PdO supported on silica (Appel et al., 2009), 
Pd supported on y-alumina and styrene—divinylbenzene copolymer (Lin 
et al., 1999) as well as Au supported on MgAl 2 0 4 and Ti0 2 (Christensen 
et al., 2007). In general, supported metal oxides seem to be the most suitable 
catalysts for the reaction, while an interesting anomaly is presented by a 
process involving graphite nanofibers (Weinstein et al., 2011). The 
dehydrogenative route has gathered more interest, and even a commercial 
application has been presented by Davy Process Technology (Colley 
and Tuck, 2012). Moreover, all open literature publications (Appel et al., 
2009, 2011; de la Piscina et al., 2005; Inui et al., 2004; Wang et al., 
2010; Waugh et al., 2005) related to the dehydrogenative route take advan¬ 
tage of metal oxide catalysts (Zr0 2 , Ce0 2 , A1 2 0 3 , Si0 2 , Cr 2 0 3 , ZnO, 
W0 3 -Zr0 2 ). Interestingly, some reports (Appel et al., 2010, 2011; 
Inui et al., 2002, 2004) have demonstrated the advantage of 

Cu—Zn—Zr—Al—O types of mixed metal oxides in ethyl acetate synthesis. 
In short, it can be concluded that basic metal oxide is an advantage. A study 
reported by Wang et al. (2010) proposes that copper is an important constit¬ 
uent in a catalyst since it can create additional Lewis acidity in the form 
of Cu + while being an activating agent for acetaldehyde and, thus, toward 
ethyl acetate. 
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When viewing the literature available, there are three possible explana¬ 
tions for the reaction mechanism which can occur in a one-pot system. The 
first is based on upgrading of ethanol over an acidic catalyst which oxidizes 
ethanol through acetaldehyde to acetic acid. Afterward, acetic acid reacts 
with another ethanol molecule by forming an ester bond (Lin et al., 
1999). The second choice serves a new and more complicated strategy 
which takes advantage ofbase catalysis. In the beginning, ethanol is oxidized 
to acetaldehyde which then undergoes aldolization reaction with another 
ethanol molecule by forming a hemiacetal, followed by a dehydrogenation 
to ethyl ethanoate. This approach has been strongly suggested as the most 
reliable view (Appel et al., 2010, 2011; Bolder, 2008; de la Piscina et al., 
2005; Inui et al., 2002, 2004; Waugh et al., 2005). In addition, oxides with 
strong basic sites and high densities are suggested to be favorable for the re¬ 
action mechanism in question (Appel et al., 2010, 201 1). The third choice is 
related to Tishchenko reaction which is known to occur between aldehyde 
molecules. The reaction is known to be base catalyzed (Hattori and Seki, 
2003), and additionally, it is known to compete with the aldol condensation 
reaction (Hattori, 1995) that leads to 1-butanol and other C 4 products. In 
the case of ethanol, the reaction proceeds via oxidation of two ethanol mol¬ 
ecules to corresponding acetaldehydes which further react together by ox¬ 
idation and reduction. It is known that the reaction requires hydrogen 
transfer properties from the oxide support (Idriss and Seebauer, 2000). 
Overall, the ethyl acetate production mechanism seems to be sensitive to 
the catalyst structure and it is interesting to note how close the 
acetaldehyde-related pathways are to each other. For instance, it is important 
to consider the effect of a crystalline structure and, thus, how it affects on the 
product distribution, especially in an industrial scale. In addition, even a mi¬ 
nor increase in catalyst basicity may have an impact whether the product is, 
for example, ethyl acetate or 1 -butanol. 


12.7. Ethylene 

Ethene (ethylene) entered the stage as a large-volume commodity in the 
1940s when oil and chemical companies decided to collect it from different 
refinery compounds. It is the most basic and widely applied petrochemical 
compound in the world. Before that time, acetylene was an important feed¬ 
stock in different chemical syntheses. Nowadays, ethene production is 
mainly based on thermal cracking of different hydrocarbon feeds that are 
of fossil-based origin. Several alternatives can be applied as the raw materials 
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in the process. Some common compounds such as ethane, propane, butane, 
naphthas, and gas oil can be applied (Kirk-Othmer, 2007). Each raw material 
contains some special properties that have an effect on the final product 
distribution and the type of furnace needed. Overall, ethene is a reactive 
molecule and it is mainly used for the production of other petrochemical 
compounds. Ethylene can undergo a wide variety of reactions includ¬ 
ing polymerization, oxidation, and addition. For example, polyethylene 
is a widely known polymer which is found in numerous applications 
(Kirk-Othmer, 2007). 

Interestingly, other feedstocks have risen as alternatives to the formation 
of ethylene. It is of utmost importance to consider renewable sources as a 
possible raw material for future large-volume chemical production. Suitable 
candidates could include feeds such as SynGas, methanol, and even ethanol. 
Lignocellulosic second-generation bioethanol would offer a tremendous 
opportunity for the process in question. As already discussed, the synthesis 
of ethylene is closely related to that of diethyl ether. However, it is important 
to note that the cost of a feedstock is of crucial importance on refinery 
operations and, thus, the manufacturing expenses of bio-derived ethanol 
remain a big question in the industrial scale. 

Heterogeneous catalytic dehydration of ethanol to ethylene has been 
widely studied (Datta and Phillips, 1997; Rodriguez-Mirasol et al., 2011; 
Takahara et al., 2007; Trakarnpruk and Arenamnart, 2006; Wu et al., 
2011; Xiao et al., 2009). It is well known that the catalysts need to contain 
acidic properties and most studies have been conducted over zeolite type 
structures such as ZSM-5 which are similar to those used in the synthesis 
of diethyl ether. Additionally, the most modern methods take advantage 
of metal oxide-coated zeolites (Xiao et al., 2009), SAPO-11 molecular 
sieves (Wu et al., 2011), and carbon-based catalysts (Rodriguez-Mirasol 
et al., 2011). These all are known to exhibit acidic properties. In terms of 
selectivity, it would be interesting to determine the parameters that have 
an effect on the product distribution between ethyl ether and ethylene. 
Some common physicochemical properties that favor ethylene formation 
include higher reaction temperature, higher acidity, increased contact time, 
and lower ethanol partial pressure. As both compounds can be produced 
over similar catalyst and the selectivity can be adjusted by altering the process 
conditions, it might be possible to combine the syntheses of both ethylene 
and diethyl ether in the future. 

As mentioned above, ethylene is known to be the primary chemical for 
the production of other derivatives. Oxidation of ethylene yields ethylene 
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oxide as a product which has a wide range of applications including steril¬ 
izing agent, ethylene glycols, polyesters, surfactants, and poly(ethylene ox¬ 
ide) (PEO) polymers. The early production method was called the 
chlorohydrin process, but due to pollution problems, the method was later 
on replaced by the direct oxidation process (Ullman, 2003). The direct 
oxidation process is known to proceed efficiently over metallic silver, but 
virtually, all manufacturing is carried out over supported silver catalysts, 
nowadays. Additionally, the reaction can proceed with air or pure oxygen, 
while the latter is the basis for modern methods (Kirk-Othmer, 2007). Sur¬ 
prisingly, recent reports described a one-pot approach for the production of 
ethylene oxide from ethanol (Lippits and Nieuwenhuys, 2010; 
Nieuwenhuys and Lippits, 2010). It was shown that alumina as a support 
is selective toward the desired product when coated with silver, copper, 
and gold nanoparticles. In general, these metals are known to exhibit 
oxidative behavior. Furthermore, Li 2 0 was found to have a suppressive ef¬ 
fect on the formation of ethylene and diethyl ether, apparently as a result of 
neutralization of the acidic sites. The one-pot approach naturally requires a 
supply of oxygen to the reaction stream. Thus, bioethanol truly serves as an 
alternative raw material to produce a wide variety of vital base chemicals to 
the modem society. 

12.8. Hydrogen 

Long-term goal should be a transformation toward greener process alternat¬ 
ing. One obvious possibility is presented by hydrogen which can be applied, 
for example, in fuel cells creating electric energy (Minteer, 2006). This type 
of setup could replace the traditional combustion engine and lead to reduced 
exhaust gas emissions. Still, further questions arise considering hydrogen 
storage, source, equipment, price, and safety. From technical point of view, 
it is important to evaluate usefulness of different hydrogen sources and the 
conversion technology. Nowadays, hydrogen can be easily obtained from 
different fossil-based refinery operations. However, bio-based resources 
such as ethanol might offer a huge potential in the future. The actual hydro¬ 
gen production is based on different chemical reactions such as steam 
reforming, water gas shift, and partial oxidation. Additionally, even simple 
water electrolysis is available but the cost is currently higher in comparison to 
use of fossil-based sources (Kirk-Othmer, 2007). 

Bioethanol steam reforming reaction (sometimes connected with the 
water gas shift reaction) is studied in detail in the literature due to its 
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importance (Epron et al., 2011; Erdohelyi et al., 2010; Leong et al., 2008; 
Leung et al., 2007; Minteer, 2006; Shen et al., 2008). Interestingly, different 
catalytic systems and catalyst compositions have a significant role in the final 
outcome of the process. Contrary to steam reforming, also aqueous-phase 
reforming can be used to produce hydrogen, for example, from polyols. 
The presence of oxygen atoms bonded to each carbon atom renders the 
C—C bonds weaker; consequently, this allows for easier splitting of mole¬ 
cules to hydrogen and CO that via subsequent water gas shift reacts to 
C0 2 and an equimolar amount of hydrogen will be produced. Interestingly, 
mixtures of polyols with ethanol resulted enhanced yields of hydrogen 
(Tokarev et al., 2010). 

In general, ethanol steam reforming was usually occurring over metal 
supported metal oxide catalysts. It is known that certain metals (e.g., Ni, 
Rh, Ir, Pt) are more active toward the desired reaction. Furthermore, basic 
metal oxide supports (MgO, ZnO, Ce0 2 , La 2 0 3 ) are known to exhibit a 
better performance in the steam reforming conditions. Acidic properties 
in the catalyst support are generally the reason for dehydration and decom¬ 
position products which are not advantageous in the steam reforming of 
ethanol. Overall, depending on the catalyst, numerous reaction pathways 
can occur which clearly indicates the need for further research. 

12.9, Diethyl carbonate 

Dialkylcarbonates are gaining increasing interest as potential replacements 
for hazardous and toxic chemical, such as phosgene, alkyl halides, or alkyl 
sulfates used for carbonylation or alkylation. Diethyl carbonate (DEC) is a 
transparent, colorless liquid under normal conditions, exhibits a mild toxi¬ 
cology profile (Pacheco and Marshall, 1997) and is one of the most signif¬ 
icant green chemicals among carbonate esters. DEC can, for example, be 
used in the manufacturing of polycarbonates, as an intermediate for various 
pharmaceuticals (Berridge et al., 1983) and as an alternative to ethyl halides 
and phosgene for ethylation and carbonylation processes. DEC is also con¬ 
sidered as a promising replacement for MTBE as an attractive oxygen- 
containing fuel additive due its high oxygen content (40.6%). DEC does 
not persist in the environment since it biodegrades to ethanol and carbon 
dioxide. 

Traditional methods for the production of DEC, such as the phosgene 
process (Muskat and Strain, 1941), oxidative carbonylation of ethanol 
(Dunn et al., 2002), reaction of ethanol with urea (Wang et al., 2007; 
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Yang and Meng, 1993), and carbonylation of ethyl nitrite (Fan et al., 2007), 
suffer from drawbacks including the use of poisonous phosgene and carbon 
monoxide, and low DEC production rates. Therefore, green alternatives 
utilizing ethanol and carbon dioxide could be applicable at industrial scale 
and would be of tremendous importance considering the large-scale avail¬ 
ability of bioethanol and anthropogenic C0 2 . Thus, a novel synthesis 
method of DEC starting from affordable, nontoxic, and easy to handle 
carbon dioxide and ethanol is a promising approach. 

The novel technology for DEC synthesis from the direct reaction of 
bioethanol and C0 2 is an attractive approach owing to the transformation 
of anthropogenic carbon dioxide to value-added chemicals. However, the 
reaction of ethanol and carbon dioxide is both reversible and exothermic 
(d r Ti^ 9 8K = — 16.60 kj/mol) and does not occur spontaneously under nor¬ 
mal conditions (d r G 2 98 K = + 35.85 kj/mol>0) (Leino et al., 2011). High 
pressures, highly active catalysts, and promoters are required to obtain 
DEC in high yield. 

The use of butylene oxide as a chemical dehydrating agent catalyzed by 
ceria has shown great improvements in the yield resulting in a ninefold en¬ 
hancement of DEC yield in comparison to the synthetic method without 
any water removal. In addition, commercial cerium oxide appeared to be 
an active catalyst toward DEC formation. 

On the basis of the performed kinetic studies, it has been proposed that 
DEC synthesis proceeds via a consecutive route including an intermediate, 
butylene carbonate, that undergoes transesterification with ethanol to gen¬ 
erate DEC accompanied with 1,2-butanediol. The basicity of the catalyst 
plays an important role in one-pot DEC formation starting from ethanol, 
C0 2 , and butylene oxide. Moreover, tuning of the catalyst properties to¬ 
ward enhancement of its basicity, surface area, and particle size could be a 
key for the increase of DEC yield and selectivity. 


12.10. Other products 

Previously, we discussed a large number of common important chemical 
compounds which can be derived from ethanol directly. However, from 
the practical point of view, the product distribution is seldom unique and 
a large category of (undesired) by-products are formed. Typically, these 
types of reactions can proceed through multiple and simultaneous reaction 
steps which result in demanding catalyst preparation procedures. For in¬ 
stance, ethanol is known to consist of two carbon atoms and it is well known 
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that the cleavage of this bond leads to different single carbon atom products 


(CO, CO 2 , CH 4 ). Different reaction mechanisms of this type have been 
reviewed in the literature (Erdohelyi et al., 2007; Idriss et al., 2004). For 
instance, methane is a well-known compound in the biogas and carbon 
monoxide has some importance in applications such as carbonylation agent. 
Additionally, CO has been used in the production of acetic acid, acetic 
anhydride, formic acid, and methyl formate (Kirk-Othmer, 2007). 

Some rarely reported and maybe surprising final products can emerge 
in one-pot approach upon upgrading of bioethanol. A few studies demon¬ 
strated the production of BTX (benzene, toluene, xylenes) over H-ZSM-5 
zeolite catalysts (Inaba et al., 2006, 2011; Li et al., 2010; Murata et al., 2008). 
These compounds are aromatic and show the clear potential of bioethanol as 
the feedstock of the future. In addition, low Si/Al ratio was found to result in 
a positive effect upon formation of aromatic hydrocarbons over H-ZSM-5 
catalysts. Furthermore, some reports demonstrated the production of paraf¬ 
fins (Inaba et al., 201 1) and propylene (Inaba et al., 2011; Inoue et al., 2010) 
over similar types of zeolite catalysts. It is clear that ethylene and diethyl ether 
are formed under milder reactions temperatures, whereas above-mentioned 
products require higher temperatures. Consequently, low-temperature pro¬ 
cesses should be considered due to slower catalyst deactivation and higher 
selectivity toward the desired reaction products. 



13. SUMMARY AND CONCLUSIONS 


^ In summary, there has recently been a rapid development ofvarious tech¬ 
nologies useful for the production of particularly, cellulosic ethanol. The tech¬ 
nical progress in the area suggests that ethanol produced from cellulosic 
feedstocks has the potential to emerge as a quantitatively significant 
complement to bioethanol produced from starch- and sugar-based raw mate¬ 
rials. Overall, both monosaccharides and polysaccharides as such, obtained from 
biomass (and especially from wood), create an interesting new field for whole 
new research topics with relatively high expectations. More environmentally 
friendly and more sustainable products and process methods are waiting to be 
born. Some high-value products utilizing biomass-derived mono- or polysac¬ 
charides (or new forest-based biorefinery type technique in its manufacturing 
processes) have already been successfully developed and commercialized (e.g., 
xylitol, furfural, and the wide range of lignin-, cellulose-, or hemicelluloses- 
based products). Biodegradable films and other products, which might (at least 
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to some extent) have a chance to compete with plastic in future, are also under 
development and power plants utilizing renewable energy sources are built in 
progressive amounts. Better biochemicals and fuels and their manufacturing 
processes should be developed albeit the complexity of biomass yields this task 
anything but simple. Nevertheless, we will need greener chemicals and fuels 
being available in reasonably near future. Besides understanding the nature 
of biomass and advanced analytics, successful concepts require careful analysis 
and understanding of thermodynamics, development of appropriate kinetic ap¬ 
proaches able to describe the complex biological systems in engineering terms, 
and optimized reactor setups. 

A wide variety of different important chemical compounds which can be 
synthesized from bioethanol were discussed. The so-called one-pot ap¬ 
proach is known to reduce the overall energy demand and likely render 
the economics of an industrial process more feasible. In terms of converting 
ethanol to other products, the majority of scientific reports discussing the 
topic are mainly concentrating on metal oxide catalysts. It is also clear that 
carefully selected metals and well-engineered catalyst structures can enhance 
the desired reaction. On the other hand, the latest scientific publications 
presented the use of some new materials, for example, carbon nanotubes 
in these types of reactions. The catalyst composition should also contain 
homogeneous, tailored nanostructure for a high selectivity toward a certain 
product and, at the same time, provide a robust material with a long lifetime. 
This brings along some challenges considering large-scale catalyst syntheses. 
Overall, amorphous crystal structures are not beneficial in these reactions. 
Reaction temperature should also be taken into account because it is a 
crucial factor that can lead to a wide product distribution and rapid catalyst 
deactivation. From industrial viewpoint, low-temperature synthesis tech¬ 
nology would offer more promising possibilities in terms of energy savings 
and economics. As discussed, catalyst acidity and basicity are the main factors 
that determine the final outcome of the process. Many products (acetic acid, 
ethyl acetate, hydrogen, 1 -butanol, and other C 4 S) are formed through 
acetaldehyde-related pathways known to be base catalyzed. The more de¬ 
manding exception is 1 -butanol formation that might proceed via aldol con¬ 
densation reaction, considering the acid and base dual functionality. Acid 
catalysis is the relevant pathway in the synthesis of diethyl ether, ethylene, 
1,1-diethoxy ethane, aromatics, and possibly ethyl acetate. An overall view 
of these phenomena is presented in Fig. 1.12. In conclusion, bioethanol can 
be considered as one of the most versatile and promising feedstock candi¬ 
dates of the future. 
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Figure 1.12 Bioethanol valorization scheme based on catalyst acidity and basicity. 
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Abstract 


Fast pyrolysis and slow pyrolysis (including torrefaction) are thermochemical processes 
involving the conversion of biomass into predominantly liquid or solid products respec¬ 
tively. Fast pyrolysis is generally employed to maximize the liquid bio-oil product yield, 
the benefit being that the bio-oil has a significant calorific value and the liquid may be 
handled with greater ease than conventional biomass. The bio-oil may be combusted 
directly or upgraded such that it may be used as a transportation fuel. The extraction of 
unique chemicals from the bio-oil is also a route for valorizing fast pyrolysis products. 
Slow pyrolysis processes are tailored to maximize the yield of the solid product. A pro¬ 
cess related to slow pyrolysis is torrefaction, where milder conditions are employed and 
the biomass is only partially pyrolyzed. The solids thus obtained differ from the original 
biomass in a number of ways, such as increased energy density, hydrophobicity, 
grindability, and reduced biodegradability. These characteristics allow for improved 
handling, transport, and utilization of the char and torrefied biomass within existing 
coal-based processes when compared to biomass. Char may also be used as a soil 
amendment in the form of biochar or processed further to form activated carbon. 



1. INTRODUCTION 


^ “Biomass” usually refers to all biological organic materials derived 
from living or recently living organisms. This excludes materials such as 
the fossil fuels (coal, oil, and natural gas). In terms of energy applications, 


“biomass” refers to the material derived directly from plants, but, strictly 
speaking, animal-derived materials also fall within its broad definition 


(Biomass Energy Centre, 2011). The various forms of biomass that are in¬ 
teresting in terms of energy applications include wood, energy crops, agri¬ 
cultural and forestry residues, and municipal, industrial, and food wastes. 

The application of heat to biomass in an inert environment can drive var¬ 
ious interesting thermochemical reactions. These reactions typically result in 
the production of a solid residue (char), condensable vapors (bio-oil or tar), 
and noncondensable gases. The condensed bio-oil may separate to form an 
aqueous phase and a water-insoluble phase consisting largely of lignin- 
derived molecules. The composition and the yields of the various products 
are dependent on the feed and the process parameters. In the existing litera¬ 
ture, different terms are applied to the various biomass conversion techniques, 
differentiated by the biomass heating rate, the maximum temperature at 
which the conversion takes place, and the reaction medium. 

Fast pyrolysis employs fast heating rates (generally above 100°C/s) 
and temperatures between 450 and 550 °C, thereby maximizing the liquid 
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(bio-oil) yield (typically 60—70 wt% on a dry-feed basis; Venderbosch and 
Prins, 2010). The dark brown or black bio-oil has a density of approximately 
1200 kg/m 3 . The viscosity ranges from 25 to 1000 cP (depending on the 
composition) and is generally acidic in nature (pH of 2—4) due to the pres¬ 
ence of organic acids such as formic and acetic acid. In addition to handling 
and storing a liquid product rather than a solid, further benefits of bio-oil 
production through fast pyrolysis are listed below (Venderbosch and 
Prins, 2010): 

• Decoupling liquid fuel production (scale, time, and location) from its 
utilization; 

• Separating minerals on the site of liquid fuel production (to be recycled 
to the soil as nutrient); 

• Increased biological stability (less rotting); 

• Producing a renewable fuel for boilers, engines, turbines, power stations, 
and gasifiers; 

• Secondary conversion to transportation fuels, additives, or specialty 
chemicals (biomass refinery); 

• Primary separation of the sugar and lignin fractions with further subse¬ 
quent utilization or upgrading (biomass refinery). 

Slow pyrolysis is typified by a lower heating rate (below 80 °C/min) which 
favors the production of char. Typical temperatures are in the range of 
350—750 °C. A variant of the slow pyrolysis process, torrefaction, is cur¬ 
rently receiving significant academic and industrial attention. Torrefaction 
may be seen as a mild or incomplete form of slow pyrolysis. Compared 
to conventional slow pyrolysis processes, only partial thermochemical con¬ 
version and devolatilization take place as reduced temperatures are 
employed (200—300 °C). The benefits of torrefied biomass and char as solid 
energy carriers include increased energy density, hydrophobicity, and 
grindability, and reduced biodegradability in comparison with the 
unprocessed biomass feed. Through torrefaction and slow pyrolysis, the 
composition of the solid product approaches that of coal by becoming rel¬ 
atively more carbon rich at the expense of oxygen and hydrogen. This is 
indicated in the Van Krevelen diagram shown in Fig. 2.1. Torrefied biomass 
or char could therefore be incorporated within existing coal-based processes 
(as feed to gasifiers, as fuel for coal-fired boilers, or as a reducing agent in 
metallurgical smelting processes) as a “drop-in” substitute with greater ease 
than unprocessed biomass. Char can also be processed further to yield acti¬ 
vated carbon which may be used as an industrial adsorbent. Another poten¬ 
tial use of char is in its direct application as a soil amendment where it has 
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Atomic O/C ratio 

Figure 2.1 Van Krevelen diagram (Prins, 2005) as cited in van der Stelt et al. (2011). 

been reported that increased fertility could be achieved in addition to the 
formation of stable carbon sinks. In such applications, the char is defined 
as “biochar” (Lehmann et al., 2006). 

Woody biomass has been used extensively in pyrolysis applications as it is 
readily available and relatively homogeneous in comparison with other feed¬ 
stocks. The utilization of other biomass sources such as agricultural residues, 
forestry residues, wastes, and energy crops could provide cheaper feed 
sources but also introduces further technical challenges. 

The desired properties of char or torrefied biomass (calorific value, mois¬ 
ture content, particle size distribution, mineral content, surface area, pore 
size distribution) and bio-oil (calorific value, pH, moisture content, viscos¬ 
ity, composition, storage stability) are dependent on the intended product 
application. The definition of an optimal reactor (and optimal process) is 
inherently an economic concept which incorporates a large number of pro¬ 
cess factors that will affect the investment decision. These factors are dis¬ 
cussed in this chapter. A critical review of the developed and proposed 
reactor technologies is also presented. 


> > 2. THERMOCHEMICAL CONVERSION OF BIOMASS 

Numerous technologies are applicable to the upgrading of biomass 
through thermochemical conversion. These are highlighted in Table 2.1 
together with the main differences between these various technologies. 
The processes of interest in this chapter will be limited to fast pyrolysis, slow 
pyrolysis, and torrefaction. 











Table 2.1 Processes for the thermochemical conversion of biomass 


Technology 

Temperature 

Heating rate 

Pressure reaction 

Reaction 

time 

Medium 

Target 

product 

Torrefaction 

(van der Stelt et al., 2011) 

200-300“C 

- 

Atmospheric 

<2 h 

Oxygen-free 

atmosphere 

T orrefied 
biomass 

Slow pyrolysis 
(Williams and Besler, 1996) 

>300 °C 

<80 °C/min 

Atmospheric 

Hours— 

months 

Oxygen-free 

atmosphere 

Char 

Fast pyrolysis 
(Bridgwater, 2012) 

>300 °C 

Up to 

1000 °C/min 

Atmospheric or 
vacuum 

<2 s 

Oxygen-free 

atmosphere 

Bio-oil 

Flash carbonization 
(Antal et al., 2003) 

<800 °C 

- 

1 MPa 

<30 min 

Oxygen-free 

atmosphere/air 

Char 

Gasification 

(Bain and Broer, 2011) 

600- 
1800°C 

- 

0.1-8 MPa 

- 

Steam and 
oxygen or air 

Gas 

Hydrothermal carbonization 
(Funke and Ziegler, 2010) 

180-220“C 

- 

Water saturation 

pressure 

Hours 

Water 

Char 

Wet torrefaction 
(Yan et al., 2010) 

200-260“C 

- 

Water saturation 

pressure 

5 min 

Water 

Char 

Hydrothermal liquefaction 
(Dahmen et al., 2010) 

300-350 °C 

- 

15-20 MPa 

5—15 min 

Water 

Bio-oil 

Supercritical water 
gasification (Antal et al., 2000) 

>650 °C 

- 

>22 MPa 

- 

Supercritical 

water 

Gas 

Plasma pyrolysis 
(Zhao et al., 2001) 

>3000 °C 

- 

- 

- 

Ionized gas 

Gas 
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> > 3. PYROLYSIS REACTIONS 

Biomass consists largely of cellulose, hemicellulose, and lignin which 
are complex biopolymers that undergo various transformations as the reac¬ 
tion temperature is increased. This can be seen in the thermogravimetric 
analysis (TGA) results for the different biomass constituents as given in 
Fig. 2.2. The mass of the biomass decreases due to the evaporation of water 
during the initial heating stages, when the biomass temperature is increased 
to approximately 100 °C. As the temperature increases further to about 
160 °C, bound water is removed from the biomass. The pyrolysis vapors 
at this stage exhibit a negligible heating value. At temperatures above 
180 °C, the complex cellulose, hemicellulose, and lignin polymers break 
down and liberate a mixture of noncondensable gases and condensable va¬ 
pors (Tumuluru et al., 2010). The condensed tar vapors containing water, 
acetic acid, methanol, acetone, phenols, and heavier tars are sometimes re¬ 
ferred to as pyroligneous acid (Food and Agriculture Organization of the 
United Nations, 1987). Between 180 and 270 °C, the reactions are endo¬ 
thermic but have sometimes been seen to become exothermic at temper¬ 
atures above 280 °C. It has been suggested that the exothermicity at this 
temperature range is due to the decomposition of vapors to coke and sec¬ 
ondary vapors. There are contradictory results in the literature regarding 
the existence of this exothermic peak (Antal and Gronli, 2003). At temper¬ 
atures above 400 °C, the less volatile components that still impregnate the 



o 


Temperature (°C) 

Figure 2.2 TGA curves for cellulose, hemicellulose, and lignin (Yang et al., 2007). 
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remaining solid char are gradually driven off from the residual, lignin- 
derived material, thereby yielding a solid product that has a higher fixed 
carbon content and a lower volatile carbon content. As the temperature 
is increased above 600 °C, the primary condensable components that are 
present in the gas phase undergo cracking and polymerization reactions, 
resulting in a decrease in the bio-oil yield (Dahmen et al., 2010; 
Tumuluru et al., 2010). 

Fast pyrolysis, which aims at maximizing the bio-oil yield, would be pro¬ 
moted by rapid heating of the biomass to temperatures near 500 °C and the 
rapid removal of the condensable vapors (vapor residence time of a few sec¬ 
onds) to prevent further cracking and polymerization. To allow for the fast 
degradation of the biomass, small particles (<5 nun) are typically needed to 
allow for the rapid penetration of the heat into the particle (Venderbosch 
and Prins, 2010). Slow pyrolysis, aiming at a maximum solid product yield, 
requires lower heating rates or longer vapor residence times. Peak reaction 
temperature and solid reaction time have a significant influence on the solid 
product yield and quality. Although yields are important to overall process 
economics, care must also be given to the quality of the products. This is 
discussed in greater detail in Section 5. 

A typical mass and energy balance for wood torrefaction is given in 
Fig. 2.3. It should be noted that yields and qualities can vary substantially 
with varying process conditions. The reaction equilibrium favors the pres¬ 
ence of char, vapors, and gas over biomass. Research has indicated that the 
fixed carbon within the char is relatively independent of the reaction severity 
(Antal and Gronli, 2003) where a relative increase in severity is an increase in 
reaction temperature, an increase in residence time, or both. 


Volatiles 0.332 kg 


3541 kJ 


Wood 1 kg 




17,630 kJ (± 240) 


Torrefaction reactor 
300°C, 10 min 


Torrefied wood 0.668 kg 



14,213 (± 160) kJ 


124 (±400) kJ 

Figure 2.3 Mass and energy balance for torrefaction (Prins et al., 2006a). 
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3.1. Reaction kinetics 

In pyrolysis, reaction kinetics for the rate of solid mass loss (as gas and vapor 
products are formed) are usually described as a function of the extent of re¬ 
action as shown in Eq. (2.1). Generally, first-order reaction kinetics are as¬ 
sumed (n= 1). The validity of this assumption is questioned elsewhere in the 
literature (White et al., 2011). 

*=t(i-«r [2.i] 

where ex is the extent of reaction, f is the reaction time, k is the reaction rate 
constant, and n is the reaction order. 

The dimensionless extent of reaction, ex, is defined by comparing the 
amount of solid biomass (on a dry, ash-free basis) that has been converted to 
the maximum amount of mass that is lost after extended periods of time when 
only char remains as solid product as shown in Eq. (2.2). According to this def¬ 
inition, the value of ex will increase from 0 (unreacted biomass) to 1 (char). 


M'n — Wf 

where ex is the extent of reaction, u> 0 is the initial solid mass, tins the solid mass 
at a given time f, and uyis the solid mass after no more mass loss is observable 
and this equates to the final mass of the char product. 

The Arrhenius equation is used to describe the influence of the temper¬ 
ature on the reaction rate constant as shown in Eq. (2.3). 

k = Ae ( ~ E ° /RT) [2.3] 

where k is the reaction rate constant, A is the preexponential constant, E: a is 
the activation energy constant, R is the universal gas constant, and T is the 
reaction temperature. 

It should be noted that there are some major reservations regarding the 
applicability of homogeneous reaction theory to heterogeneous processes 
like biomass pyrolysis. It has also been argued that, for processes where 
activation energy varies with experimental conditions, there is no real acti¬ 
vated state and the Arrhenius equation is not applicable and/or the assump¬ 
tion that the reaction rate is proportional to the unreacted material does not 
hold. Nevertheless, much previous research has involved the evaluation of 
reaction rate coefficients by determining the preexponential constant ( A ) 
and the activation energy (J5 a ) according to the Arrhenius equations. To al¬ 
low comparison between experimental results, this trend seems to be self- 
perpetuating (White et al., 2011). 
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The experimental quantification of the activation energy, the pre¬ 
exponential term, and the reaction order is subject to significant variation, 
even for an idealized biomass constituent such as microcrystalline cellulose. 
Variations in the observed biomass reaction kinetics are due to the natural 
variation in the composition of biomass but also inappropriately specified 
reaction model and measurement errors including incomplete mass balances 
(Wang et al., 2005). Inaccuracies in the quantification of the reaction kinet¬ 
ics and heats of reaction can also occur due to mass and heat transfer limi¬ 
tations, which is especially the case iflarge particles are used and high heating 
rates are apphed (Gronli et al., 1999). Catalytic effects, which may be caused 
by the inorganic contaminants (ash) within the biomass, can also distort the 
analyses of reaction kinetics (Williams and Besler, 1996). These catalytic 
effects may be reduced by the application of hot water or dilute acid wash 
methods to remove these inorganic contaminants, thereby increasing the 
consistency of the results generated by the chosen thermal analysis method 
(Antal et al., 1998; Varhegyi et al., 1997). 

3.2. Reaction models 

Numerous reaction models have been proposed as a means of describing the 
solid- and gas-phase reactions taking place during the pyrolysis of biomass. 
The reason that so many models have been proposed is that biomass pyrolysis 
involves numerous complex chemical reactions (decarboxylation, condensa¬ 
tion, cracking, and polymerization) without clearly defined reagents or prod¬ 
ucts, thereby allowing the researcher many different routes of abstraction to 
simplify these complexities. Many of the reaction models were originally de¬ 
veloped to describe the behavior ofpure cellulose during pyrolysis as this is typ¬ 
ically the most abundant constituent within woody biomass. Cellulose, 
hemicellulose, lignin, and total biomass pyrolysis models are discussed below. 
Only the reaction models that have found traction in the academic community 
are highlighted here. The numerous models are reviewed to a greater degree 
elsewhere in the academic literature (van der Stelt, 2010; White et al., 201 1). 

3.2 .7 Global one-step model 

A simple one-step model, shown in Fig. 2.4, can be used to describe the rate 
of mass loss from a solid substrate such as cellulose and has shown to give a 
reasonable approximation to the thermal mass loss behavior for cellulose 

k 

Cellulose-- Char + Volatiles 

Figure 2.4 Global one-step model for cellulose pyrolysis (Repellin et al., 2010). 
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pyrolysis reactions (Antal et al., 1998). Here, only the reduction in the mass 
of the solid material is quantified and secondary reactions are ignored, which 
limits its applicability to situations where in-depth knowledge of the volatile 
formation is necessary (such as fast pyrolysis). This could be suitable for use 
when dealing with a simplified solid substrate such as cellulose, but such a 
reaction model does not have the flexibility to account for variation of 
the constituent content within more complex materials such as biomass. 

3.2.2 Competitive reaction models 

A more complicated reaction model is proposed by Broido and involves the 
irreversible formation of an intermediate anhydrocellulose or “active” form 
of cellulose which is subsequently converted in competitive, irreversible re¬ 
actions that can form basic char or volatile tar (condensable vapors) as shown 
in Fig. 2.5. This char (Ca) can then undergo a series of further irreversible 
reactions, yielding successive chars (C B , C c ) and volatiles (condensable va¬ 
pors and noncondensable gases; Broido and Weinstein, 1972), as cited in 
Varhegyi et al. (1997) and White et al. (2011). The successive chars presum¬ 
ably display decreased volatile content. No further qualitative differences 
between these successive chars are given. 

The Broido—Shafizadeh reaction model, shown in Fig. 2.6, is a simplified 
form of the Broido reaction model. It is also based on the irreversible 
formation of an intermediate product which is converted to either condens¬ 
able volatiles (bio-oil) or chars and gases, but the subsequent conversion of 
the char product is no longer considered in this reaction model. From the 
reaction model, no selectivity is possible between char and gases and sub- 
equently no variations in the ratios of char and gas production should be 
observable. This model would be inappropriate at high temperatures (above 
500 °C), where volatiles may be converted to char and gases. Reported 


Cellulose ■ 


Active cellulose ■ 


Volatile Tar 


k Ca _ , k Cb 

- C A + vols- 


k Cc 

C B + vols-- C c + vols 


Figure 2.5 Broido model for cellulose pyrolysis (White et al., 201 1). 


Cellulose ■ 


Active cellulose 


- Volatiles 

- Char+ Gases 


Figure 2.6 Broido-Shafizadeh model for cellulose pyrolysis (Mamleev et al., 2007; 
Varhegyi et al., 1997). 
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values for the preexponential terms and activation energies for the various 
reactions, using cellulose, are given in Table 2.2. 

The Broido—Shafizadeh reaction model may be simplified further by the 
omission of the activation reaction step, since this step is not a rate-limiting 
step within the conversion of cellulose. This is shown in Fig. 2.7. Further 
insight into the reaction can be given by the estimation of stoichiometric 
coefficients to describe the distribution between char and gas products. 
Reported preexponential constants and activation energies are given in 
Table 2.3. 

For the pyrolysis of hemicellulose (with xylan as a model reaction), a 
two-step reaction model was proposed by Di Blasi and Lanzetta as shown 
in Fig. 2.8. The model consists of two competitive reactions, one that yields 
volatile components (gases and condensable vapors) and one that yields in¬ 
termediate products which are further converted to produce char and 


Table 2.2 Arrhenius equation terms for the Broido-Shafizadeh model (Di Blasi, 1998) 


Reaction 

A (min ) 

E a (kJ/mol) 

he 


1.7 x 10 21 

242.8 

^tar 


1.9 x 10 16 

197.7 

h 

& as 

7.9 x 10 11 

153.1 



/Cl 


Cellulose — 

1 > Tar 




» r c Char + 

i g Gases 

Figure 2.7 Modified Broido-Shafizadeh model for cellulose pyrolysis (Di Blasi, 1998). 

Table 2.3 Arrhenius equation terms for the modified Broido-Shafizadeh model 

(Di Blasi, 1998) 




Reaction 

A (min n ) 

£ a (kJ/mol) 

h 

4.0 x 10 17 

217.5 

k 2 


1.6 x 10 14 

179.0 


/Co 


k 4 



Volatiles 

-»- Volatiles 


h 


k 3 

Figure 2.8 Di Blasi-Lanzetta model for hemicellulose pyrolysis (Di Blasi and Lanzetta, 


1997). 
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additional volatiles (Di Blasi and Lanzetta, 1997). Reported preexponential 
terms and activation energies are given in Table 2.4. 

A basic reaction model has been proposed in which biomass undergoes 
direct conversion into one of the three final products without intermediate 
products being formed as shown in Fig. 2.9. Each of the three independent, 
irreversible reactions is described by individual reaction rates, effectively 
affecting the reaction selectivity. Reported preexponential constants and 
activation energies are given in Table 2.5. One of the limitations of this form 
of reaction model is that biomass is treated as a homogeneous substance and 
the model does not allow for the variations that one would expect to find 
between various biomass feed materials unless one could obtain the specific 
reaction parameters of each type of biomass source individually. 

A variation of the model takes into account the generation of water in 
combination with the gas-forming reactions and the cracking of condensable 


Table 2.4 Arrhenius equation terms for the Di Blasi-Lanzetta model 

Reaction A (min -1 ) E a (kJ/mol) 


fel 

1.04 x 10 16 

66.19 

h 

1.99 x 10 8 

91.48 

h 

2.06 x 10 4 

56.36 

h 

3.52 x 10 3 

52.59 


Adapted from Di Blasi arid Lanzetta (1997). 


Biomass 


- Gas 
-Tar 

- Char 


Figure 2.9 Three competitive reaction model for biomass pyrolysis (Shafizadeh and 
Chin, 1977), as cited in Di Blasi (1998). 


Table 2.5 Arrhenius equation terms for the competitive reaction model (Shafizadeh 


and Chin, 1977), as cited 

in Di Blasi (1998) 


Reaction 

A (min -1 ) 

f a (kJ/mol) 

h 

7.80 x 10 9 

140 

h 

1.20 x 10 10 

133 

h 

6.48 x 10 8 

121 
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Biomass 


- Gas + Water 
k A 


-Tar 


Tar + Gas + Water 


- Char + Water 


Figure 2.10 Modified three competitive reaction models for biomass pyrolysis (Chan 
et al., 1988), as cited in van der Stelt (2010). 


Biomass 


Gas 
k 4 
-Tar 


- Char 


Figure 2.11 Modified three competitive reaction model 2 for biomass pyrolysis (Di Blasi 
et al., 1999), as cited in van der Stelt (2010). 


vapors to form secondary tars, gases, and water as shown in Fig. 2.10. 
This reaction model accounts for the loss in condensable components at lon¬ 
ger gas-phase residence times. These additional reactions obviously require 
more experimental data to quantify the preexponential constants and activa¬ 
tion energies. In addition, char can also be formed from the secondary gas- 
phase reactions, leading to a slightly modified reaction model as shown in 
Fig. 2.11. 


3.2.3 Pseudocomponent models 

Reaction models in which biomass is differentiated into a number of 
“pseudocomponents” have been proposed as a method to account the dif¬ 
ferences between hardwood and softwood pyrolysis reactions (Gomez et al., 
2005; Varhegyi et al., 1997) and to generate kinetic equations that are more 
generally applicable. The basis of such reaction models is that the conversion 
of individual pseudocomponents (e.g., cellulose, hemicellulose, and lignin) 
takes place at different rates without any interaction (synergistic or antago¬ 
nistic effects) with other pseudocomponents. Particular attention must be 
given to how these pseudocomponents are quantified within the original 
biomass. Frequently, the pseudocomponents are categorized according to 
the constituents within the biomass, thereby allowing the reactions of cel¬ 
lulose, hemicellulose, and lignin to be modeled independently, for example, 
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through a Broido—Shafizadeh type of reaction. Such an overall scheme is 
proposed by Koufopanos, where each individual reaction proceeds 
according to the Broido—Shafizadeh model with the exception that the for¬ 
mation of condensable vapors and noncondensable gases is linked 
(Koufopanos et al., 1989) as cited in Di Blasi (1998) and shown in Fig. 2.12. 
Reported preexponential constants and activation energies for various constit¬ 
uents, determined by the TGA of the individual constituents, are given in 
Table 2.6. It should be noted that the differentiation ofbiomass into cellulose, 
hemicellulose, and lignin fractions is subject to significant variability and is 
highly sensitive to the selection of analytical method. 

A variation of this approach is the one in which cellulose reacts according 
to the Broido—Shafizadeh reaction model (Fig. 2.6), hemicellulose reacts 
according to the Di Blasi—Lanzetta (Fig. 2.8) model, and lignin reacts 
according to the global one-step model (Fig. 2.4; Rousset et al., 2006) as 
cited in Repellin et al. (2010). 

Further categorization of pseudocomponents may be made by the differ¬ 
entiation of the various forms of lignin depending on whether the lignin con¬ 
tains relatively more hydrogen, oxygen, or carbon. This naturally increases the 


Constituent 


Active constituent 


- Tar + Gases 
■ Char 


Figure 2.12 Koufopanos model for biomass pyrolysis (Di Blasi, 1998). 


Table 2.6 Arrhenius equation terms for the Koufopanos reaction model, adapted from 
( Koufopanos et al., 1989) as cited in Di Blasi (1998) 

Constituent Reaction A (min 1 ) F a (kJ/mol) 


Hemicellulose 

^•a c 

1.98 x 10 8 

72.4 

^tar 

6.60 x 10 15 

174.1 

h 

*-gas 

1.50 x 10 15 

172.0 

Cellulose 

^•a c 

1.32 x 10 16 

167.5 


^tar 

5.64 x 10 17 

216.6 


h 

^gas 

1.86 x 10 15 

196.0 

Lignin 

^•ac 

1.98 x 10 14 

147.7 


^tar 

5.16 x 10 10 

137.1 


h 

^gas 

2.64 x 10 9 

122.1 
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degree of complexity of the reaction model as more intemiediate and final 
products are introduced, each requiring quantification of reaction rates. It is as¬ 
sumed that cellulose reacts to form either activated cellulose or char and water, 
while the activated cellulose degrades either to fomi levoglucosan or to a range 
of volatile vapors through competitive reactions. Hemicellulose is understood 
to convert to two different activated fomrs of hemicellulose according to fixed 
stoichiometry (and thus no selectivity). The first activated hemicellulose species 
is either converted to gases, light hydrocarbons, and char or to xylose. The sec¬ 
ond fomi of activated hemicellulose is converted to gases, vapors, and char. Fi¬ 
nally, the various forms of lignin are subject to complex, competitive 
degradation reactions involving intermediate products and yielding gases, char, 
and condensable vapors (White et al., 2011). This reaction model is of interest 
for both fast and slow pyrolysis reactions but is not ideally suited to torrefaction 
reactions where predominandy hemicellulose degradation takes place. 

3.3. Heat transfer and heat of reaction 

Pyrolysis and torrefaction are thermally driven processes and therefore the 
application of sufficient heat to the biomass is crucial to the progress of these 
reactions. A significant amount of heat may be required for initial drying if 
the inherent moisture within the biomass feed is high. An indication of the 
relative heat of reaction is given in Fig. 2.13, which shows results generated 
through differential scanning calorimetry (DSC; Yang et al., 2007). The heat 
of reaction of biomass is determined by not only the composition of the 



Temperature (°C) 

Figure 2.13 DSC curves for cellulose, hemicellulose, and lignin pyrolysis (Yang et al., 
2007). 
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Table 2.7 Range of published heats of reaction for wood and biomass constituents 
Minimum AH Pyro | ysis (kJ/kg) Maximum AH Pyro | ysis (kJ/kg) 

Wood 

-2300 

418 

Cellulose 

-510 

120 

Hemicellulose 

-363 

42 

Lignin 

-455 

79 


Data from Rousset et al. (2006). 


biomass (in terms of cellulose, hemicellulose, and lignin) but also the extent 
to which the degradation reactions have already taken place. Once cellulose, 
hemicellulose, and lignin have been broken down, further heat needs to be 
applied to complete devolatilization of the remaining char (Food and 
Agriculture Organization of the United Nations, 1987). The 
devolatilization process is inherently endothermic, whereas exothermic 
char-forming reactions may sometimes be observed (Yang et al., 2007). 
Typically, biomass pyrolysis is endothermic at temperatures below 280 °C 
and may be exothermic at temperatures above 280 °C (Tumuluru et al., 
2010). It has also been shown that the reactions become more exothermic 
when taking place at increased pressures (Antal and Gronli, 2003). Data pub¬ 
lished in the literature regarding the heats of torrefaction of wood and bio¬ 
mass constituents can vary drastically for both wood and its constituents as 
shown in Table 2.7. 

The transfer of heat to the biomass essentially consists of two interrelated, 
sequential processes: the external transfer of heat from the hot surface or 
heating medium to the biomass surface and the internal transfer of heat from 
the surface of the particle to the interior of the biomass particle. If the rate of 
external heat transfer limits the overall conversion of the biomass, the heat 
transfer regime is referred to as being “thermally thin.’’ If internal heat trans¬ 
fer limits the overall heat transfer, it is referred to as being “thermally thick” 
(Di Blasi, 2000). The dimensionless Biot number, defined for a spherical 
particle as shown below in Eq. (2.4), is a typical measure of the ratio of 
external to internal heat transfer rates (Pyle and Zaror, 1984): 


hR 

Bi = —, 
K 


[2.4] 


where Bi is the Biot number, h is the overall external heat transfer coefficient, 
R is the particle radius, and K is the thermal conductivity of the particle. 

Biot numbers much larger than 1 indicate “thermally thick” heat transfer, 
and a Biot number significantly smaller than 1 would indicate operation in a 
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“thermally thin” heat transfer regime (Di Blasi, 1996) . Indicatively, a Biot num¬ 
ber of 1 is obtained when a biomass particle of approximately 2 mm diameter is 
torrefied with a heat transfer coefficient of 100 W/m 2 K (Prins, 2005). 

To compare heat transfer rates with the intrinsic reaction rate, a “pyrol¬ 
ysis number” can be defined for a spherical particle according to Eqs. (2.5) 
and (2.6) (Pyle and Zaror, 1984): 


Py kpc v R 2 ’ 

whenBiS> 1, 

[2.5] 

PY ~kpc v R’ 

when Bi <C 1, 

[2.6] 


where Py is the pyrolysis number, K is the thermal conductivity of the par¬ 
ticle, h is the overall heat transfer coefficient, k is the apparent reaction rate 
constant, p is the density of the particle, r p is the specific heat capacity of the 
particle, and R is the particle radius. 

A first (rough) evaluation of the Biot and pyrolysis number indicates 
which set of simplified equations would be most suitable for modeling 
the overall process. For small particles such as sawdust (more typical in fast 
pyrolysis processes), the reaction is kinetically controlled, whereas for larger 
particles (larger than 50 mm diameter), heat transfer will completely govern 
the overall conversion of the biomass (Pyle and Zaror, 1984). However, 
when internal and external heat transfer rates are comparable and the overall 
heat transfer rate is close to the intrinsic rate of reaction (where the Biot 
number and pyrolysis number are close to 1), reaction kinetics and heat 
transfer processes need to be evaluated simultaneously. 

A number of the properties that influence the rate of heat transfer (particle 
size, thermal conductivity, heat capacity, porosity) can change during pyrol¬ 
ysis and torrefaction. This is due to the change in the chemical and physical 
nature of the material in the reactor as the biomass is converted, the temper¬ 
ature sensitivity of the parameters with respect to temperature during conver¬ 
sion, and structural changes such as shrinkage and the formation of cracks that 
can take place within the char or torrefied biomass (Larfeldt et ah, 2000). 

3.4. Mass transfer 

Vapors (including water) and gases released during pyrolysis and torrefaction 
move from the pores within the biomass and char particles and through the 
solid bulk volume. The flow of vapors and gases from inside a porous bio¬ 
mass particle can be modeled by applying Darcy’s Law, thereby accounting 
for the pressure variations resulting from the generation of these vapors 





92 


R.W. Nachenius et al. 


(Di Blasi, 2000). Liquid droplets that are formed during pyrolysis may also be 
entrained with the vapors and gases and pass from the biomass bulk to the 
vapor space in the form of aerosols during fast pyrolysis. It has been shown 
that the char yield in fast pyrolysis increases with increasing particle size, and 
this might be due to an increased “cross-linking” between the droplets 
and the solid char if (gas-phase) residence times increase (Westerhof, 
2011). In the case of torrefaction, where mostly solid products and gases 
are formed and it is unlikely to observe aerosol formation, mass transfer 
effects would be minimal. This is supported by results obtained from a sen¬ 
sitivity analysis based on a pyrolysis model which indicated that mass transfer 
was not important for the prediction of the char yield but that it did affect the 
secondary reactions that occur at higher temperatures (Gronli and Melaaen, 
2000; Lanzetta et al., 1997). 


3.5. Catalysis 

Catalysts are generally not used in torrefaction and slow pyrolysis applica¬ 
tions, although the inorganic material inherently present in the biomass 
has been shown to exhibit catalytic activity, particularly alkali and alkali- 
earth metals (Patwardhan et al., 2010). The presence of heterogeneous cat¬ 
alysts would have a limited effect on the initial devolatilization reactions due 
to the spatial separation of the solid biomass and catalytically active minerals. 
It has, however, been shown that an intermediate liquid compound (ILC) is 
produced via the initial reactions involved in cellulose fast pyrolysis (Lede 
et al., 2002). This liquid may contact the inorganic catalysts to a greater ex¬ 
tent than the solid, unreacted biomass, and this would explain how solid cat¬ 
alyst (whether inherently present in the biomass or actively added) may be 
effective. During fast pyrolysis, this ILC may be ejected from the particle as 
an aerosol by the flow of product gases. These aerosols and vaporized vol¬ 
atiles could then be brought into contact to an added catalyst. 

The use of catalysts in fast pyrolysis processes aims at producing a bio-oil 
with increased chemical and physical stability (largely through a reduction in 
the oxygen content of the bio-oil), lowering pyrolysis temperatures, increas¬ 
ing yields of target components within the bio-oil, and improving miscibility 
for co-feeding with existing petrochemical refinery streams. The catalyst may 
be applied direcdy within the biomass pyrolysis reactor (“in situ” catalysis) or 
the condensable vapors maybe handled separately in a dedicated, downstream 
reactor (“ex-bed” catalysis; Venderbosch and Prins, 2010). Solid, in situ cat¬ 
alysts can act as heat carriers for biomass pyrolysis applications, while ensuring 
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that the reactive pyrolysis products are rapidly brought into contact with the 
catalyst. The catalyst would then be recovered with the char fomied during 
pyrolysis. Burning off the char or coke formed during pyrolysis could then 
directly heat the catalyst particles which would be reintroduced to the pyrol¬ 
ysis reactor and allow for heat integration. Ex-bed catalysis has the benefit that 
the second, catalyst-containing reactor may operate at different temperatures, 
pressures, or flow regimes compared to the biomass pyrolysis reactor and this 
decoupling could be used to improve the efficacy of catalyst application. 

In addition to the use of catalysts in biomass pyrolysis, they may be used for 
bio-oil upgrading (posttreatment). The composition of the bio-oil, containing 
numerous highly oxygenated compounds, may be controlled by using cata¬ 
lysts typically employed in the petrochemical industry. Fluidized catalytic 
cracking (FCC) catalysts, such as a ZSM-5 catalyst, may be used to crack 
the bio-oil into smaller molecules and liberating bound oxygen in the form 
of C0 2 , CO, and H 2 0 The hydrocarbon yields that have been observed from 
bio-oil cracking have typically been fairly low (20 wt% or 40% energetically) 
due to increased coke formation. Hydrotreating bio-oil is also possible at el¬ 
evated temperatures and in hydrogen-rich atmospheres through the use of 
suitable hydrodeoxygenation catalysts. The majority of the hydrotreating 
work has been focused on the nonselective removal of oxygen from the 
bio-oil, although it may be argued that a selective removal of oxygen, 
whereby only certain oxygen-containing species are converted, may be more 
suitable. Research has shown that bio-oil produced during pyrolysis may be 
hydrotreated at temperatures between 300 and 400 °C, at residence times of 
longer than 1 h (Venderbosch and Prins, 2010). The hydrotreating processes 
typically operate at pressures of up to 20 MPa. The catalysts include NiMo-, 
CoMo-, and Ruthenium-based catalysts (Bridgwater, 2011). 


4. FEED PROPERTIES RELEVANT TO REACTOR DESIGN 


One of the major challenges presented by biomass is that it is subject to 
large variations in its chemical and physical properties. This is true, not only 
between the different plant species but even between the various parts of an 
individual plant. The handling of the biomass upstream of the reactor can 
also have a significant influence on the particle size distribution and moisture 
and ash content of the feed. Typical ultimate (elemental) analyses results for 
various biomass sources are given in Table 2.8; although the oxygen content 
reported for wheat straw seems to be a spurious result, its possible value 
could be 39 wt%. 
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Table 2.8 Ultimate analyses of typical biomass materials (McKendry, 2002) 

Material C (wt%) H (wt%) O (wt%) N (wt%) S (wt%) Ash (wt%) 

Cypress 

55.0 

6.5 

38.1 

- 

- 

0.4 

Ash 

49.7 

6.9 

43.0 

- 

- 

0.3 

Beech 

51.6 

6.3 

41.4 

- 

- 

- 

Wood (average) 

51.6 

6.3 

41.5 

0 

0.1 

1 

Miscanthus 

48.1 

5.4 

42.2 

0.5 

<0.1 

2.8 

Wheat straw 

48.5 

5.4 

3.9 

0.5 

0.4 

4 

Barley straw 

45.7 

6.1 

38.3 

0.4 

0.1 

6 

Rice straw 

41.4 

5 

39.9 

0.7 

0.1 

- 


Table 2.9 Cellulose, hemicellulose, and lignin content of various types of biomass 


(McKendry, 2002) 

Cellulose (wt%) 

Hemicellulose (wt%) 

Lignin (wt%) 

Softwood 

35-40 

25-30 

27-30 

Hardwood 

45-50 

20-25 

20-25 

Wheat straw 

33-40 

20-25 

15-20 

Switchgrass 

30-50 

10-40 

5-20 


4.1. Biological constituent content 

The various biomass constituents (e.g., the cellulose, hemicellulose, and lig¬ 
nin) all react at different temperatures. These are present in differing 
amounts for different biomass types as shown in Table 2.9. It should also 
be noted that significant variation may even be found between different tis¬ 
sues of the same type of plant. 

The most abundant constituent of biomass is cellulose. Cellulose makes 
up the tough, water-insoluble material that is present in the protective cell 
walls of plants and thereby lends these properties to the portions of the plant 
where it is found (stems, stalks, trunks, and woody portions of plants; 
O’Sullivan, 1997). Cellulose is a polysaccharide homopolymer consisting 
of long, linear chains of up to 10,000 repeating units of D-glucopyranose 
molecules which are linked by P-l,4-glycosidic bonds (White et al., 
2011). Due to the ordered structure of cellulose, semicrystalline behavior 
is observable, with hydrogen bonds stabilizing the cellulose molecules when 
aligned in parallel. Multiple cellulose fibers can be found together to form 
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microfibrils which are grouped together to form cellulose fibers. These fibers 
are bound together by both hemicellulose and lignin. Cellulose undergoes 
thermal degradation at temperatures between 275 and 350 °C (Chen and 
Kuo, 2010). 

Hemicellulose consists of shorter, more-branched polymers in compar¬ 
ison with cellulose and is found between cellulose fibers. Hemicellulose, as a 
heteropolymer, can consist of a variety of C5 sugars (pentoses such as xylose 
and arabinose) and C6 sugars (hexoses such as galactose, glucose, and man¬ 
nose) as well as sugar acids (Saha, 2003). In deciduous wood (hardwood), 
hemicellulose consists largely of xylan (a pentose polysaccharide consisting 
of xylose), whereas coniferous wood (softwood) contains significantly more 
glucomannan (containing glucose and mannose) within the hemicellulose 
fraction (Ciolkosz and Wallace, 2011). Hemicellulose has a less ordered 
structure than cellulose. Due to the fact that hemicellulose is the least stable 
of the three major constituents of biomass, it starts degrading at lower tem¬ 
peratures via various dehydration, deacetylization, and depolymerization re¬ 
actions at temperatures between 150 and 350 °C (Chen and Kuo, 2010), 
thereby contributing significantly to the overall conversion of biomass at 
the lower temperatures encountered during torrefaction. 

Lignin is an amorphous, highly branched, aromatic polymer which binds 
cellulose and hemicellulose together. There are three basic types of 
phenylpropane-based monomers which make up lignin: sinapyl-, 
p-coumaryl-, and coniferyl-alcohol. Softwood contains lignin predomi¬ 
nantly consisting ofpolymerized coniferyl-alcohol monomers in comparison 
with hardwood lignin which is largely based on coniferyl and sinapyl alcohol 
monomers. The lignin found in grassy biomass consists of all three types of 
monomers (Crocker and Andrews, 2010). Coniferous wood (softwood) 
usually contains slightly more lignin than deciduous (hardwood) species. 
Lignin undergoes thermal degradation between 250 and 900 °C, and the rate 
of these degradation reactions is known to be slower than those of cellulose 
and hemicellulose (Venderbosch and Prins, 2010). Lignin pyrolysis, in com¬ 
parison with the pyrolysis of cellulose and hemicellulose, is also known to 
favor the production of char, thereby resulting in increased char yields that 
are observed during the pyrolysis of lignin-rich biomass (Antal and Gronli, 
2003). The relative degradation of the three constituents over the pyrolysis 
temperature range is illustrated in the TGA curves given in Fig. 2.2. 

In addition to cellulose, hemicellulose, and lignin, biomass also contains 
extractives such as fats, waxes, alkaloids, proteins, phenolics, simple sugars, 
pectins, mucilages, gums, resins, terpenes, starches, glycosides, saponins, and 
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essential oils. Some of these compounds can be removed from the biomass 
through extraction with polar or nonpolar solvents (Mohan et al., 2006). 
The extractives present usually evaporate or are cracked as the biomass tem¬ 
perature increases during pyrolysis. 

4.2. Moisture content 

Water in the biomass feed has a major impact on the overall economics of the 
pyrolysis process in addition to the reactions themselves. The moisture 
within the biomass may be present in a number of forms. Water that is 
adsorbed onto the hydroxyl groups of cellulose and hemicellulose molecules 
through hydrogen bonds is typically referred to as “bound” water. Un¬ 
bound, liquid water may also be found occupying the voids that are present 
within biomass if the moisture content (including bound water) exceeds the 
fiber saturation point (typically 30% of the oven-dry weight for most types of 
wood). Water vapor can also occupy the voids within biomass (Gronli and 
Melaaen, 2000). Moist biomass requires drying; thus, additional energy and 
increased processing capacity are needed. The heat of vaporization of the 
water must be accounted for by the combustion of feed, products, or another 
source of energy (Antal and Gronli, 2003). This consideration limits many 
high-moisture biomass sources unless sufficient drying can be achieved eco¬ 
nomically such as through sun drying in dry climates. 

A benefit of performing any drying outside the reactor is that the pyrol¬ 
ysis vapors will have an increased calorific value as there will be less dilution 
with water vapor, although this could be at the expense of process complex¬ 
ity and cost. In the case of fast pyrolysis, water will be included in the final 
bio-oil product and this will reduce the calorific value of the bio-oil and af¬ 
fects the bio-oil viscosity which is known to range from 10 to 1000 cP. The 
organic material within the bio-oil is highly polar due to the large amount of 
oxygenated compounds. This results in the bio-oil being hydrophilic, and 
the presence of a distinct, aqueous phase is only observed if the water content 
of the bio-oil is above 30—45 wt%. 

Water may also have an impact on reaction rates and product yields. 
Some catalytic effects have been claimed with an apparent reduction in 
the activation energy required to drive the wood pyrolysis reactions and 
resulting in faster reaction rates, although it has also been indicated that con¬ 
version in a steam atmosphere has practically no impact on either yields or 
kinetics (Antal and Gronli, 2003). One potential advantage of performing 
pyrolysis in steam atmosphere is the production of char with high surface 
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areas (up to 820 m 2 /g; Antal and Gronli, 2003) in comparison with typical 
values of below 500 nrT/g (Major et al., 2009). This high surface area could 
be created in a process similar to the steam activation process often employed 
in the production of activated carbon. 

The conversion of biomass in hot, compressed, liquid water has also been 
investigated at laboratory scale and it was found that an energy-dense (higher 
heating value (HHV) of up to 26.5 MJ/kg) solid product is formed in addi¬ 
tion to gases (mostly C0 2 ) and aqueous compounds (volatile acids and 
monosaccharides). No distinct liquid hydrocarbon phase was reported for 
wet torrefaction temperatures in the range of 200—260 °C. The reactions 
that are involved are reported to be mostly hemicellulose hydrolysis 
followed to a lesser degree by cellulose hydrolysis and monosaccharide deg¬ 
radation at higher temperatures. The heat of reaction of wet torrefaction was 
found to be of the same order of magnitude as that of conventional, dry 
torrefaction (Funke and Ziegler, 2010), with the advantage that feed mate¬ 
rial would not require drying prior to conversion. Subsequent drying of the 
solid product would be enhanced by its increased hydrophobicity as seen in 
its decreased equilibrium moisture content compared to unprocessed bio¬ 
mass when exposed to a humid atmosphere. Biomass that underwent wet 
torrefaction at 260 °C had a 5.3-wt% equilibrium moisture content com¬ 
pared to 15.6 wt% for the biomass (loblolly pine) in an atmosphere with a 
relative humidity of 83.6 wt% at 30 °C (Yan et al., 2009). A reduction in 
the mineral content is also achieved during wet torrefaction (Allen et al., 
1996), similar to the leaching process described in Section 4.3, which could 
be beneficial to downstream gasification or combustion processes. Hydro- 
thermal liquefaction aims at maximizing the liquid product by using higher 
temperatures (300—350 °C) than for wet torrefaction. The achievable bio¬ 
oil yields are approximately 50% by mass (Dahmen et al., 2010). 

The mass flows of the streams being heated and cooled during pyrolysis 
are relatively larger when moist biomass is used due to the additional water 
within the process, and this would require highly efficient heat integration to 
ensure that minimal energy is lost from the process. 


4.3. Ash content 

Biomass feed sources contain varying levels of inorganic material (alkali 
metals, heavy metals, and chlorine) which are reported as the ash content 
through proximate analysis. The presence of inorganic minerals is also de¬ 
pendent on the type of biomass, its environment, the use of mineral 
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fertilizers, and the amount of inorganic matter that is collected with the bio¬ 
mass during harvesting. Increased levels of alkali metals are generally seen in 
herbaceous biomass and agricultural and short-rotation energy crops in 
comparison with woody biomass (Yu et ah, 2010). Alkali and alkali-earth 
metals, particularly sodium and potassium, and sulfur- and phosphorous- 
containing ammonia salts can have a catalytic effect during pyrolysis, favor¬ 
ing the production of char and gases at the expense of the condensable vapor 
product (Antal and Gronli, 2003; Patwardhan et al., 2010; Venderbosch and 
Prins, 2010). The mechanism whereby intermediate reaction products are 
brought into contact with the inherent inorganic material is discussed in 
Section 3.5. In addition to the effect on the bio-oil yield, a reduction 
in the mineral content of the biomass feed has also been shown to have a 
favorable impact on the heating value of the bio-oil product and to result 
in a reduction in the initial biomass decomposition temperature and an 
increase in the pyrolysis conversion rates (Raveendran et al., 1995). 
Through pyrolysis, the inorganic material will be concentrated in the solid 
char product and this can potentially limit char use in downstream conver¬ 
sion processes. If a relatively clean biomass source is used, the minerals in the 
char could be beneficial, as in the case of biochar, where these minerals are 
then returned to the soil and allow for nutrient recycling. The ash-related 
problems that have been observed in the downstream conversion of char 
include increased slagging, equipment fouling, and increased corrosion, par¬ 
ticularly if chlorine and alkali metals are present (Dayton et al., 1999). Re¬ 
ducing the alkali metal content will only prevent the prevalence of slagging 
in downstream thermal processes if the fusion temperature of the ash within 
the char product is increased above the operating temperature of the down¬ 
stream process (boiler, gasifiers, or reactor) and this is not always the case 
when leaching is applied. Reducing the chlorine content can be even more 
important as it minimizes volatilization of the alkali metals during char 
combustion or gasification, thereby keeping the alkali metals in the solid 
phase and away from sensitive process equipment such as heat exchanger 
tubes. Downstream equipment can thus be designed to operate at lower 
fouling rates (Turn et al., 1997). 

The leaching of minerals from biomass commonly takes place in the 
sugar refining industry, where leaching removes the sucrose from the solid 
bagasse residue. During this water-based leaching process, significant re¬ 
moval of inorganic material is also achieved with the result that sugarcane 
bagasse has desirable fuel qualities (Olsson et al., 1997). A drawback relating 
to water leaching is the consumption and handling of water at an additional 
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cost, not only in the leaching process but also in a subsequent water removal 
section. Inorganic material can also be removed from the product char. 
Through the leaching of char produced during pyrolysis at 550 °C, it 
was shown that almost all of the chlorine and approximately 90% of the po¬ 
tassium could be removed during a warm water (80 °C) leaching step, al¬ 
though this was not as efficient as leaching the minerals from the original 
biomass (Dayton et al., 1999). Design variables relating to leaching are 
the ratio of water (and the presence of acids) to biomass, the temperature 
of the water, its duration, and the application of mechanical means to de- 
water the biomass. These parameters need to be optimized. The addition of 
acid to the leaching water increases the efficiency of the alkali metal 
leaching. As a water wash is sufficient to reduce the release of alkali by 
90% (Davidsson et al., 2002), an acid wash may not be warranted. The in¬ 
creased potassium content within the leachate stream might increase the 
value of the stream as a feed for the fertilizer industry (Dayton et al., 
1999); however, the presence of heavy metals within the leachate could 
preclude this application. 

4.4. Morphology 

Another challenge in working with biomass is that there are large morpho¬ 
logical variations within biomass feeds. Biomass varies in shape, size dis¬ 
tribution, density, and strength. Woody biomass particles also display 
anisotropic behavior where physical properties depend on whether they 
are measured along, across, or tangential to the grain of the wood. Thermal 
conductivity is reduced by as much as 1/3 when measured across or tangen¬ 
tial to the grain, while the gas permeability can be reduced by a factor of 
10,000 (Di Blasi, 2000). 

The particle size distributions of the feed material can affect the overall 
reaction progress. Large particles will experience reduced internal heating 
rates, and at some critical level, these limitations can impede the overall re¬ 
action progress. A narrow particle size distribution, with minimal difference 
between the larger and smaller particles, would ensure that the extent of py¬ 
rolysis of all the particles would be fairly uniform for a given reactor resi¬ 
dence time. 

The manner in which the biomass is fed to and through the reactor 
(in the case of continuous processes) can result in particle attrition. This 
can be beneficial as smaller particles may be pyrolyzed faster. Disadvanta- 
geously, large amounts of fine particles could not only pose additional 
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technical problems in feeding and product recovery but also create a 
process safety risk. 


5. PRODUCT SPECIFICATIONS RELEVANT TO REACTOR 
DESIGN 


The products of thermochemical conversion can be categorized by 
their application. The specifications of the various products and their influ¬ 
ence on the pyrolysis process are discussed below. 


5.1. Noncondensable gases 

The noncondensable or permanent gases that are formed during pyrolysis or 
torrefaction are, by definition, the gases that remain once the reaction vapors 
have passed through some form of condensation stage to separate the bio-oil 
from the permanent gases. In some applications, this separation may not be 
performed and a combined stream of reaction vapors and gases may be 
processed together, typically through combustion to generate the heat re¬ 
quired to drive the process or to dry the biomass feed. In primitive slow py¬ 
rolysis processes such as early charcoal production processes, these gases are 
simply released to the atmosphere (Food and Agriculture Organization of 
the United Nations, 1987). 

The composition of the noncondensable gases will be largely determined 
by the temperature at which the pyrolysis takes place and the temperature at 
which the vapors are condensed. At lower reaction temperatures (such as 
those encountered during torrefaction), these gases consist of carbon mon¬ 
oxide and carbon dioxide, whereas higher temperatures result in increased 
methane and hydrogen content. The variation in gas composition from the 
fast pyrolysis of 3 mm beech particles for varying temperatures is shown in 
Table 2.10 (Wang et al., 2005). 


5.2. Bio-oil 

Bio-oil (also commonly referred to as “tar”) is used to describe the liquid 
produced from the condensation of the pyrolysis vapors. It is a brown to 
black liquid depending on the chemical composition and bio-oil has a 
heating value which is approximately equal to that of wood, although it 
has an increased density of up to 1200 kg/m 3 . The viscosity of bio-oil 
can vary from 10 to 1000 cP, depending on the water content and the com¬ 
position of the bio-oil (Venderbosch and Prins, 2010). The highly polar na¬ 
ture of the bio-oil results in the bio-oil being miscible with water and phase 
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Table 2.10 Variation in gas composition with changing fast pyrolysis temperature 
(Wang et al., 2005) 

Temperature (°C) 



350 

400 

450 

550 

800 

H 2 (vol%) 

0.9 

1.4 

0.8 

3.4 

13.8 

CO (vol%) 

37.4 

28.5 

38.7 

44.9 

50.7 

C0 2 (vol%) 

60.5 

68.6 

58.5 

37.2 

13.5 

CH 4 (vol%) 

<0.1 

<0.1 

<0.1 

10.9 

13.9 

C 2 H 4 (vol%) 

0.5 

0.7 

0.8 

1.7 

5.8 

C 2 H 6 (vol%) 

0.4 

0.5 

0.7 

0.9 

1.1 

C 3 H 6 (vol%) 

0.2 

0.3 

0.3 

0.7 

1.0 

C 3 H 8 (vol%) 

0.1 

0.2 

0.2 

0.2 

0.1 


separation typically occurs at water concentrations of above 30—45 wt%. 
The presence of organic acids in the bio-oil results in a pH between 2 
and 4, and this impacts the downstream processing equipment. The factors 
affecting the properties of the bio-oil are the biomass feed material (partic¬ 
ularly moisture content) and the reaction conditions. 

By the fractional condensation of the vapors, various bio-oil fractions can 
be obtained, thereby steering the bio-oil properties to some extent 
(Westerhof et al., 2011). Bio-oil is not a stable product and the aging will 
tend to produce a bio-oil which is more viscous and could also allow for 
the formation of a distinct aqueous phase and a viscous organic phase. This 
aging process happens over a period of months at room temperature but is 
accelerated at higher temperatures where polymerization reactions are pro¬ 
moted (Venderbosch and Prins, 2010). 

Bio-oil can be considered as the condensed fragments of the cellulose, 
hemicellulose, and lignin present in the biomass feed. The bio-oil typically 
contains a large number of different oxygenated compounds with molecular 
weights up to 10,000 g/mol. The larger molecules that are present in the 
bio-oil are not able to evaporate at the temperatures that are involved during 
typical pyrolysis; therefore, these molecules are entrained from the solid bio¬ 
mass as aerosols. Some molecules present in bio-oil are also the product of 
secondary degradation reactions such as oligomers of the primary volatile 
molecules. Analysis of these large molecules by gas chromatography is not 
possible as coking occurs when the bio-oil is vaporized after being brought 
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onto the chromatographic column. Additionally, a large fraction will not be 
evaporated at all at temperatures below 300 °C (the usual injection temper¬ 
ature of a GC). More appropriate methods include solvent extraction 
methods combined with GCMS analysis. Detailed analyses results can be 
found elsewhere (Venderbosch and Prins, 2010). High-molecular-weight 
compounds can also be detected using liquid chromatography, including 
high-performance liquid chromatography and gel permeation 
chromatography. 

5.2.1 Fuel oil 

One of the most apparent uses for bio-oil is combustion for the generation of 
heat or power. Bio-oil typically has a lower heating value (LHV) of 
14—18 MJ/kg, which is approximately 40—50% of that of a liquid hydrocar¬ 
bon fuel on a mass basis (60% on a volumetric basis). The reduced LHV is 
due to both the presence of water and the high oxygen content of the bio¬ 
oils (Oasmaa and Czernik, 1999). The combustion characteristics of bio-oil 
are such that it may be used to replace heavy and light fuel oils in industrial 
boiler applications, but significant differences in ignition, viscosity, pH, and 
stability are reported. Bio-oil burns with low ash deposition rates, as inor¬ 
ganic material is concentrated in the char during pyrolysis (Venderbosch and 
Prins, 2010). Recently, co-combustion of pine-derived bio-oil with heavy 
fuel oil (HFO) was successfully proved in a 9-MW th test boiler, using an op¬ 
timized Y-jet steam-assisted atomizer. Bio-oil was fired at 2.6 MW^ and 
HFO at 4.7 MW*. Combustion of the bio-oil gave a significant lower 
NO x emission compared to HFO. The propensity of the ash from bio-oil 
to cause fouling appears to be about half that of HFO. Based on these results, 
Stork Technical Services claim to be capable of designing, producing, and 
installing burners suitable for combustion of pyrolysis oil on a commercial 
basis in a typical range of 5—100 MW t h- Existing boiler systems can be 
retrofitted to make them suitable for pyrolysis oil cofiring (Rinket and 
Toussaint, 2012). 

5.2.2 Transportation fuel 

Bio-oil may also be used directly as a fuel in diesel engines or gas turbines. 
Diesel engines are less sensitive to possible contaminants present in the 
bio-oil, particularly larger, slowly rotating diesel engines. One of the problems 
is that there is insufficient bio-oil available for large-scale testing and that major 
engine manufacturers are not showing sufficient interest into adapting their 
engines to accommodate bio-oil. Bio-oils are usually highly acidic and may 
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contain abrasive particles and this can cause significant engine deterioration 
(wear and erosion of the injection needles); however, these effects may be mit¬ 
igated by adapted engine design and selecting different metals for engine con¬ 
struction. The high viscosity and instability of the bio-oil can also cause 
problems to the fuel injection system of an engine, and carbon deposits 
may form in the combustion chamber and exhaust valves. Another problem 
associated with the use of bio-oil in diesel engines is that the cetane number is 
poor (typically below 10) and cetane-enhancing additives or the application of 
a dual fuel system are necessary (Venderbosch and Prins, 2010). A conven¬ 
tional one-cylinder 20-kW e diesel engine has been run on bio-oil. After mod¬ 
ification of the fuel injection system, the engine could be fuelled with bio-oil 
for a “duration” experiment lasting 40 h without any notable effect on flue gas 
emissions and fuel consumption (Van de Beld et ah, 2012). 

The use of bio-oil within gas turbines has also been investigated, 
although this work has been limited. One of the hurdles in this type of 
research is again the limited availability of a standardized bio-oil product. 
Particularly, Orenda (Canada) is looking at ways to operate their GT 
2500 gas turbine on bio-oil and has partnered with a bio-oil producer, 
Dynamotive (Canada), to promote development. The gas turbine requires 
modifications to the hot section and the combustion system in order to 
operate. Additionally, diesel is required to start the turbine after which 
the diesel is gradually substituted with bio-oil. The gas turbine demonstrated 
stable operation and was able to run at a maximum power output of 
2.5 MW e (Oasmaa et ah, 2005). 

In addition to being fed to diesel engines or gas turbines, bio-oil (or slur¬ 
ries of char and bio-oil) may be fed to gasifiers for the production of synthesis 
gas or producer gas, after which the gaseous product may be converted to 
heat and power through a gas turbine. If synthesis gas is produced, it may 
also be used for the downstream production of Fischer—Tropsch fuels and 
chemicals. Some of the problems associated in feeding bio-oil to gasifiers 
are related to the bio-oil supply system which needs to be able to accommo¬ 
date acidic material (Venderbosch and Prins, 2010). 

Since bio-oil may not be suitable for direct application as a fuel in diesel 
engines (without modification), the bio-oil could be upgraded through 
cracking or hydrotreating, as discussed in Section 3.5. In addition to the cat¬ 
alytic upgrading of bio-oil (either during pyrolysis or in a decoupled pro¬ 
cess), the bio-oil may also be corefined with conventional petrochemical 
streams. The initial hydrotreating of bio-oil and subsequent corefining of 
bio-oil with conventional petrochemical feedstocks to an FCC process 
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has also been shown to be possible at high efficiencies. The corefining of 
upgraded oils has only been proved at lab scale. Information regarding 
the catalytic upgrading of bio-oil has been given in Section 3.5. 

5.2.3 Chemicals 

Unfractionated bio-oil may be used as a substitute for phenols in the man¬ 
ufacture of particleboards. The ability of the bio-oil to promote cross- 
linking when mixed with a formaldehyde resin (thereby improving the 
strength of the particleboard) is attributed to the presence of lignin-derived 
compounds. Research has shown that up to 50% of the phenol may be rep¬ 
laced with bio-oil. Unfractionated bio-oil may also be reacted with ammo¬ 
nia, urea, or other amino compounds to form stable amines and amides 
which may be used as slow release fertilizers. Additionally, the lignin deg¬ 
radation products may also act as soil conditioners by regulating the soil acid¬ 
ity and the effects of excess metals in the soil. Dynamotive (Canada) has 
collaborated with fertilizer manufacturers, but no commercial products have 
reached the market. Bio-oil may be mixed with water to produce a product 
known as “liquid smoke.” This product is commercially available and is 
sprayed onto meat products before cooking to impart a smoked flavor. Ar¬ 
tificial flavorants based on bio-oil are produced by Red Arrow Products 
(USA) and ProFagus (Germany). The phenolic compounds in bio-oil such 
as phenol, cresol, eugenol, and xylenol and alkylated phenols are present in 
bio-oil and may be extracted at recoveries of up to 50%. The quantities of 
the lighter, more valuable phenolic compounds are limited due to incom¬ 
plete cracking of the lignin. Once the phenolic compounds have been 
extracted, they could be used to replace creosote in wood-treatment appli¬ 
cations. Numerous sugars are present in bio-oil, but only levoglucosan can 
be identified through gas chromatography. Levoglucosan is a product which 
has a high value but small market. It can be used as an intermediate for fer¬ 
mentation. Levoglucosan yields are increased through pretreatment steps 
such as demineralization and prehydrolysis of biomass. Levoglucosenone 
is also detectable within bio-oil, and it may be used for the production of 
antibiotics, pheromones, rare sugars, butenolide, immuno-suppressive 
agents, and other fine organic chemicals. Hydroxyacetaldehyde is also pre¬ 
sent in bio-oil. If extracted, it can be used in the browning of cheese and 
meat products. It may also be used as a precursor for glyoxal production. 
The carboxylic acids that are present within bio-oil, such as formic and 
acetic acid, can be used to form salts such as calcium formate and calcium 
acetate which may be used in the de-icing of roads, S0 2 removal during 
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fossil fuel combustion, or as a catalyst during coal combustion. Furfural and 
furfuryl alcohol are also present in bio-oil (Venderbosch and Prins, 2010). 

5.3. Char 

Char is the generic term for the solid material that is produced through py¬ 
rolysis but may be referred to by different names based on the intended ap¬ 
plication. Torrefied biomass is a variant of char produced at lower 
temperatures. This is discussed below. 

5.3.1 Charcoal 

“Charcoal” is used to describe the char produced by slow pyrolysis when the 
intended use is as a fuel or as a reducing agent in some metallurgical smelting 
applications, where it is preferred over coal due to its lower ash content. The 
slow pyrolysis of hardwood biomass is one of the oldest chemical conversion 
processes known to man. Since prehistoric times, biomass has been pyro- 
lyzed to form char which was subsequently used to fuel fires for light and 
heat and even for artwork (Antal and Gronli, 2003). The properties of var¬ 
ious charcoals, obtained from various sources and produced at various tem¬ 
peratures, are given in Table 2.11, where the charcoals were prepared in an 
experimental unit at residence times of 2 h using powdered (177—250 pm) 
biomass (Cordero et al., 2001). Ultimate analysis refers to the quantification 
of the elements (typically, C, H, O, N, and S) present in biomass and char, 
whereas proximate analysis describes the charcoal in terms of fixed carbon, 
volatile carbon, and ash according to standardized analytical methods. The 
HHV indicates the suitability of the material as a fuel. 

An increased volatile content of the charcoal promotes the ignition of the 
charcoal, but this typically results in more smoke during combustion and a 
reduction in the heating value of the charcoal. The volatile matter content 
of domestically-used charcoal is typically between 20 and 30 wt%. Industrial 
charcoal used in metallurgical applications has a typical volatile content of 
15 wt%. The ash content can vary from about 0.5 to 5 wt% depending largely 
on the feed material selection. The LHV of charcoal ranges from 28 to 33 MJ/ 
kg depending on feed material and pyrolysis conditions (Antal and Gronli, 
2003). Increasing the pyrolysis temperature removes more volatile material 
and also tends to reduce the oxygen/carbon and hydrogen/carbon ratios, 
thereby yielding char with an increased fixed carbon, ash content and 
HHV. Lump charcoal, consisting of large particles, is a more desirable product 
for domestic fuel applications because it is easier to ignite and handle. Fine 
charcoal particles may be briquetted; however, this will have an impact on 
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Table 2.11 

Proximate and ultimate analyses of lignocellulosic and carbonaceous 

materials 






Fixed 

Volatile 




^"pyrolysis 

c 

H 

N 

O 

carbon 

carbon 

Ash 

HHV 

Biomass 

(°C) 

(wt%) 

(wt%) 

(wt%) 

(wt%) 

(wt%) 

(wt%) 

(wt%) (MJ/kg) 

Oak 

- 

50.3 

6.1 

0.2 

41.1 

14.1 

83.6 

2.3 

19.725 


300 

58.8 

5.0 

0.3 

34.5 

33.4 

65.1 

1.5 

23.130 


350 

75.7 

3.3 

0.6 

19.1 

55.3 

43.4 

1.3 

27.345 


400 

76.9 

3.3 

0.4 

18.2 

64.2 

34.5 

1.3 

28.840 


450 

81.2 

3.0 

0.4 

13.6 

76.4 

21.8 

2.8 

30.650 


500 

83.0 

2.5 

0.6 

11.2 

79.7 

17.5 

2.8 

30.235 


550 

87.1 

2.4 

0.5 

6.9 

82.2 

14.7 

3.1 

32.720 


600 

89.4 

2.2 

0.4 

4.8 

83.6 

13.2 

3.2 

32.645 

Pine 

- 

48.9 

6.0 

0.1 

44.5 

17.0 

82.5 

0.5 

20.215 


300 

57.8 

5.0 

0.2 

36.5 

31.3 

68.1 

0.6 

22.840 


350 

72.1 

4.1 

0.2 

22.5 

49.4 

49.5 

1.2 

26.680 


400 

74.7 

3.6 

0.2 

20.3 

62.2 

36.5 

1.3 

28.245 


450 

78.3 

3.2 

0.2 

16.8 

71.2 

27.4 

1.4 

29.632 


500 

81.8 

3.0 

0.2 

13.4 

78.1 

20.2 

1.7 

30.738 


550 

86.1 

2.5 

0.2 

9.6 

80.2 

18.1 

1.7 

31.525 


600 

87.4 

2.2 

0.3 

8.5 

84.9 

13.4 

1.7 

31.913 

Eucalyptus 

- 

47.3 

6.0 

0.1 

46.5 

17.9 

82.0 

0.1 

20.080 


700 

92.7 

1.6 

0.4 

3.3 

91.5 

6.6 

1.9 

32.204 

Wet straw 

- 

42.2 

5.7 

1.0 

46.5 

17.4 

82.0 

0.1 

18.154 


600 

65.2 

2.2 

1.5 

6.1 

63.5 

11.8 

24.7 

24.541 

Olive 

- 

49.0 

6.1 

0.8 

42.0 

19.5 

78.3 

2.2 

20.230 

stones 

600 

85.3 

2.6 

0.8 

4.7 

82.1 

11.3 

6.6 

31.095 

Almond 

- 

48.8 

5.9 

0.5 

43.7 

18.4 

80.5 

1.1 

19.916 

shells 

600 

86.8 

2.6 

0.8 

6.1 

86.5 

9.8 

3.7 

32.390 


Adapted from Cordero et al. (2001). 
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production costs due to additional binder requirements and will increase over¬ 
all process complexity. Briquettes also have reduced heating values due to 
increased ash content if inorganic binders are used. Further information on 
pelletization and briquetting is presented in Section 6.8. 

5.3.2 Torrefied biomass 

Torrefied biomass refers to biomass which has undergone thermochemical 
conversion at significantly milder temperatures (200—300 °C) and at reduced 
reaction times compared to char. The benefit of such a conversion process is 
that the torrefied biomass product has superior properties in comparison 
with raw biomass when used within further thermochemical processes such 
as combustion, gasification, and co-combustion within coal-fired power 
plants. Torrefied biomass is produced with significantly higher energy effi¬ 
ciencies than charcoal. The improved properties include increased heating 
value, grindability, hydrophobicity, and a decrease in the susceptibility to 
biological degradation when compared to the unprocessed biomass 
(Ciolkosz and Wallace, 2011). The LHV may be increased front 17.7 to 
20.4 MJ/kg through torrefaction. The bulk energy density will only be im¬ 
proved through a densification process such as pelletization or briquetting. 
In such an instance, the bulk energy density can be increased from 
4.6 GJ/rn 3 for torrefied biomass to between 14.9 and 18.4 GJ/nT for pellets 
of torrefied biomass. This can be compared to a bulk energy density of 
5.8 MJ/nT for unprocessed wood (Kiel, 2007). 

The purpose of torrefaction (including logistics, feed pretreatment, con¬ 
version, product handling, and the integration of heat within the process) is 
to produce a solid product that meets customers’ requirement as econom¬ 
ically and efficiently as possible. The use of torrefied biomass as a “drop-in” 
substitute for coal implies that the grindability and the combustion charac¬ 
teristics (heating value, reactivity, and density) are important product prop¬ 
erties. The torrefaction process parameters that will have a significant 
bearing on the process feasibility include the nature of the biomass feed, 
the efficient transfer of heat to and within the biomass particles, and the in¬ 
tegration of heat and energy flows within the torrefaction process. 

The development of torrefaction at industrial scales (more information is 
given in Section 7.3) is relatively limited although it is gaining momentum, 
due to the increased interest in the use ofbiomass as a renewable source of energy 
and the fact that torrefied biomass can be integrated into existing coal-based tech¬ 
nology. The increase in the energy density that can be achieved with torre¬ 
faction and pelletization also improves the logistics of utilizing remote biomass 



108 


R.W. Nachenius et al. 


resources. It has been suggested that distributed torrefaction processes could be 
economically advantageous to fast pyrolysis processes as an intermediate 
preconversion process in the generation of synthesis gas and Fischer—Tropsch 
liquids (Magalhaes et al., 2009; Uslu et al., 2008). 

5.3.3 Activated carbon 

Activated carbon, in granular or powdered forms, is typically used as an ad¬ 
sorbent for gaseous and waterborne impurities. To this end, the ideal acti¬ 
vated carbon requires a large surface area to allow for sufficient adsorption to 
take place. The production of activated carbon requires a carbon-rich feed 
material which is low in inorganic material, such as char and coal, and poly¬ 
mers such as waste tires. Char that is used for activated carbon can be pro¬ 
duced in slow pyrolysis methods similar to that of conventional charcoal and 
even by fast pyrolysis. The occurrence of secondary char-forming reactions 
would tend to reduce the surface area of the char through condensation in 
the pores within the activated carbon and should be avoided by minimizing 
vapor residence times. The adsorptive capacity of the char is increased 
through an activation step which involves treatment of the pyrolyzed char 
with an oxidizing agent or a strong acid or base. Important properties rel¬ 
evant for activated carbons are the Brunauer—Emmett—Teller (BET) surface 
area, porosity, and the hardness (when used in granular form). Carbon 
source, pyrolysis heating rate, peak pyrolysis temperature, and the activation 
process all affect the properties of the activated carbon to the extent that the 
BET surface area of the activated carbon can vary from 250 to 2410 m /g 
and the pore volume can vary from 0.022 to 91.4 cm 3 /g (Ioannidou and 
Zabaniotou, 2007). Commercial grades of activated carbon have BET sur¬ 
face areas ranging from 500 to 1500 m 2 /g. BET surface areas are generally 
less than 500 m 2 /g if no activation is undertaken (Major et al., 2009). 

5.3.4 Biochar 

“Biochar” refers to char that is applied to soil in a deliberate manner as a soil 
amendment. Biochar improves the soil’s properties such that the fertility is 
improved, and consequently crop yields are increased. Biochar reportedly 
acts as a habitat for microbes, adjusts the soil pH, improves soil water reten¬ 
tion capacity, and increases the cation exchange capacity (CEC) which is 
important for the retention of nutrients within the soil. These benefits are 
believed to have resulted in the improved agricultural yields observable in 
the Terra Preta soils of South America which have significant anthropogenic 
carbon contents (Lehmann et al., 2006). The addition of char in 
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combination with compost or manure to soil also has a significant history 
within Japanese agriculture (Ogawa and Okimori, 2010). The efficacy of 
using mineral fertilizers may be further increased by applying crushed, com¬ 
mercially available charcoal to the soil, as demonstrated by multiyear field 
trials in Brazil. Biochar has a low, inherent nutrient content and the com¬ 
bination of biochar with mineral fertilizer may have a synergistic benefit in 
terms of crop yield (Steiner et al., 2007). Not only char but also torrefied 
biomass can be used as a soil amendment where the microbial inoculation 
of the torrefied biomass has resulted in crop yield increases (Trifonova 
et ah, 2009); however, the benefits would not last as long as for those of 
biochar as torrefied biomass consists of significantly more labile carbon. 

A further benefit of biochar is that the carbon is less degradable than bio¬ 
mass and could therefore act as a carbon sink for C0 2 abatement strategies if its 
stability within the soil is sufficient. However, the effect of biochar on crop 
yields and its behavior as a stable carbon sink are subject to debate and the 
extent of these benefits is still being investigated (Lehmann et ah, 2006). 

The important physical properties ofbiochar include the bulk surface area, 
pore size distribution, particle size distribution, density, and packing. The 
surface area of the biochar affects soil aeration, water holding capacity, and 
nutrient retention as well as the microbial activity within the soil. The surface 
area of sandy soils is low and can therefore be increased through the applica¬ 
tion ofbiochar. Pore size distribution is important for the adsorption of small 
molecules and also provides a habitat for soil microbes. The surface areas of 
biochars are maximized at pyrolysis temperatures near 750 °C, although feed 
material selection would affect this. The particle size distribution is largely the 
result of the feed material selection and the occurrence of attrition during py¬ 
rolysis and product handling. The particle density and bulk density (which is 
also a function of particle size) are dependent on the properties of the initial 
biomass. Particle density tends to increase and bulk density tends to decrease 
with increasing pyrolysis temperatures (Downie et al., 2009). 

The chemical heterogeneity ofbiochar has implications on the surface 
chemistry and the adsorption of aqueous species at the biochar surface. 
The CEC and anion exchange capacity ofbiochar strongly affect the reten¬ 
tion of nutrients within the soil. The CEC tends to increase with increasing 
pyrolysis temperatures. The mineral content of the biochar, which is 
reported as ash, also affects soil behavior. Aromatic compounds, which 
are favored by high pyrolysis temperatures, tend to be more resistant to min¬ 
eralization than aliphatic compounds and are therefore more stable once in¬ 
troduced into the soil (Chan and Xu, 2009). 
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6. PROCESS VARIABLES RELEVANT TO REACTOR DESIGN 

6.1. Reactor temperature 


The rates of all the involved pyrolysis reactions are increased at increased 
temperatures. By arbitrary definition, torrefaction is limited to conversion 
temperatures in the range from 200 to 300 °C (Prins et al., 2006b), and 
at these (relatively low) temperatures, reactions mostly involve the degrada¬ 
tion of the less stable hemicellulose fraction. At higher temperatures, such as 
those employed during fast and slow pyrolysis, significant conversion of cel¬ 
lulose and lignin also occurs, yielding more condensable vapors and non¬ 
condensable gases at the expense of the char yield. Some of the molecules 
that are released from the biomass undergo cracking, polymerization, and 
condensation reactions which yield secondary char and lighter gases at the 
expense of the overall bio-oil yield. The increased devolatilization at such 
temperatures results in a greater fixed carbon content within the remaining 
char. The maximization of the bio-oil yield is typically achieved at temper¬ 
atures close to 500 °C as this temperature is sufficient to allow for substantial 
devolatilization of the biomass while not being too high to promote substan¬ 
tial cracking of pyrolysis vapors into noncondensable gases or the polymer¬ 
ization of vapors into char. This is shown in Fig. 2.14. Further information 
has been given in Section 3.2. 



Reaction temperature (°C) 

Figure 2.14 Changes in fast pyrolysis yields with increasing temperature (Bridgwater 
et al., 1999). 
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6.2. Reactor pressure 

Pyrolysis is usually carried out at or near atmospheric pressure. Increasing 
reaction pressure favors the production of char due to increasing concentra¬ 
tion of vapor-phase molecules, thereby increasing the reactions rates of the 
secondary char-forming reactions (Antal et al., 1996; Varhegyi et al., 1997). 
The effect of increasing pressure on the quality of torrefied biomass 
(expressed as product carbon content) in the pressure range of up to 
4 MPa appears limited (Wannapeera and Worasuwannarak, 2012), as shown 
in Table 2.12. 

A benefit of carrying out pyrolysis under reduced pressure is a reduction 
in the char yield, accompanied by a higher yield in condensable vapors, per¬ 
haps due to reduced effect on the secondary reactions. Existing vacuum py¬ 
rolysis processes typically employ larger particles and slower heating rates 
than fast pyrolysis, but the overall bio-oil yields are only slightly less than 
that of fast pyrolysis while more char is produced (Bridgwater et al., 1999) 

Cellulose pyrolysis experiments have been carried out in sealed vessels 
while allowing the pressure to increase to between 3 and 14 MPa 
(Varhegyi et al., 1997). The char yield that was reported (36—40%) was sig¬ 
nificantly higher than what one would expect during atmospheric pyrolysis, 
though it should be noted that this could be either a pressure effect or the 
result of the extremely long residence time of the product vapors or both. 

Experiments have also been performed at higher pressures of up to 
1 MPa in the batch flash carbonization process, where oxygen is introduced 
into a pressurized reactor when the biomass within the batch reactor has 
reached a desired temperature. A flame front then moves through the reactor 
bed, thereby generating the heat required to drive the pyrolysis reactions 
once the supply of air has been stopped. The reactor in which the process 


Table 2.12 Variation in carbon content (wt%, dry, ash-free) during torrefaction at 
different pressures 



200 °C 

225 °C 

250 °C 

0.1 MPa 

51.7 

52.4 

54.0 

1 MPa 

52.0 

57.2 

57.7 

2 MPa 

52.5 

57.9 

59.2 

3 MPa 

52.4 

58.2 

59.6 

4 MPa 

52.2 

58.1 

62.3 


Adapted from Wannapeera and Worasuwannarak (2012). 









112 


R.W. Nachenius et al. 


is carried out may be viewed as a pressurized pyrolysis kiln. Kilns are dis¬ 
cussed further in Section 7.2.1. It is reported that this process can achieve 
a char yield that approaches that of the thermodynamic equilibrium (when 
the additional oxygen is included in the equilibrium calculations) and that 
the reaction rates are generally higher than those reported for torrefaction 
and slow pyrolysis (Antal et al., 2003). 

6.3. Heating rate 

As the conversion of the biomass is temperature driven, particular emphasis 
must be on how heat is introduced to the biomass in the reactor. Higher 
heating rates and low vapor residence times are usually employed in fast 
pyrolysis where the yield of condensable vapors is maximized. In the case 
of slow pyrolysis, heating rates are generally reduced and are of lesser impor¬ 
tance; however, heat transfer within the biomass particle and the biomass 
bulk should still be efficient as this influences the overall conversion rate 
in case where heat transfer is the limiting step. More importantly though, 
all particles should undergo a similar degree of reaction, and therefore heat 
should be supplied evenly throughout the biomass bulk. Nevertheless, par¬ 
ticles will exhibit a greater extent of pyrolysis nearer to their surface com¬ 
pared to the interior of the particles. Torrefaction utilizes relatively lower 
temperatures, and therefore, the temperature driving force between the heat 
source and the reacting biomass could be limited, thereby exacerbating any 
heat transfer limitation. 

6.4. Biomass residence time 

Adequate time is necessary to allow sufficient heating to take place and for the 
reactions to proceed to the desired reaction extent. Primitive methods of slow 
pyrolysis for the production of charcoal from hardwood, such as the use of 
large pit and mound kilns, can take up to 20—30 days to achieve the necessary 
conversion depending on the size of the batch of biomass (up to 28 t of feed) 
being pyrolyzed (Food and Agriculture Organization of the United Nations, 
1987). The pyrolysis of large pieces of biomass naturally hinders heat transfer 
and requires longer conversion times compared to the production of charcoal 
in the form of a powder. For fast pyrolysis, it has been shown that attention 
needs to be given to the residence time of the biomass (in addition to the res¬ 
idence time of the vapors) to ensure that sufficient devolatilization takes place. 
Suitable residence times range from 25 (for particles smaller than 2 mm) to 
220 s (for particles less of 15 mm; Wang et al., 2005). 
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6.5. Vapor residence time 

Secondary reactions involve the cracking and polymerization of non¬ 
condensable vapors, and these are promoted by increasing the vapor resi¬ 
dence time and by increasing the interaction of pyrolysis vapors with char 
which can contain catalytically active minerals. Catalysis of gas-phase crack¬ 
ing and polymerization reactions by char appears almost absent if the chars 
are deprived of the minerals; thus, homogeneous vapor-phase cracking 
reactions are then dominant (Hoekstra, 2011; Ronsse et al., 2012). In 
low-temperature slow pyrolysis (as in the case of torrefaction), the amount 
of volatile material that is released and which can undergo secondary poly¬ 
merization and cracking reactions is reduced while the lower temperatures 
also reduce the rates of these reactions. The influence of vapor residence 
time is expected to be less pronounced for torrefaction in comparison with 
fast or slow pyrolysis. In the case of fast pyrolysis, the secondary, vapor-phase 
reactions are undesirable as the bio-oil yield is reduced in favor of the pro¬ 
duction of gases and char and subsequently the vapor residence time should 
be kept below 2 s (Bridgwater, 2012). 

6.6. Biomass conveying, mixing, and hydrodynamics 

The degree of conversion that takes place within a particle is dependent on 
the time the particle is held at a given temperature. To control this residence 
time adequately, one would ideally need to achieve plug flow of the solid 
biomass in continuous reactor or use a batch reactor. In contrast to homo¬ 
geneous reactions, the “composition” of the biomass (where composition 
refers to the degree of conversion of the individual particles) within the re¬ 
actor can vary spatially. Solid-phase composition is regarded as an inconse¬ 
quential parameter with respect to reaction kinetics (White et al., 201 1). It is 
necessary to transfer heat to the solid phase and to transfer mass from the solid 
phase to the gas phase. By employing direct counter-current heating, it 
would be possible to achieve this more efficiently than direct cocurrent 
heating as heat and concentration profiles can be utilized more effectively 
(similar to the case of a counter-current heat exchanger). 

6.7. Feed preparation 

To some degree, feed preparation is necessary to allow the biomass feed to be 
successfully introduced into the process and to ensure that the final product 
meets specifications. Drying would be beneficial in the overall energy effi¬ 
ciency of the process, as discussed in Section 4.2. The leaching of mineral 
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material can have an impact on the torrefaction and pyrolysis reactions and 
will also impact on the ash content of the final char product. This is discussed 
in Section 4.3. Manipulation of the particle size distribution of the biomass 
feed (chipping, grinding, or pelletization) may be required to allow for the 
feed material to be introduced efficiently into the reactor and to enable 
adequate heat transfer as discussed in Sections 3.3 and 4.4. 


6.8. Product handling 

For a given pyrolysis process, the solid product might not have the required 
particle size distribution or bulk (and therefore also calorific) density required 
for its intended application. Fine particles are susceptible to dust explosion, 
thereby posing a process safety risk. Furthermore, manipulation of the final 
product bulk density and particle size distribution could be optimized to min¬ 
imize storage, handling, and transport costs. Densification processes such as 
compression, extrusion, and pelletization offer possibilities for altering the 
bulk density and the particle size distribution of the char or ton-efied biomass 
product. These technologies are already prevalent in the production of wood 
pellets. Common compression processes include the briquetting roller press 
and extrusion processes, which can yield either larger briquettes (screw and 
ram extruders) or smaller pellets (pelletizers; Saidur et al., 2011). All densifi¬ 
cation processes require mechanical force and sometimes also heat to induce 
mechanical deformation and to increase the interparticular cohesion. The 
chemical and physical properties of the particles (predominantly plasticity) 
play a large role in determining the efficacy of the densification process. 
A more comprehensive discourse on these properties is given elsewhere 
(Grover and Mishra, 1996). Binders are additives that may be used to increase 
particle agglomeration. Organic binders are usually starch-based and inorganic 
binders, such as caustic soda, can also be used if they can be accommodated 
within the final use of the char or the torrefied biomass. Binders can be 
avoided for the briquetting of biomass at temperatures of between 250 and 
300 °C under high pressure as thermal softening will promote binding 
(Grover and Mishra, 1996). It has been detenuined that, due to the minimal 
plasticity of a torrefied and pyrolyzed biomass such as rice husk, a binder is 
necessary to achieve any densification (Maiti et al., 2006). Pelletization would 
be possible without a binder if torrefaction conditions are sufficiently mild and 
lignin degradation within the biomass is negligible (Verhoeff et al., 2011). 
Interestingly, heat-softening materials such as biomass lignin and coal tar 
can also act as binders (Finney et al., 2009). 
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The densification of biomass through screw extrusion occurs at temper¬ 
atures of up to 290 °C, and it has been noted that this results in a mechan¬ 
ically robust product with an outer layer that is partially carbonized (Grover 
and Mishra, 1996). It may therefore be possible to tailor the process to yield a 
product that maintains the mechanical strength of extruded biomass but 
which has been more extensively converted and therefore has the increased 
energy density and hydrophobicity which make the treated biomass attrac¬ 
tive as an energy carrier. A more conventional approach would be to apply 
densification in series with a pyrolysis step. 

The char particle size distribution can be reduced by grinding. Torrefied 
biomass and char have been shown to provide energy savings during grind¬ 
ing when compared to the biomass feed (Bergman and Kiel, 2005). The en¬ 
ergy required to produce a powder with an average particle size of 0.2 mm is 
reduced by between 80% and 90% when biomass is torrefied at temperatures 
between 265 and 300 °C and for torrefaction times between 10 and 24 min, 
respectively (Bergman et al., 2005). 

In fast pyrolysis processes, bio-oil is known to be thermally unstable as 
the bio-oil can continue to undergo secondary reactions while in the liquid 
phase (Bridgwater, 2012). For this reason, the bio-oil should not be stored at 
elevated temperatures (above 50 °C) so that these reactions are not acceler¬ 
ated. The filtering of the bio-oil prior to use is also necessary in certain ap¬ 
plications such as firing in a gas turbine (Venderbosch and Prins, 2010). The 
downstream upgrading of bio-oil has been discussed in Section 3.5. 


> > 7. REACTOR TECHNOLOGY DEVELOPMENT 

I' Several reactor alternatives have been used or are conceived as being 
applicable to pyrolysis or torrefaction. Generally, the slow pyrolysis is a more 
established technology, whereas fast pyrolysis and torrefaction are compar¬ 
atively nascent technologies. Woody biomass is the generally preferred feed¬ 
stock as it is more homogeneous and contains less ash than agricultural wastes 
and other biological residues, thereby simplifying process requirements. The 
utilization of cheaper feedstocks would, however, improve the economic 
feasibility of a particular process if it can be accommodated suitably. 

7.1. Fast pyrolysis reactors 

The aim of fast pyrolysis reactors is for the maximization of the bio-oil yield. 
Proposed reactor technologies are discussed below. A more exhaustive re¬ 
view may be found elsewhere (Bridgwater, 2012). 
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7.1.1 Entrained down-flow reactor 

Entrained down-flow fast pyrolysis reactors have been developed by Georgia 
Tech Research Institute (USA), and further development has been under¬ 
taken by Egemin (Belgium). The process is based on small biomass particles 
(1—5 mm) being fed to a hot down-flow reactor. No solid heat carrier is used 
to promote heat transfer to the biomass and heat is transferred from the hot gas 
to the biomass. It was initially estimated that pyrolysis would be complete at 
residence times of less than 1 s; however, insufficient heat transfer was sup¬ 
posed to be responsible for the incomplete pyrolysis of the biomass feed at res¬ 
idence times of below 1 s, despite reactor temperatures of between 700 and 
800 °C. Due to the incomplete pyrolysis, achievable bio-oil yields were less 
than 40 wt% on a dry-feed basis (Venderbosch and Prins, 2010). High gas flow 
rates are required to transfer heat to the biomass and this necessitates a large 
process. Additionally, the collection of the liquid product is difficult as the va¬ 
pors are diluted by the hot gas reducing the partial pressure of the vapors. The 
plants at Georgia Tech and Egemin are no longer in operation, but research is 
ongoing in China (Bridgwater, 2012). 

7.1.2 Ablative reactor 

Ablative reactors are characterized by having the biomass pressed against a 
hot surface. This causes the biomass to “melt.” The process may be further 
improved by increasing the pressure that the biomass exerts on the hot sur¬ 
face (by a centrifugal or mechanical force) and by mechanically moving the 
biomass over the hot surface. The molten biomass forms vapors at the inter¬ 
face between the biomass and the hot surface (approximately 600 °C) once 
the biomass is moved away mechanically. The removal of char from the bio¬ 
mass particle through abrasion and the direct transfer of heat from the hot 
surface mean that the particle size is less important to the overall heat transfer 
rates compared to the transfer of heat from a gas phase to the biomass. This 
does, however, produce fine char which is difficult to remove from the con¬ 
densed bio-oil product. The vapors that are produced during ablative pyrol¬ 
ysis typically have a lower molecular weight due to vapor cracking occurring 
on the metal surface (Bridgwater, 1999). The process throughput is limited 
by the amount of heat that can be transferred to the hot surface from a source 
such as hot flue gas. The absence of an inert gas for heating the biomass re¬ 
sults in smaller vapor streams leaving the reactor and more practical conden¬ 
sation of the bio-oil. The mechanical nature of the process also makes it 
more complex and costly (Bridgwater, 2012). The ablative pyrolysis of waste 
tire particles (1.3 mm) has been demonstrated by BBC (Canada) at a capacity 
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of 10—25 kg/h with a liquid yield of 54 wt% for a residence time of 0.88 s. This 
process was subsequently scaled up to 25 t/d by Enervision (Canada) and op¬ 
erated until 1997 after which the plant was moved to Norway. The National 
Renewable Energy Laboratory (USA) developed a 20-kg/h vortex ablative re¬ 
actor. A 30-kg/h reactor was also built in 1994 but was dismantled in 1997 
(Bridgwater, 1999). Typical liquid yields were between 60% and 65% on a 
dry-feed basis (Bridgwater, 2012). Aston University (United Kingdom) devel¬ 
oped a small, 3-kg/h reactor based on a heated plate which has been reported to 
achieve liquid yields of up to 80% on a dry-feed basis (Bridgwater, 1999; 
Peacocke and Bridgwater, 1994) . A 6-t/d ablative pyrolysis plant has been built 
by Pytec (Germany) in 2006. This plant is undergoing testing, and a 50-t/d unit 
is being designed (Bridgwater, 2012). 

7.1.3 Fluidized bed reactor 

Fluidized bed reactors allow for the efficient transfer of heat to biomass par¬ 
ticles, although a prerequisite is that the biomass particles should be fairly small 
(2—3 mm). Both bubbling fluidized beds and entrained, circulating fluidized 
beds (CFBs) may be employed for biomass fast pyrolysis. The design of flu¬ 
idized beds is well understood; however, the scale-up of fluidized bed pro¬ 
cesses can be limited by overall heat transfer. The vapor residence time is 
controlled by adjusting the fluidization gas flow rates; however, in bubbling 
fluidized beds, the undesired entrainment of biomass particles can occur at 
high gas velocities. The reactor bed typically also contains small, inert sand 
particles to increase the rate of heat transfer to the biomass particles. Catalyt- 
ically active solid materials may also be incorporated within the fluidized bed. 

Bubbling fluidized beds require the char that is formed to be removed 
from the reactor due to catalytic ability of the char (particularly, if inorganic 
minerals are present) to promote undesirable, secondary vapor-phase reac¬ 
tions. This can be achieved through the removal of solids from the reactor 
bed. Fine char particles and other solids may also be removed from bed by 
entrainment. In such cases, cyclones are typically used to clean the vapor 
stream. The separated char particles can be burnt to generate heat to drive 
the pyrolysis process. Typical bio-oil yields are in the range of70—75 wt% on 
a dry-feed basis. Bubbling fluidized beds were initially developed by the 
University of Waterloo (Canada) and have been developed further by nu¬ 
merous companies. Union Fenosa (Spain) built a 200-kg/h plant although 
this has now been dismantled. Dynamotive (Canada) has operated two pilot 
plants (75 and 400 kg/h) and has built two large-scale plants (100 and 
200 t/d). These are not in operation at the moment. Fortum (Finland) built 
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and operated a 500-kg/h unit which has been dismantled. Wellman (United 
Kingdom) has constructed a 250-kg/h plant but this has not been in oper¬ 
ation either (Bridgwater, 2012). 

At higher gas velocities, the solid material is completely entrained and 
flows upward within the reactor and exits together with the vapors. This 
means that the residence time of the biomass is approximately equal to that 
of the pyrolysis vapors. The higher gas velocities also increase the attrition of 
solid particles generating more fine particles which needs to be separated 
from the vapors. The char and sand that are separated from the vapors typ¬ 
ically pass through a combustor where the char is burnt and the sand is 
heated. The hot sand is returned to the pyrolysis reactor to aid in heat trans¬ 
fer. This recirculation is the cornerstone of CFB reactor technology. Enel 
(Italy) operated a 650-kg/h plant built by Ensyn (Canada); however, this 
is not in operation any more. Red Arrow Products (USA) operates several 
Ensyn units with capacities of up to 1700 kg/h. Ensyn operates a 2000-kg/h 
plant and is planning to develop a 1000-t/d unit (Bridgwater, 2012). 

7 . 7.4 Vacuum moving bed reactor 

Vacuum pyrolysis is not really a form of fast pyrolysis, as lower heating rates 
are employed. It is, however, discussed in this section as, like fast pyrolysis, 
the aim is to increase the bio-oil yield. Operating under a vacuum reduces 
the residence time of the pyrolysis vapors, thereby limiting secondary, 
vapor-phase reactions. Due to the reduced heat transfer requirements, larger 
particle may be used when compared to conventional fast pyrolysis. An inert 
carrier gas is not needed. The vacuum pyrolysis process was developed by 
the University of Laval (Canada) and Pyrovac (Canada) resulting in a 3-t/ 
h vacuum pyrolysis reactor. The process operates at an absolute pressure 
of approximately 20 kPa and temperatures of 450 °C. The heat is supplied 
indirectly to the reactor by the use of molten salts which are heated by the 
combustion of the noncondensable gases. A change of ownership in 2003 
meant that work on the vacuum pyrolysis reactor was suspended; however, 
the unit has been acquired by NewEarth Renewable Energy (USA) for the 
production of torrefied biomass, charcoal, and bio-oil (Bridgwater, 2012; 
Venderbosch and Prins, 2010). 

7 . 7.5 Screw reactor 

Screw reactors (sometimes referred to as auger reactors) consist of one or 
more rotating helical screws which move the biomass together with a heat 
carrier (such as hot sand or metal beads) through a cylindrical shell. The heat 
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may also be transferred across the reactor wall and no inert carrier gas is 
required. One of the limitations regarding screw reactors is that the 
residence time of the hot vapors is typically between 5 and 30 s, thereby 
promoting secondary vapor-phase reactions. Feed materials that are difficult 
to handle or have varying morphological characteristics can be accommo¬ 
dated in a screw reactor more practically than in fluid bed reactors 
(Bridgwater, 2012). ABRI-Tech (Canada) currently markets a 1-t/d and 
a 50-t/d process, and a 50-t/d unit is being constructed in the United States. 
Forschungszentrum Karlsruhe (Germany) has adapted a twin-screw reactor 
which has previously been used in the processing of shale oil, resulting in the 
construction of a 500-kg/h plant. Forschungszentrum Karlsruhe produces a 
slurry of char and bio-oil with the aim of feeding the slurry to an entrained- 
flow gasifier (Venderbosch and Prins, 2010). 

7 . 7.6 Rotating cone reactor 

The rotating cone reactor employs ablative pyrolysis with the addition of hot 
sand particles to enhance heat transfer. A mixture of biomass (with diameters 
of up to 10 mm) and hot sand enter near the bottom of an inverted cone 
which rotates at sufficient speed (up to 600 rpm) to carry the solids upward 
by the centrifugal forces generated during rotation. This is shown in 
Fig. 2.15. The sand and char that are produced within the reactor are trans¬ 
ported to a combustion reactor where the char is burnt off and hot sand is 
returned to the pyrolysis reactor. The absence of a carrier gas simplifies 



Figure 2.15 Rotating cone reactor (Saidur et al., 201 1). 
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bio-oil condensation and bio-oil yields are approximately 70 wt% when using 
wood as a feed material. The rotating cone reactor was initially developed by 
Twente University (The Netherlands) at a scale of 20 kg/h (Wagenaar et al., 
1994). Thereafter, the rotating cone reactor was developed further by Biomass 
Technology Group (The Netherlands), initially scaling up the reactor to 
50 kg/h and then to 250 kg/h. The development culminated in a 50-t/d 
pyrolysis plant which was built for Genting Bio-oil (Malaysia) and operated 
on a feed of empty fruit bunches (a waste material from the palm oil industry). 
It has also been planned to construct another commercial scale unit (5 t/h) in 
Hengelo, The Netherlands (Venderbosch and Prins, 2010). 

7.2. Slow pyrolysis reactors 

The aim of slow pyrolysis reactors is to produce char at moderate temper¬ 
atures and extended reaction times (in the order of a few hours or longer). 

7.2.7 Kilns 

Kilns are reactors where the heat required for pyrolysis is generated within 
the reactor and where the heat is transferred directly to the remaining bio¬ 
mass. Pit and mound kilns are the most simplistic and primitive forms of slow 
pyrolysis reactors used for the batchwise production of charcoal. This pro¬ 
cess involves the initial combustion of a fraction of the biomass in a pit or a 
mound to generate heat. Once sufficient heat has been generated, the pit or 
mound is sealed with soil and the remaining biomass is allowed to pyrolyze 
in the oxygen-free environment. A Casamance mound kiln, which incor¬ 
porates a chimney to generate a draught, thereby directing the flow of hot 
vapors within the kiln and improving heat transfer, is depicted in Fig. 2.16. 

The minimal infrastructure required to create such kilns allows the kilns 
to be constructed close to the biomass source at low capital costs. More 
advanced kilns are based on the construction of more permanent structures 
made from brick (beehive kilns) or reinforced concrete (Missouri kilns) to 
contain the pyrolysis reactions. Performing the slow pyrolysis reaction in 
fixed structures has the benefit of providing improved thermal insulation 
and reducing the possibility of air leakages into the biomass bed which is 
a typical problem when using pit and mound kilns. 

The transfer of heat from the combusting biomass to the remaining bio¬ 
mass is inefficient, and it is not uncommon for significant quantities of the 
biomass feed to be either unreacted or completely burnt to ash. The extent 
of the pyrolysis is estimated by gauging the density and the color of the 
smoke that exits the kiln, and therefore, operator competence is vital in 
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Figure 2.16 Casamance Mound Kiln (Schenkel et al., 1998). 


ensuring good char yields. The nature of the smoke indicates the temperature 
within the kiln which in turn indicates when the flow of air into the kiln 
should be stopped. Thick white smoke leaves the kiln during the initial re¬ 
moval of moisture and is observable up to temperatures of 250 °C. This is 
followed by gray smoke (250—300 °C), minimal smoke (300—350 °C), and 
thin blue smoke (350—410 °C) (Kandpal and Maheshwari, 1993). Reaction 
times can vary from a few hours up to 30 days and batch sizes can be very large 
(containing up to 28 t of feed) due to cheap construction. The use of kilns is 
prevalent in the “third world” countries where biomass and labor are relatively 
cheaper in comparison with capital (Food and Agriculture Organization of the 
United Nations, 1987) . The contamination of the charcoal with sand and mud 
is also possible depending on how the kilns are sealed and how the product 
charcoal is handled. Another disadvantage of kilns is that the release of the 
smoke directly to the atmosphere can violate emissions regulations and pose 
health risks to the workers operating the kilns, as has been the case for Missouri 
kilns in the United States. The batchwise operation of the kilns means that the 
composition of the flue gas varies with time, thereby hindering the capture of 
condensable vapors. One of the advantages of kilns is that they can handle 
large size ranges and this greatly reduces the amount of feed preparation that 
is required before pyrolysis. A typical charcoal yield for a Missouri kiln is be¬ 
tween 20% and 30% (Antal and Gronli, 2003). 


7.2.2 Retorts 

Retorts operate differently to kilns in that the heat required to drive the py¬ 
rolysis reactions is generated outside of the pyrolysis vessel, and this heat is 
then transferred either directly (injecting the hot gas into the reactor) or 
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indirectly (transferring heat across the reactor wall) to the biomass within the 
retort. Due to the improved utilization of heat and the fact that the 
remaining solid char does not come into contact with oxygen within retort 
systems, the char yields that are attainable are typically slightly higher 
(30—33%) than those of kilns (20—30%). Retorts were used within the wood 
distillation industry where the focus was on the recovery of the chemicals 
that are present within the vapors generated during pyrolysis. The separation 
of the pyrolysis gases from the remaining biomass bulk allows the extraction 
of chemicals such as methanol, acetic acid, and acetone (Food and 
Agriculture Organization of the United Nations, 1985). As these products 
could be produced within the petrochemical industry at lower costs, the 
wood distillation industry has declined since the 1930s (Demirba§, 2001). 

Early batch retorts consisted of sealed metal containers that were placed 
into wood or coal-fired furnaces. As the pyrolysis vapors that are generated 
near the completion of the slow pyrolysis reactions have a significant heating 
value, the batch process was improved by burning the pyrolysis vapors to pro¬ 
vide the heat needed in integrated, multiple-batch retort processes. A simple, 
integrated system such as a Van Marion Retort, which consists of two batch 
reactors sharing a common combustion zone for the combustion of vapors, is 
able to achieve a charcoal yield of 30—32% (Antal and Gronli, 2003). 

Other improvements, such as the Arkansas retort, included the use of 
steel wagons to move the biomass into and out of the retort as efficiently 
as possible, thereby increasing the throughput and efficiency of the process. 
Heat is transferred across the surface of the retort to the fixed bed of biomass 
in the wagon. Arkansas retorts were effective in pyrolyzing the required bio¬ 
mass but exposure to the corrosive environment and high temperatures 
meant that the maintenance of the wagons and the retorts became a major 
limitation. An advantage of the Arkansas retort was that the size of the bio¬ 
mass used can vary significantly (incorporating logs of up to 1.2 m in length 
and up to 12 cm in diameter), thereby reducing feed preparation require¬ 
ments in comparison with the Reichert retort mentioned below. Addition¬ 
ally, the loss of charcoal through the production of fine particles is relatively 
small if the operating personnel is competent and total charcoal yields could 
be as high as 33% at feed rates of over 3000 t of dry wood per year (Food and 
Agriculture Organization of the United Nations, 1985). 

The next step in the development of batchwise, retort-based, slow pyrol¬ 
ysis processes was the Reichert retort process developed by Evonik (previ¬ 
ously Degussa, Germany) which is based on direct heating of the biomass 
to drive the pyrolysis reactions as shown in Fig. 2.17. The indirect transfer 
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Figure 2.17 Reichert retort process (Food and Agriculture Organization of the United 
Nations, 1985). 1. Large space retort, 2. tar stripper, 3. water cooler, 4. scrubber for 
residual gas, 5. combustion chamber and heat exchanger, 6. off-gas fan, 7. combustion 
air fan, 8. forced gas circulation fan, 9. dust collector, 10. wood preparation, 11. charging 
conveyor, 12. charcoal cooler, and 13. charcoal conveyor. 

of heat was the source of the mechanical problems experienced by Arkansas 
retorts and direct heating was seen as a method of avoiding these increased 
maintenance costs. The direct heating is achieved by passing combusted py¬ 
rolysis vapors (450—550 °C) vertically through a fixed bed of biomass con¬ 
sisting of wood logs that are approximately 30 cm long and 10 cm thick. 
Size reduction would be necessary to achieve such dimensions and to ensure 
thereby that the lumps of char can be removed from the retort by gravity after 
the 12—18 h needed to complete the pyrolysis reactions. Small pieces of wood 
should be avoided so that the pressure drop over the biomass bed does not 
restrict the flow of the hot gas. The combined pyrolysis vapors are cooled 
to remove condensable products, whereas the permanent gases are combusted 
to act as a source of heat for pyrolysis reactions. Multiple retorts are used so that 
the combusted offgas from one retort can be used to heat the biomass within 
the next retort. Charcoal plants based on the Reichert retort are still in oper¬ 
ation and run at capacities of up to 30,000 t of charcoal per year. The capital 
costs required for the installation of a Reichert process are known to be high 
but are still being operated by ProFagus (Germany) (Dahmen et al., 2010; 
Food and Agriculture Organization of the United Nations, 1985). 

The Lambiotte process is a continuous process based on the concept of a 
moving bed, which uses gravity to transfer the wood logs (30 cm in length, 
8 cm in diameter) through the reactor, as shown in Fig. 2.18. At the bottom 
of the retort, cold noncondensable pyrolysis gases (40 °C), which have not 
passed through the heater, absorb heat from the descending charcoal and 
transfer this heat upward toward unreacted biomass, thereby cooling the 
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Figure 2.18 Lambiotte Process (Lambiotte, 1942). (a) Retort, (b) inlet chamber, (c) char¬ 
coal outlet, (d) hot inert gas inlet, (e) cold inert gas inlet, (f) gaseous product outlet, (g) 
cooler, (h) separator, (i) scrubber, (j) condensate collector, (k) recycle fan, (I) purge line, 
(m) combined recycle line, (n) heater, (o) cold recycle line, and (v'~ 5 ) control valves. 

char product. Additional heat is introduced by feeding combusted pyrolysis 
gases (300—600 °C) just above the section where the carbonization reactions 
become exothermic in nature. The combined, hot gas flow is sufficient to 
drive the pyrolysis reactions. By manipulating the flow of the hot and cold 
gas streams, it is possible to achieve adequate control of the biomass bed 
while ensuring that the residence time of the pyrolysis vapors is not exces¬ 
sive, thereby preventing unwanted decomposition reactions. The combined 
gas that leaves the top of the retort is cooled from approximately 100 °C to 
recover condensable material while the remaining gases can be recycled to 
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the retort (Lambiotte, 1942). The recovery of heat from the charcoal prod¬ 
uct, in addition to the continuous operation of the Lambiotte process, 
ensures that thermal efficiencies are higher than that of other retort processes 
(Food and Agriculture Organization of the United Nations, 1985). The 
moisture content of the biomass feed material should be reduced to below 
30% to ensure that the process does not require energy from external fuel 
sources. The increased degree of automation that is required for the contin¬ 
uous process tends to increase capital requirements, whereas the labor re¬ 
quirements per ton of charcoal produced are reduced. Reported 
capacities of Lambiotte retorts are up to 12,000 t of charcoal per year 
(Dahmen et al., 2010). 

Lurgi (Germany) has also developed a continuous retort and this is in 
operation in Australia; however, specific details of the process were not 
available at the time of writing this book chapter. 

7.3. Torrefaction reactors 

Torrefaction attempts to produce a solid product with favorable properties 
in comparison with biomass at higher energetic efficiencies than slow pyrol¬ 
ysis processes. It should be noted that some of the information regarding the 
development of torrefaction technology was divergent and peer-reviewed 
references were not always available. Generally, technologies that have been 
patented but have not progressed to some level of commercialization have 
been excluded. 

7.3 .7 Screw reactors 

Screw reactors (sometimes referred to as auger reactors) are based on the 
principle of a rotating, helical screw which is used to continuously feed bio¬ 
mass through a heated tubular shell. The background behind this concept is 
given for fast pyrolysis reactors in Section 7.1.5. Generally, in the case of 
torrefaction, the heat transfer rates do not need to be as high as for fast py¬ 
rolysis. Although the heat transfer to the biomass bulk can be improved by 
radial mixing, it could be that the heat transfer within the biomass particles 
controls the overall heat transfer rate (Dahmen et al., 2010), thereby neces¬ 
sitating small particles for efficient heat transfer or larger reactors. Small par¬ 
ticles are also necessary to ensure the smooth passage of the biomass material 
through the screw reactor. The flow of the biomass and char particles 
through the reactor is controlled by manipulating the rotational frequency 
of the screw and the movement of biomass through the reactor may be ap¬ 
proximated as being plug flow. It has been noted that a degree of filling of 
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about 45% of the screw volume can result in a defined mass flow that is almost 
independent of the rheological properties of the granular biomass; however, 
particle mixing (and therefore also the transfer of heat from the reactor wall) 
remains poor under these conditions (Roedig and Klose, 2008). The fact that 
mechanical force is used to move the solid material is an advantage if the par¬ 
ticle dimensions and interparticular cohesion are such that the particles could 
cause blockages in gravity fed processes. Feed preparation would be an addi¬ 
tional cost if the feed material is not available with a suitable particle size dis¬ 
tribution. The heating of the reactor may also be done in stages with different 
sections of the screw reactor being raised to different temperatures and achiev¬ 
ing a controlled temperature profile, although this is more prevalent in small, 
lab-scale reactors that utilize electrical heating. 

The capacity ofindividual screw reactors is limited as increasing screw re¬ 
actor diameters reduce the ratio of heat transfer surface area to reactor volume 
when indirect heating is applied. Therefore, the benefits of economies of scale 
are poor in comparison with other pyrolysis and torrefaction reactor technol¬ 
ogies (Bergman and Kiel, 2005) . Large-scale processes would require multiple 
screw reactors operating in parallel. It has been estimated that the maximum 
production capacity for a single torrefaction line would be between 50,000 
and 60,000 t/y (Uslu et al., 2008). Smaller reactors can be incorporated into 
small processes which could be designed to be easily moved to the locations 
where biomass is available. This is a benefit when the biomass is not readily 
available at one, centralized location. An additional benefit of screw reactors 
is the ability to accommodate feeds with a wide range of morphological char¬ 
acteristics (from fine powder to lumpy, sticky, and fibrous materials), although 
screw reactors are not recommended for materials which have a tendency to 
foul the heat transfer surface (Waje et al., 2006). 

Particle size reduction might be necessary in order to feed the screw 
effectively. The small size of the char particles that are produced (either 
from the small particles in the feed or through the attrition of larger par¬ 
ticles) could also necessitate briquetting or pelletization, depending on end- 
user requirements. Pelletization has also been shown to increase the volu¬ 
metric energy density of torrefied biomass, and this would have a beneficial 
effect on the cost of downstream logistics (Uslu et al., 2008). Pechiney 
(France) operated a torrefaction process based on a screw reactor with a 
production capacity of 12,000 t of torrefied biomass per year using wood 
as feed material. The plant was decommissioned in the 1990s due to eco¬ 
nomic reasons involving energy losses during the cutting and sieving of the 
biomass feed (Bergman and Kiel, 2005). It has also been reported that screw 
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reactors are currently being developed by BTG (The Netherlands), Biolake 
(The Netherlands), FoxCoal (The Netherlands), Agri-tech Producers 
(USA), and ETPC (Sweden) (Chew and Doshi, 2011; Kleinschmidt, 
2010 , 2011 ). 

7.3.2 Multiple/rotary hearth furnaces 

Rotary hearth furnaces, such as Wyssmont, Buell, or Herreshoff furnaces, 
are reactors which were developed for mineral processing and can accom¬ 
modate small feed particles with a range of morphological characteristics. 
These reactors consist of multiple of circular hearths (heated surfaces) which 
are stacked and rotate within an insulated outer shell, as shown in Fig. 2.19. 
The hearths rotate and the biomass, which enters the furnace at the top, 
moves over the top hearth and drops down to the subsequent hearth. 
Ploughs and rabble arms within the furnace are used to move and agitate 
the biomass as it moves downward from one hearth to the next. Similar 
to screw reactors, particle size reduction could be required depending on 
the feedstock. The fine charcoal product might also require pelletization 
or briquetting depending on end-user requirements. Multiple hearth fur¬ 
naces are currently being developed by CMI-NESA (Belgium) and 
Wyssmont (USA; Chew and Doshi, 2011; Kleinschmidt, 2010, 2011). A 
patent application has been made in the United States with Andritz 
(Germany) as assignee. This patent is based on the pressurized torrefaction 
of wood in a rotary hearth furnace where the increased pressure allows for a 
greater mass flow of hot gas into the reactor and increase heat transfer to the 
wood (Rawls et ah, 2012). 

7.3.3 Belt conveyor furnaces 

Belt conveyors can move biomass through a heated reaction zone. Multiple 
belts can be used where the biomass drops down from one belt to the next, 
thereby allowing for some mixing to take place. Other possibilities involve 
the use of oscillating conveyor belts where the oscillation allows for mixing 
while maintaining plug flow of the biomass through the reactor. The tech¬ 
nology of Stramproy is based on the oscillating conveyor belt and is report¬ 
edly used in their installation at the site in Steenwijk (The Netherlands). This 
facility is to provide 90,000 t/y of torrefied biomass to the Amercentrale 
power plant operated by Essent in the Netherlands. Although the agreement 
has been signed, the latest indication is that Stramproy has not yet started 
delivering torrefied biomass on a continuous basis. One of the benefits of 
such a reactor is that there should be little particle attrition and this would 
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Figure 2.19 Herreshoff rotary hearth furnace (Food and Agriculture Organization of the 
United Nations, 1985). 1. Air stack to cool central staff, 2. emergency by-pass stack, 
3. main exhaust stack, 4. induced draft fan, 5. air pollution controls, 6. center shaft drive, 
7. cooling fan for central shaft, 8. charcoal cooler, 9. out hearth, 10. in hearth, 11. rabble 
arm and teeth, 12. center shaft, and 13. feed conveyor. 


tend to reduce the production of fine material. This would make product 
handling easier and reduce explosion risks and product losses. As there is lim¬ 
ited contact between the gas phase and solid phase, it may be expected that 
the rates of heat and mass transfer from the bulk solid material passing on the 
conveyor belt would be reduced. If large biomass particles are available, it 
may be possible to overcome this by using belt conveyors that have some 
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small holes to allow the passage of the hot gas vertically through the bed of 
biomass moving horizontally through the reactor with care to ensure that 
the biomass particles are not blown off the conveyor belt. Since conveyor 
belts are commercially available, the use of a conveyor belt furnace could 
have cost advantages in comparison with more complicated reactors systems, 
but there might be limitations to the scaling up of the conveyor belt furnace 
and multiple parallel reactors could be required for high production rates. 
This technology is being developed by Stramproy Green Investments 
(The Netherlands) and Agri-Tech Producers (Chew and Doshi, 2011; 
Kleinschmidt, 2010, 2011). 

7.3.4 Rotary drum reactors 

Rotary drums are used for the heating of bulk solids. In the case of a rotary 
kiln, the heat that is required for the process is produced within the drum 
through the controlled combustion of a fuel within the rotary drum. In con¬ 
trast, rotary retorts operate based on heat being transferred (either directly or 
indirectly) to the drum from an external source. The biomass passes through 
the inclined, horizontal, rotating drum under the force of gravity on a con¬ 
tinuous basis. This type of reactor could have an advantage over a screw re¬ 
actor in that the heat transfer is not limited by the surface area of the rotary 
drum if direct heating is applied. This type of reactor would also have an 
advantage over moving bed reactors in that small particles could be 
employed without the risk of excessive pressure drop occurring when 
combusted gases are circulated. Possible drawback of such a process is that 
some backmixing within the largely plug flow operation could occur. 
Excessive attrition between char particles could also lead to the production 
of excessive char fines that would either require briquetting or could be 
entrained with the gases leaving the rotary drum, thereby creating a process 
safety risk. An example of a comparable industrial application is the use of a 
rotary retort for the pyrolysis of particulate oil shale in the Galoter process, 
although this process is more focused on the pyrolysis vapors than the solid 
residue (coke). The maximum production capacity of this reactor concept 
is estimated to be 5 t/h (van der Stelt, 2010). It has been stated that the 
application of a “rotating drum” reactor for torrefaction is being developed 
by TorrCoal (The Netherlands) which can operate at a capacity of 
35,000 t of torrefied biomass per year (Brouwers, 2011). Other groups 
developing rotary drum reactors are EBES (Austria), 4Energy Invest 
(Belgium), and BioEndev/ETPC (Sweden) (Chew and Doshi, 2011; 
Kleinschmidt, 2010, 2011). 
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7.3.5 Toroidal fluidized bed reactors 

A toroidal, dilute-phase, fluidized bed reactor has been developed by 
Torftech (United Kingdom) and the application of this technology on 
the torrefaction of biomass is being undertaken by Topell Energy (The 
Netherlands) (Chew and Doshi, 2011; van der Stelt, 2010). The first tor¬ 
refied biomass should have been produced and delivered to the Essent power 
plant in Geertruidenberg (The Netherlands) during the beginning of 2011 
(Topell Energy, 2010), but no confirmation of this could be found. In the 
toroidal fluidized bed reactor, heat is directly transferred to the biomass by 
hot combustion gas which enters the cylindrical reactor at the bottom and 
which passes through angled blades. The velocity of the gas increases on 
passing through the blades and is directed in such a way that a toroidal vortex 
is formed which fluidizes and mixes the biomass particles within the reactor. 
The high gas flow rates and the thorough mixing allow for efficient heat 
transfer to the biomass particles which enter the reactor from above. Large 
particles leave the reactor by passing radially out of the fluidized region 
where the particles drop to the discharge point. Fine particles are entrained 
with the gas flow and leave the top of the reactor to be collected by a gas 
cyclone (Shu et al., 2000). This reactor has the benefit of having high heat 
and mass transfer rates but this will not be advantageous for large particles 
where the overall reaction progress is limited by heat transfer within the par¬ 
ticle rather than from the gas to the biomass particle. The configuration of a 
toroidal fluidized bed reactor is given in Fig. 2.20. 

7.3.6 Moving bed reactors 

ECN (The Netherlands) is developing a moving bed reactor for torrefaction 
application within their “BCB” process which also incorporates pelletization 
as a means to increase the energy density of the final torrefied biomass. Bio¬ 
mass enters the top of a vertical reactor and the bed descends as torrefied 
biomass is continuously removed from the bottom of the reactor. The bio¬ 
mass is directly heated by recirculating the gases and vapors that are produced 
during torrefaction. It is foreseeable that excessive pressure drop could be 
encountered if the size of the particles in the reactor is too small. Excess gases 
and vapors are combusted. In the process proposed by ECN, the combusted 
gases and vapors are then used to indirectly heat a recirculating gas stream 
and also to dry the biomass feed. The biomass does not therefore come into 
contact with combusted gases. The justification for the moving bed design is 
based on the benefits oflow cost and high throughput. It is envisaged that the 
moving bed reactor technology will be used as the basis for a plant producing 
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Figure 2.20 Toroidal fluidized bed reactor (Shu et al., 2000). 


70,000 t of “B0 2 ” pellets per year, although it is estimated that designs based 
on this type of reactor technology could range from 60,000 to 100,000 t of 
pellets per year (Kiel et al., 2008). 

In addition to ECN, a moving bed reactor (TORSPYD reactor) is also 
being developed by Thermya (France) for the production of torrefied bio¬ 
mass (Bio-Coal). This process requires the biomass to be crushed before 
torrefaction at temperatures that are typically below 250 °C. The hot gas, 
which drives the torrefaction reactions, passes upward through the des¬ 
cending bed, thereby achieving counter-current flow. The modeling of a 
2.8-t/h TORSPYD reactor has indicated that, at the low temperatures used, 
biomass degradation reactions only take place in the bottom 7% of the re¬ 
actor volume, whereas the rest of the reactor volume is necessary for the 
heating and drying processes. The biomass is assumed to have 20 wt% initial 
moisture content (Ratte et al., 2011). An industrial scale process, with a 
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production capacity of 20,000 t/y, has been constructed by Thermya for 
LMK Energy in Mazingarbe (France). At the time of writing, this process 
was reported to be starting commissioning and the possibility of increasing 
the capacity to 60,000 t/y was under consideration (Chew and Doshi, 2011; 
Kleinschmidt, 2010, 2011; Thermya—Energy, 2011). 

7.3.7 Microwave reactors 

A process has been developed whereby microwave radiation provides the 
required energy for torrefaction. This process is said to be under develop¬ 
ment by Rotawave (United Kingdom); however, the indications of the state 
of development and the details surrounding the process are limited 
(Rotawave Ltd., 2011). Information regarding microwave torrefaction is 
available through issued patents which report that the torrefaction should 
be performed through a combination of conventional thermal heating to 
reduce the moisture to 3% after which microwave radiation (3—8 GHz) 
can be used to heat the biomass to achieve a necessary torrefaction temper¬ 
ature of 280 °C. The benefit of using microwaves is that the heating can be 
controlled more accurately and the biomass bed can be heated uniformly, 
thereby avoiding temperatures where possible exothermic pyrolysis reac¬ 
tions are initiated. The limitations in the thermal diffusivity of biomass ma¬ 
terial can be overcome through the use of microwaves. Pelletization is also 
incorporated to improve the energy density and material-handling proper¬ 
ties of the torrefied biomass (Grassi, 2011). The perceived benefit in im¬ 
proved heating efficiency would need to surpass the additional costs of 
such a system before this type of reactor technology becomes preferable over 
simpler alternatives. 



8. CONCLUSIONS 


U Biomass is a sustainable source of solid fuel. Pyrolysis and torrefaction 
of biomass may be employed to yield varying amounts of gaseous, liquid, and 


solid products that are of interest for downstream applications. In the case of 


fast pyrolysis, liquid bio-oil is the desired product and its yield is maximized 
by conversion at temperatures close to 500 °C and short vapor residence 
times. The composition of the bio-oil may be manipulated to a certain de¬ 
gree with the appropriate selection of process conditions, the application of 
catalysts and methods such as fractional condensation. The ease of handling 
liquids and the increased volumetric energy density of bio-oil in relation to 
biomass are some of the reasons that bio-oil could be seen as a more useful 
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energy carrier than biomass. The bio-oil may be utilized as a fuel or be 
processed further to produce chemicals where its use as a food flavorant is 
established. A commodity bio-oil does not yet exist as potential customers 
have limited material for testing and this in turn results in producers not 
being able to scale up their processes to the level where bulk bio-oil can 
become commercially available as a commodity fuel. 

The aim of both slow pyrolysis and torrefaction is to maximize the yield 
of the solid product. The improved properties of the torrefied biomass and 
char, produced by torrefaction and slow pyrolysis, respectively, include in¬ 
creased energy density, hydrophobicity, grindability, and reduced biode¬ 
gradability when compared to the initial biomass feed, thereby allowing 
for cheaper transport, handling and processing of the torrefied biomass or 
char. Other applications of char include use as a soil amendment or as an 
adsorbent (activated carbon) after undergoing an activation step. Slow py¬ 
rolysis is an established technology and the range of suitable reactors varies 
from very simplistic batch kilns to automated, continuous processes. Plen¬ 
tiful, cheap biomass (or a reduced need for high product yields) and relatively 
cheap labor costs (in comparison with capital costs) tend to favor the sim¬ 
plistic reactors whereas the opposite is true for the complex automated pro¬ 
cesses such as the Reichert retort and the Lambiotte process. Torrefaction is 
a process where significant recent development has been taking place. Tech¬ 
nology developers are in the process of commercializing their torrefaction 
processes. Some contracts with industrial electricity providers have been 
signed although, at the time of writing this chapter no evidence of contin¬ 
uous operation of any of the torrefaction plants was found. The develop¬ 
ment of a variety of torrefaction reactors (screw reactors, multiple hearth 
furnaces, conveyor belt furnaces, rotary drum reactors, toroidal fluidized 
bed reactors, moving bed reactors, and microwave reactors) indicates that 
there is no certainty in which technology has the advantage. 

The majority of the pyrolysis reactors are focused on the conversion of 
wood as a feedstock which is simplified by the homogeneity that may be 
associated with woody biomass. The incorporation of other feed streams 
such as energy crops, agricultural residues, food waste, and industrial waste 
may be attractive due to reduced costs but will tend to complicate the 
torrefaction process. The economic feasibility of a commercial pyrolysis 
or torrefaction process is influenced by the suitability of the chosen reactor. 

The appropriate design of a reactor depends on the highly variable prop¬ 
erties of the biomass feed (including the biological composition, moisture 
content, ash content, and biomass particle morphology), the required 
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reaction conditions (temperature, pressure, and reaction time), and the product 
requirements from the end user (particle size distribution, ash content, and 
moisture content). From the indications of the results available in the literature, 
the critical considerations for reactor design are the reaction kinetics (of which 
numerous models are presented) and the heat transfer to and within the parti¬ 
cles. Through the incorporation of additional processes such as grinding, 
drying, and mineral leaching of the biomass feed and p elletization or briquetting 
of the product, the gap between biomass feedstock and a usable product may be 
bridged, although these additional steps all have cost implications. 

Many facets of chemical engineering are of importance to pyrolysis and 
torrefaction processes. In the case of fast pyrolysis, the efficient transfer of 
heat is necessary to ensure that the biomass can achieve the reaction temper¬ 
ature rapidly and that the vapors spend a minimal amount of time at these 
conditions. The reaction models will always be a gross simplification of 
the true chemical reactions that are involved but these models still need re¬ 
finement to account for the effects of catalysis and to further understand the 
secondary vapor-phase reactions. An accurate, combined reaction kinetic 
and heat transfer model would reduce the technical risks of scaling up of 
bench-scale fast pyrolysis units. A refinement of the bio-oil analysis tech¬ 
niques would also be of great value, since almost half the compounds present 
in bio-oil cannot be identified by current gas chromatography. In the cases 
of slow pyrolysis and torrefaction, an intimate understanding of the transfer 
of heat to the surface of the biomass particle and then through the particles 
themselves is needed so that it can be ensured that the required extent of 
pyrolysis is achieved. The processing of the char or torrefied biomass by 
means of grinding, briquetting, and pelletization is understood on a largely 
empirical level and any fundamental insight into these processes would allow 
for greater confidence in their design. Over and above the importance of 
chemical engineering to the pyrolysis and torrefaction processes, attention 
should also be given to the application of the products. New and innovative 
niche applications would assist in the commercialization of these technolo¬ 
gies, thereby creating a footing from which the production of bulk energy 
carriers would be a step closer. 
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Abstract 

This chapter deals with some important aspects of deoxygenation of triglycerides that 
has become a new refining technology. After the introduction of basics of deoxygen¬ 
ation chemistry, the thermodynamic aspects of deoxygenation are discussed. Then hy¬ 
drodynamics in conventional hydrotreaters is compared with the deoxygenation 
system, and predictions on the vegetable oils deoxygenation are made. Kinetics of tri¬ 
glyceride deoxygenation reactions including kinetics of the individual reaction steps 
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involved are discussed for the system CoMo on alumina. Next factors influencing cat¬ 
alyst deactivation, particularly those related to feedstock, are analyzed. Finally, commer¬ 
cial, available deoxygenation technologies are overviewed. The attention is focused on 
both stand-alone and coprocessing technologies. 


LIST OF SYMBOLS 
A. LATIN LETTERS 

A pre-exponential factor of reaction, dimension depends on the reaction 

Bo Bodenstein number 

c concentration, mol/m 3 

c p specific heat capacity, J/kg/K 

Ch 2 concentration of hydrogen, kmol/m 

Cs concentration of liquid substrate, kmol/m 3 

C concentration, wt% 

d p diameter of the catalyst particles, mm 

dpi diameter of inert fines, mm 

D diameter of the reactor, m 

Dj substance diffusivity, m 2 /s 

E activation energy of reaction, J/mol 

A H r heat of reaction, kj/mol 

k kinetic constant of reaction, dimension depends on the reaction 
kc mass transfer coefficient, m/s 
L length of the bed, m 
n reaction order to substrate, 1 
P pressure, MPa 
Q volumetric flow rate, m 3 /s 
Q m mass flow rate, kg/h 
r reaction rate, mol/s/m 3 
R universal gas constant, 8.31434 J/mol/K 
t time, s 

T temperature, K 
U linear velocity of the fluid, m/s 
V volume, m 3 
W mass of catalyst, kg 
X conversion level, 1 


B. GREEK LETTERS 

e bed voidage, 1 
A heat conductivity, J/m/K/s 
/x dynamic viscosity, Pa s 
v kinematic viscosity, mm 2 /s 
p density, kg/m 3 
(t surface tension, mN/m 



Hydrotreating of Triglyceride-Based Feedstocks in Refineries 


143 


C. SUBSCRIPTS AND SUPERSCRIPTS 


calc calculation 
cat catalyst 
exp experimental 
G gas 

i index of reaction 
j index of substance 
L liquid 
s solid phase 
wt weight 


ABBREVIATIONS 

AGO atmospheric gas oil 
LGO lite gas oil 
RO rapeseed oil 



1. INTRODUCTION 


^ Several reasons can be identified for the recent interest in automotive 
fuels derived from renewable energy resources. The major ones include (i) 
the limited reserves of petroleum that could be replaced, at least partially, by 
renewable feedstocks; (ii) the national security, as the main petroleum re¬ 
serves are found in politically unstable regions; (iii) the increased awareness 
of climate changes that have been attributed to the increasing atmospheric 
concentrations of CO 2 due to the ever-increasing consumption of fossil 
fuels; and (iv) the support of rural areas in Western countries aimed at 
supporting employment and cultural landscape in the areas (Kubickova 
and Kubicka, 2010; Schaub and Vetter, 2008). 

Consequently, a fast development and commercialization of two large- 
scale biofuel production technologies, namely, bioethanol and fatty acid 
methyl esters (FAME) production, have followed to satisfy the current de¬ 
mand for biofuels, that is, automotive fuels derived from renewable energy 
resources. Bioethanol is produced typically from sugar cane (Brazil), corn 
(United States), and wheat and sugar beet (Europe) and is consumed 
in gasoline-driven cars. There are two common alternatives: (i) gas¬ 
oline—bioethanol blends with up to 10 vol.% of ethanol that can be used 
in the standard spark-ignition engines and (ii) ethanol-based fuels containing 
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typically 70—90 vol.% of ethanol, which require specially modified engines 
(the so-called flexi fuel vehicles; Kubickova and Kubicka, 2011). 

FAME (biodiesel) is produced by transesterification of vegetable oils 
(VOs) with methanol as an alternative fuel for compression-ignition engines. 
It is used either as a blending component of the standard diesel (in volumetric 
concentrations up to 7% or 10%) or as a stand-alone fuel that requires that a 
car is equipped with a modified compression-ignition engine. The recogni¬ 
tion that transesterification of VOs yields a diesel fuel having significantly 
better fuel properties than neat VOs led to the spread of this technology. 
Biodiesel provides some benefits in comparison with conventional diesel fuel. 
These include its biodegradability and better lubricity that allows reducing 
the amount of added diesel lubricity additives. On the other hand, there 
are some disadvantages connected to the use of biodiesel (Kubickova and 
Kubicka, 2011). 

From the refining perspective, both technologies are rather agriculturally 
based technologies and the refiners have to purchase these products to blend 
them as it is required by the legislation in many European countries. More¬ 
over, neither bioethanol nor biodiesel is fully compatible with the current 
hydrocarbon fuels and existing engine technologies. It seems, thus, only log¬ 
ical that there is a demand for alternative refining technologies. As a result, 
renewable (green) diesel has become, in the recent years, a viable alternative 
to the conventional biodiesel. The renewable diesel concept is based on a 
fundamentally different approach than production of biodiesel even though 
it uses the same feedstock. In contrast to biodiesel production, which is based 
on mere reduction of the molecular weight of triglycerides due to their trans¬ 
esterification with methanol and leads to modification of physical properties 
while keeping chemical properties intact, renewable diesel production is based 
on modification of chemical as well as physical properties. Consequently, the 
renewable diesel is much closer in terms of chemical composition as well as 
fuel properties to the conventional diesel fuel than biodiesel. 

The relevant issues pertaining, in particular, to the accomplishment of 
catalytic transformation of triglycerides into a mixture of hydrocarbons 
being suitable as diesel fuel blending components have been addressed by 
several authors over the past 5 years (Kubicka, 2008; Kubickova and 
Kubicka, 2010, 2011; Lestari et al., 2009; Murzin et al., 2012). While the 
fundamental aspects of deoxygenation chemistry have been covered in these 
reviews in detail, a view focused on chemical engineering aspects of deox¬ 
ygenation including an overview of commercial applications is still missing. 
Thus, the aim of this review is to address the most important issues relevant 
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to commercialization of deoxygenation technologies. After a brief summary 
of the main aspects of deoxygenation chemistry, the next chapters will be 
devoted to thermodynamics, hydrodynamics, and kinetics of triglyceride 
deoxygenation. Then deactivation aspects will be discussed, and the final 
part will be focused on the existing commercial technologies and their most 
salient features. In particular, the advantages and disadvantages of the two 
basic concepts, namely, stand-alone processing of triglycerides and cop¬ 
rocessing of triglycerides with petroleum fractions in existing or modified 
hydrotreating units, will be analyzed. 



2. BASICS OF DEOXYGENATION CHEMISTRY 


The production of renewable diesel is based on the conversion of tri¬ 
glycerides into hydrocarbons, that is, on the complete deoxygenation. 
Reflecting the nature of carbon—oxygen bonds in triglycerides, deoxygen¬ 
ation can proceed via several different reaction routes which take place 
either in the presence or in the absence of hydrogen. The method utilizing 
hydrogen is, in fact, more common. It secures a stable catalytic activity, and 
it is hence used in the commercialized deoxygenation technologies. Several 
deoxygenation pathways have been reported in the presence of hydrogen 
(Huber et al., 2007; Kubicka and Kaluza, 2010; Kubickova and Kubicka, 
2010; Laurent and Delmon, 1994a). They have been classified as hydro¬ 
deoxygenation (HDO), (hydro)decarboxylation, and decarbonylation. 

HDO can be described as a total hydrogenation that yields hydrocarbons 
and water as the only reaction products. All oxygen atoms are eliminated 
during HDO in the form of water. As all naturally occurring fatty acid moi¬ 
eties of triglycerides have an even number of carbon atoms, the resulting hy¬ 
drocarbons, except propane that originates from the glycerol backbone of 
triglycerides, have an even carbon number too (Kubicka and Kaluza, 
2010). In contrast, in (hydro)decarboxylation (HDC), any oxygen atom 
in triglycerides is eliminated as carbon dioxide. Consequently, only hydro¬ 
carbons with odd carbon atom numbers are formed from the fatty acid moi¬ 
eties. The prefix hydro- is sometimes used to stress that hydrogen is involved 
in the reaction. It has been proposed that hydrogen is needed to break the 
fatty acid moiety loose from the triglyceride. The released fatty acids 
undergo subsequent decarboxylation to yield hydrocarbon and C0 2 
(Kubicka and Kaluza, 2010). Both reaction pathways are schematically 
depicted in Fig. 3.1. 
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Figure 3.1 A schematic view on the transformation of triglycerides into hydrocarbons 
under hydrotreating conditions. Based on Kubicka (2008). 


In addition, decarbonylation has been proposed as a plausible reaction 
pathway as well (Huber et al., 2007). Unfortunately, the complex reaction 
network involving hydrogen, CO, CO 2 , water, and methane under typical 
deoxygenation reaction conditions makes it difficult, if not impossible, to 
provide an unequivocal evidence whether carbon oxides found in reaction 
products originate from decarboxylation and subsequent hydrogenation of 
carbon dioxide or decarbonylation or whether both decarboxylation and 
decarbonylation take place in parallel. 

The understanding of the deoxygenation reaction pathway is of immense 
practical importance as it determines the theoretical hydrogen consumption 
which is extremely important for any refining process. The reaction scheme 
(Fig. 3. 1) indicates that hydrodecarboxylation should be the preferred course 
of deoxygenation if hydrogen consumption was the only criterion. However, 
this would be true only if the secondary reactions, in particular, carbon dioxide 
hydrogenation to carbon monoxide and even methane, could be avoided. 
It can be easily seen that if all carbon dioxide formed was to be hydrogenated 
to afford methane the total hydrogen consumption of the HDC route would 
be larger than the total hydrogen consumption of the HDO path. Moreover, 
both reaction pathways differ in the carbon atom efficiency. While in HDO 
theoretically, only three carbon atoms per each triglyceride molecule are not 
recovered as liquid hydrocarbons, in HDC it is six carbon atoms. 

The occurrence of both reaction pathways is affected by catalytic system 
used as well as by the reaction conditions. For example, palladium on carbon 
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catalysts was shown to catalyze virtually and exclusively the hydro (decar¬ 
boxylation) pathway (Immer et al., 2010; Kubickova et al., 2005; Maier 
et al., 1982; Snare et al., 2006), while typical hydrotreating catalysts (sulfided 
NiMo, CoMo) provide both HDO and HDC products, that is, 
n-octadecane and H-heptadecane, respectively (Bezergianni et al., 2010a,b; 
Donnis et al., 2009; Kubicka, 2008; Kubicka and Kaluza, 2010; Kubicka 
et al., 2009, 2010; Mikulec et al., 2009; Priecel et al., 2011). The extent 
to which each of the pathways contributes to the overall deoxygenation de¬ 
pends on reaction conditions and catalyst composition. HDO was shown to 
be preferred over HDC at higher hydrogen pressures and lower reaction 
temperatures (Kubicka, 2008). The origin of this selectivity dependence will 
be discussed in Section 3. The role of the sulfided catalyst is an interesting 
one, too. It has been recently observed by Kubicka and Kaluza (2010) that 
sulfided nickel catalyst provided virtually and exclusively the HDC products, 
while sulfided molybdenum catalyst yielded almost solely HDO products. 
However, both sulfided catalysts were significantly less active than the sul¬ 
fided NiMo catalyst that afforded both HDC and HDO products. 

The experimental studies have demonstrated that milder reactions that 
typically used in hydrotreating of petroleum middle distillate fractions are 
sufficient to achieve complete deoxygenation of triglycerides. Over fresh 
sulfided catalysts, total conversion of triglycerides was obtained at as low 
temperatures as 280 °C at moderate hydrogen pressures (1-5 MPa; 
Donnis et al., 2009; Kubicka and Kaluza, 2010; Kubicka et al., 2010; 
Priecel et al., 2011). Similar reaction conditions were applied successfully 
also in the case of palladium catalysts (Immer et al., 2010; Kubickova 
et al., 2005; Simakova et al., 2009; Snare et al., 2006, 2008). As the aim 
of this chapter is to describe upgrading of triglycerides in a refinery, the dis¬ 
cussion will be focused mostly on sulfided hydrotreating catalysts that are the 
most likely ones to be used commercially. In fact, the available data on the 
already commercialized technologies indicate the use of hydrotreating 
catalysts. 



3. THERMODYNAMIC ASPECTS OF DEOXYGENATION 


Thermodynamic assessment of any reaction system is essential prior to 
any industrial application. While, nowadays, there are many different data¬ 
bases containing relevant thermodynamic data for a wide variety of reaction 
systems, the relevant data for deoxygenation of triglycerides have been until 
recently missing. Smejkal et al. (2009) have applied Joback’s contribution 
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method for the assessment of the relevant thermodynamic data of tristearate, 
which was chosen as a model compound representing triglycerides. Consid¬ 
ering that the majority of triglycerides in VOs are composed of Ci 8 fatty acid 
moieties and that hydrogenation of their double bonds is very facile at 
deoxygenation reaction conditions, tristearate seems to be an ideal model 
component to describe triglycerides. The applicability ofjoback’s contribu¬ 
tion method for estimating thermodynamic properties of tristearate was ver¬ 
ified on butyl stearate for which there are available data in commercial 
databases. Based on the very good agreement between these data and data 
estimated by Joback’s contribution method, it was argued that the method 
is suitable for the assessment of thermodynamic data of tristearate (Smejkal 
et al., 2009). 

The thermodynamic prediction for 7 MPa indicated that in the temper¬ 
ature range of 270—350 °C, which is relevant for total deoxygenation of 
triglycerides, w-octadecane is the thermodynamically preferred product. 
Its concentration was predicted to be in the range of 70—80%. This means 
that, at an elevated pressure of 7 MPa and high temperature, the HDO 
reaction is preferred over hydrodecarboxylation resulting in the formation 
of hydrocarbons having the same number of carbon atoms in their molecules 
as there were in the original fatty acid moieties (in case of tristearate it 
means »-octadecane). On the other hand, the relative importance of 
hydrodecarboxylation increases with the decreasing reaction pressure. For 
example, the decrease in reaction pressure from 7 to 0.7 MPa at a constant 
temperature of 310 °C results in a change in the predicted composition 
(based on thermodynamic data) from ca. 80/20 (Ci 8 /Ci 7 ) to about 55/45 
(C 18 /C 17 ; Smejkal et al., 2009). This can be attributed to the mole changes 
in the reaction system—during hydrodecarboxylation, the total number of 
moles in the system increases from 4 to 7, while during HDO, the total num¬ 
ber of moles in the system decreases from 13 to 10 (transformation of 1 mol of 
tristearate is considered). These results are in line with experimental obser¬ 
vations (Kubicka, 2008). 

The thermodynamic predictions showed that, in excess of hydrogen, 
H-octadecane should be the exclusive hydrocarbon product, which was 
not found experimentally. In order to account for the observed formation 
of «-heptadecane, the H 2 /oil ratio was varied until reasonable agreement 
with the experimental data was found, which was at the value of H 2 /oil ratio 
equal to 7. It was thus suggested that under the reaction conditions, the 
reaction was limited by hydrogen diffusion to the active sites, that is, by hy¬ 
drogen mass transfer through the stagnant liquid film formed by reactants 
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and/or products on the outer surface of catalyst particles (Smejkal et al., 
2009). Apart from the mass transfer limitations itself the availability of hy¬ 
drogen is negatively affected by the low solubility of hydrogen in VOs 
(Piqueras et al., 2008; Santacesaria et al., 1994; Schmidt and Schomacker, 
2007). A calculation confirming these previous reports is given below. 

From the practical point of view, heat of reaction is key information ob¬ 
tainable from thermodynamic data. Heat effects of chemical reactions influ¬ 
ence both reaction rates in the catalytic bed and operation conditions and 
engineering process design. Industrial high-capacity trickle-bed reactors 
which are preferentially used for hydrodesulphurization (HDS) treatment 
of crude oil distillates, as well as promising HDO of VOs, are considered 
to be adiabatic. This is due to the bad radial heat conductivity by contact 
points among particles of catalyst. Overheating of the catalytic bed that 
would follow could result in catalyst deactivation by excessive coking, unde¬ 
sired cracking of VO, and vaporization of reaction mixture. The most im¬ 
portant parameter that characterizes the heat effect during the reactor 
operation is the adiabatic temperature rise defined by the following 
equation: 

AT ad = f 0 (-AH)/(pc p ) [3.1] 

The practical meaning of this parameter is that it makes possible the as¬ 
sessment of the increase in temperature of the reaction mixture caused by 
chemical reaction carried out with 100% conversion. These conditions 
are common for both HDS and HDO processes. The most important pa¬ 
rameter ofEq. (3.1) is the value of reaction enthalpy at reaction temperature. 

There is a brief list of the main reactions relevant for deoxygenation and 
HDS, and their respective heats of reaction are given in Table 3.1. Heat of 
reaction was computed here at 280 °C using the process simulator Aspen 
Plus (AspenTech, 2011). 

From the comparison of the reaction heats of some reactions which can 
occur in HDO and HDS processes, presented in Table 3.1, it follows that all 
important reactions, except decarboxylation, produce thermal energy, that 
is, exothermic. Magnitudes of reaction heats are comparable for both HDO 
and HDS, but very high concentration of triglycerides in VOs in conjunc¬ 
tion with high heat of possible triglyceride hydrolysis poses an insuperable 
problem to operate HDO of pure VO in industrial scale trickle-bed reactors. 
The only practicable arrangement is to dilute VO to get proper adiabatic 
temperature rise, and/or to coprocess VO together with crude oil fractions 
by HDS process. 
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Table 3.1 Heat of selected reactions characteristic for deoxygenation and 
hydrodesulphurization at 280 °C 

Reaction ID Reaction path 

(AH r ) 2 8o°c 

(kJ/mol) 

Hydrolysis 

Glyceryl oleate —* oleic acid and glycerol 

-176.3 

Saturation 

Oleic acid—> stearic acid 

-53.8 

HDO 

Stearic acid—► K-octadecanol and water 

-65.8 

HDO 

Stearic acid —> n-octadecane and water 

-178.5 

Decarboxylation Stearic acid—> «-heptadecane and carbon dioxide 

+ 18.8 

HDS 

Thiophene —> w-butane and hydrogen sulfide 

-262.3 

HDS 

Benzothiophene—> ethylbenzene and hydrogen sulfide 

-159.1 

HDS 

Dibenzothiophene —> biphenyl and hydrogen sulfide 

-124.8 

HDN 

Quinoline —► H-propylbenzene and ammonia 

-245.5 



4. HYDRODYNAMICS ASPECTS 


^ Catalytic deoxygenation of VOs in refineries resembles much cata¬ 
lytic hydroprocessing of middle distillates obtained by crude oil fraction¬ 
ation, namely, atmospheric gas oil (AGO) HDS. The principal issue that 
needs to be addressed is focused on scale-up of laboratory kinetic data 
to full industrial scale process. The crucial task in evaluation of reaction 
kinetics parameters is to eliminate the influence of both internal and exter¬ 
nal mass and heat transfer on kinetic results. On the other hand, produc¬ 
tivity and selectivity of industrial hydroprocessing reactors are frequently 
determined by hydrodynamics of flowing fluids. It is well known 
(Levenspiel, 1999) that reactor behavior is governed by four interrelated 
quantities. In process design, it is necessary to specify the input—known 
kinetics and flow pattern, and based on these data, it is possible to predict 
the output results. Mass transfer limitations caused by both internal diffu¬ 
sion in catalyst particles and external transport of hydrogen to surface of the 
catalyst can also be the reaction rate constraining features, that is, limiting 
the reactor productivity. 

To evaluate hydrodynamics and mass transfer conditions in a trickle-bed 
reactor, information about physical properties of used fluids needs to be 
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available in order to calculate flow and mass transfer criteria. Also the type of 
flow regime, such as trickling, pulsing, or spray flow, determines deviations 
from the plug flow caused by axial dispersion of fluids in fixed catalytic bed. 
Moreover, maldistribution of liquid velocities in the cross-section of the cat¬ 
alytic bed, catalyst bypassing as a result of wall flow, and uneven wetting of 
the outer surface of catalyst particles are important for trickle-bed reactor 
behavior. All these phenomena have a profound influence on the overall ef¬ 
fectiveness of the catalytic reactor. Therefore, in Section 4.1 , the key hydro¬ 
dynamic parameters of VOs and middle distillates will be compared in order 
to allow an assessment of VO deoxygenation in conventional hydrotreating 
reactors using hydrodesulfurization reactors as a benchmark. 

4.1. Flow characteristic of VOs and middle distillates 

A comparison of key physical properties (viscosity, density, and surface ten¬ 
sion) of VO (rapeseed oil) with petroleum middle distillates (AGO) is given 
in Table 3.2. It can be clearly seen that the main difference is in viscosity, 
which is 4—10 times higher for rapeseed oil than for AGO. The other 
parameters are also higher in the case of rapeseed oil, but only by 10% for 
density and 20—30% for surface tension. The presented values are at temper¬ 
atures where they can be obtained experimentally, which are significantly 
lower than the typical temperatures used during HDS and deoxygenation. 
Hence, the usual (Reid et ah, 2001) physical approximations of temperature 
dependence of physical properties were used to estimate these important 
physical properties under relevant reaction temperatures. Due to the differ¬ 
ence between common temperatures needed for deoxygenation (tempera¬ 
tures less than 300 °C are generally sufficient to achieve complete 
conversion) and for HDS process, which is operated at around 350 °C, 

Table 3.2 Comparison of important properties of middle distillate (AGO) and 
rapeseed oil (RSO) 


Physical property 

Unit 

Middle distillate 

Rapeseed oil 

Density, p(15 °C) 

kg/m 3 

844 

920 

Density, p (70 °C) 

kg/m 3 

806 

883 

Kin. viscosity, v(25 °C) 

mm"/s 

6.84 

62.14 

Kin. viscosity, v( 150 °C) 

nun 2 /s 

0.95 

3.98 

Surface tension, cr(40 °C) 

mN/m 

27 

33 

Surface tension, cr(85 °C) 

mN/m 

22.5 

29 
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the physical properties of middle distillate and rapeseed oil were extrapolated 
up to temperature of 300 °C. The approximations and the resulting esti¬ 
mates of physical properties calculated here for both feedstocks are presented 
in Table 3.2. 

The temperature dependence of kinematic viscosity can be approxi¬ 
mated by Eq. (3.2), using the values of the coefficients of the equation pres¬ 
ented in Table 3.3 that were determined here by fitting measured viscosities 
in the range of 25—150 °C (Fig. 3.2). 



ln(v) 

by 

=&i+-+^ 

[3.2] 

Table 3.3 The temperature 

Liquid 

dependence of kinematic viscosity: coefficients of Eq. (3.2) 

b-\ &2 ^3 

AGO 

1.1526 

-2299.4 

7.5524 x 10 5 

Rapeseed oil 

3.7084 

-3678 

1.1363 x 10 6 



Figure 3.2 Temperature dependence of kinematic viscosity of rapeseed oil (RSO) and 
middle distillate (AGO). 
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A comparison of the solution ofEq. (3.2) with experimental data is pres¬ 
ented in Fig. 3.2. Rapeseed oil has almost an order of magnitude higher vis¬ 
cosity than middle distillate in the experimental region which is also predicted 
for the extrapolated region. As a consequence, it can be expected that the 
flowing features of rapeseed oil will be worse in comparison with AGO. 

The temperature dependence of density can also be described by a poly¬ 
nomial expression given by Eq. (3.3). The coefficients of this equation are 
presented in Table 3.4 and were estimated by fitting the experimentally 
measured values in the range of 15—70 °C. The graphical comparison of ex¬ 
perimental data and prediction based on Eq. (3.3) for rapeseed oil and AGO is 
shown in Fig. 3.3. The higher density of rapeseed oil by approximately 10 % in 


Table 3.4 The temperature dependence of density: coefficients of Eq. (3.3) 
Liquid a^ (g/dm 3 ) a 2 (g/dm 3 K) o 3 (g/dm 3 K 2 ) 


AGO 

0.85442 

-0.00068484 

0 

Rapeseed oil 

0.93052 

-0.00069805 

2.3377 x 10“ 7 



Figure 3.3 Temperature dependence of density of rapeseed oil and middle distillate 
(AGO). 
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comparison with AGO, which was found at temperatures below 100 °C was 
also predicted by the Eq. (3.3) for 300 °C. Once again this will have an impact 
on the hydrodynamics of the hydrotreating system. 

p = fli + <72 T+ 43 T 2 [3-3] 

The surface tension data were adopted from the literature (Liift and 
Spicher, 2007) and subsequently were approximated using Eq. (3.4) pro¬ 
posed by Macleod (1923). This equation can be simplified into Eq. (3.5) 
with parameter 17 = 2.7354 for AGO and 2.6586 for rapeseed oil. The 
graphical representation of the surface tension temperature dependence is 
then given in Fig. 3.4. It demonstrates that similar to the other investigated 
physical properties, also estimated surface tension of rapeseed oil at 300 °C is 
higher than the surface tension of AGO. 

Mo 1 ! 4 r n 

const. =—-— 3.4 

p L —p 



T(° C) 


Figure 3.4 Temperature dependence of surface tension of rapeseed oil and middle dis¬ 
tillate (AGO). 
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In summary, the flow characteristics determining properties of rapeseed 
oil such as viscosity, density, and surface tension are less convenient in com¬ 
parison with those of middle distillate and hence more energy needs to be 
spent to transport VOs into the reactor. Furthermore, higher pressure drop 
along the trickle-bed reactor can also be expected for VOs deoxygenation in 
comparison with AGO hydrotreating. 

The driving force of the hydrogen liquid—solid mass transfer as well as of the 
reaction rate in porous catalysts is the concentration of hydrogen dissolved in 
the liquid phase reactants, here AGO and VO, respectively. Some data for 
hydrogen solubility in triglycerides could be found in the literature. For exam¬ 
ple, hydrogen solubility in soybean oil was reported by Fillion to follow 
Eq. (3.6) with parameters H 0 = 8.84 MPa niVkmoland AjE= — 5000 kj/kmol 
(Fillion and Morsi, 2000): 


HeH 2 = H 0 exp(-^) [3.6] 

The equilibrium hydrogen concentration (kmol/m 3 ) in rapeseed oil was 
given by Bern et al. (1975) and can be calculated according to Eq. (3.7) with 
P(MPa), T(K). Hydrogen solubility in light vacuum gas oil was reported in 
the literature (Cai et al., 2001) and allows to estimate hydrogen solubility in a 
petroleum fraction to be hydrotreated: 

C* = 0.203exp(——jP [3.7] 


Using the available data, solubility of hydrogen in both VOs and a 
petroleum fraction as a function of temperature was calculated here. The 
results are summarized in Fig. 3.5. It can be observed that while similar hy¬ 
drogen solubility is predicted for petroleum distillate and rapeseed oil, lower 
hydrogen solubility is predicted for soybean oil at 300 °C, which is the tem¬ 
perature used here to represent reaction conditions. 

Apart from hydrogen solubility which is comparable for VOs and gas oil 
fractions, hydrogen diffusivity in those liquids can play an important role as 
well. Hydrogen diffusivity in soybean oil was taken from the literature 
(Fillion and Morsi, 2000), while diffusivity in diesel was calculated using 
Wilke Chang equation for benzene as a model compound. The results 
are reported as a function of temperature in Fig. 3.6. Moreover, comparison 






Figure 3.5 Temperature dependence of hydrogen solubility in rapeseed and soybean 
oil and light vacuum gas oil. 



Figure 3.6 Temperature dependence of hydrogen diffusivity in soybean oil and middle 
distillate (AGO). 
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of triglyceride and hydrogen diffusivity in VO is also available in the liter¬ 
ature (Andersson et al., 1974). Hydrogen diffusivity in cottonseed oil at 
180 °C was 2.2 X 10~ 8 m 2 /s, whereas triglyceride diffusivity in the same 
oil was 100 times slower (1.8 x 10 10 to 4.2 X 10 10 m"/s at 131—192 °C, 
respectively). The higher hydrogen diffusivity in VOs as compared with 
middle distillate (Fig. 3.6) compensates its lower solubility in the same liquid, 
and the transport phenomena in VO and AGO can be estimated to be ap¬ 
proximately the same. 

4.2. Hydrodynamics and mass transfer in HDO 
and HDS reactors 

Continuous catalytic deoxygenation of VOs in trickle-bed reactors to the 
mixture of hydrocarbons (alkanes) is still performed and investigated more 
in laboratory and pilot scale than in industrial scale, which is contrary to 
HDS process with capacities exceeding 100 tons of fuel per hour in one re¬ 
actor. This was the reason to compare transport properties of laboratory 
HDO trickle-bed reactor with an industry scale HDS reactor. 

Parameters of the industrial trickle-bed reactor in Tables 3.5 and 3.6 
were adopted from the literature (Mary et al., 2009). Parameters and con¬ 
ditions of the laboratory HDO reactor were calculated here and correspond 
to the laboratory reactor conditions at 280 °C, used for HDO kinetics 
evaluation. 

A comparison of hydrodynamic conditions in a laboratory HDO reactor 
and an industry scale HDS trickle-bed reactor is presented in Table 3.6. The 
elimination of both external and internal mass transfer diffusion resistance is 
the key assumption to measure intrinsic kinetics in a laboratory reactor. 
Among the most important hydrodynamic phenomena, which strongly 
depend on the operating conditions, are catalyst wetting, liquid maldistribu¬ 
tion, axial dispersion, and gaseous reactant transfer. 

Incomplete catalyst utilization in a pilot reactor may occur especially in 
the trickle flow regime and can have two main causes. First is due to reactor- 
scale liquid maldistribution that may leave certain portions of the bed poorly 
irrigated by channeling and wall flow. A proper design of liquid distributors 
and/or sufficient layer of packing to reach equilibrium liquid distribution 
solve this obstacle. The other cause of incomplete catalyst utilization is 
particle-scale incomplete external wetting. This occurs at sufficiently low 
liquid mass velocity when the available liquid flow is insufficient to cover 
all the external surface of the catalyst particles with a continuous liquid film. 
Solution is to fill void space among catalyst particles by fine inert material to 
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Table 3.5 Operation parameters of trickle-bed reactors 

Reactor 

Parameter 

Laboratory 

Industrial (Mary 
et al., 2009) 

L, length of the bed (m) 

0.34 

5 

D, diameter of the reactor (m) 

0.017 

1.5 

d p , diameter of the catalyst particles (mm) 

0.25-0.5 

1.5 

d pi , diameter of inert fines (mm) 

0.1 

- 

Dilution of catalyst by inert ratio 
(mL in /mL cat ) 

1.5 

0 

Ul, velocity of the liquid (m/s) 

4 x 10 -5 

1 x 10 -3 

U G , velocity of the gas (m/s) 

5.5 x 10“ 2 

5x 10 -2 

Reaction type 

HDO 

HDS 

Flow regime 

Trickling 

downflow 

Trickling/ 
pulsing flow 

Type of catalyst 

NiMo/yAl 2 03 

NiMo/yAl 2 03 

Inert 

Silicon carbide 

- 

e, bed voidage 

0.3 

0.4 

T, temperature (°C) 

280 

327 

P, pressure (MPa) 

3.5 

3.5 

n, reaction order to substrate 

1 

1 

X, conversion level 

0.999 

0.999 

Ch,, concentration of hydrogen (mol/m 3 ) 

197 

230 

Cs, concentration of liquid substrate 
(kmol/m 3 ) 

2.68 

0.235 

/?l> density of the liquid (kg/m 3 ) 

753 

750 

Pq, density of the hydrogen (kg/m 3 ) 

5 

5 

ry L , dynamic viscosity of the liquid (Pa/s) 

16x10 -4 

5x 10 -4 

rj G , dynamic viscosity of gas (Pa/s) 

1 x 10“ 4 

1 x 10 -4 

E, activation energy (kj/mol) 

75 

100 

A H r , heat of reaction (kj/mol) 

- 

250 

Dh,, molar diffusivity in oil (m“/s) 

3.6 x 10“ 8 

1 x 10 -8 

D tg , molar diffusivity in oil (m 2 /s) 

3.6 x 10 -10 

- 
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Table 3.6 Comparison of hydrodynamic conditions of HDO and HDS (Mary et al., 2009) 

Conditions Criteria HDO HDS 


Catalyst-bed 

dilution 

J^inert/ ^cat 

1 

0 

Liquid 

maldistribution 

Wall effects 

D 

^- 25 

170-85 

500-25 


Channeling (nun) 

d„ 

dpi -10 

0.04 

0-0.3 

Axial dispersion 

dp Bo l \Cf / 

1771 

1667-789 

Wetting 

efficiency 

VlL } >5 x 10“ 6 

Pl dpg 

7.07 x 10“ 5 

7.55 x 10 -6 -5 x 1CT 6 

Limiting 
reactant gas 

AjbCbi ^ 1 

bD eA C* A 

0.14 

0.014 

Mass transfer 

Internal 

r(l - £ )(|) 3 

v 7 < 1 
D c C 

6 x10“ 5 - 
1 x 1CT 5 

1-0.315 


External 

4 x 1CT 3 

1 x 10“ 3 -4.2 x 10“ 5 


k 


ext cd 



r(l-e) 


decrease the bed porosity and increase liquid holdup by pseudostatic liquid 
lenses at particles contact points. 

The most reaction systems could be classified (Wu et ah, 1996) as being 
liquid- or gas reactant limited. The value of the ratio of the liquid reactant 
flux to the catalyst particle to the gas reactant flux to the catalyst particle de¬ 
lineates two categories. For value S> 1, the reaction can be considered as gas 
reactant rate limited, while values <C 1 mean that it is the liquid reactant that 
is rate limiting. For liquid-limited reactions, an upflow reactor should be 
preferred as it provides for complete catalyst wetting and for the fastest trans¬ 
port of the liquid reactant to the catalyst. For gas-limited reactions, 
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a downflow reactor, especially at partially wetted conditions, is to be pre¬ 
ferred as it facilitates the direct transport of the gaseous reactant to the catalyst 
by unwetted surface of catalyst particles. 

Magnitudes of parameters presented in Table 3.6 give evidence on ful¬ 
filling of criteria allowing to neglect external effects in the HDO kinetic re¬ 
sults, such as wall effects and channeling, axial dispersion and catalyst 
wetting, and both external and internal mass transfer. Due to the low triglyc¬ 
eride diffusivity in VOs and/or low sulphur compound concentration in 
middle distillates, both reactions HDO and HDS are liquid reactant limited. 
This means that complete wetting of catalyst surface is key presumption of 
full catalyst utilization. To guarantee it, dilution of catalyst by fine inert or 
high linear liquid flow velocity has to be used. 


>>5. KINETICS ASPECTS 

" Deoxygenation of triglycerides involves a very complex set of reac¬ 
tions carried out in liquid phase on heterogeneous catalysts by gaseous hy¬ 
drogen. In contrast to HDS, the concentration of liquid substrate is very 
high, due to the fact that the feed liquid consists almost exclusively of tri¬ 
glycerides. Consequently, also the necessary amount of hydrogen exceeds 
the amount needed for HDS. At high capacity operations in trickle-bed re¬ 
actors, kinetic models like Langmuir—Hinshelwood and Hougen—Watson 
are overshadowed by uncertainties in hydrodynamics, mass transfer effects 
and frequent catalyst deactivation. As a result, simple power law kinetics 
is often more useful to predict reactor behavior (Levenspiel, 1999). More¬ 
over, the underlying reaction network is developed on the basis of presumed 
reaction pathways. 

To evaluate a set of chemical reactions which represent only important 
changes in chemical composition, experiments with different intermediates 
were carried out. The above is the reason for choosing the first-order kinetic 
model to evaluate reaction rates of triglycerides deoxygenation and also to 
use oleyl alcohol, oleic acid, and oleyl oleate as original substrates in HDO 
experiments. Detailed description of catalytic activity measurements is pres¬ 
ented elsewhere (Kubicka and Kaluza, 2010). 

Catalytic tests were performed in a bench-scale trickle-bed reactor of 
17 mm inner diameter. Food grade rapeseed oil with the following concen¬ 
tration of important fatty acid moieties, oleic acid 62%; linoleic acid 20%; 
linolenic acid 9%; and stearic acid 3%, was used as a liquid feed, and refinery 
hydrogen gas (>99% purity) was used as a gas feed. The reactor was loaded 
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prior to the experiments with catalyst diluted by an inert (SiC) to ensure suf¬ 
ficient catalyst-bed length and to improve the reaction-heat transfer, liquid 
distribution, and catalyst wetting. The particle sizes of the catalyst and SiC 
were 0.25—0.5 mm and <0.1 mm, respectively. In the vertical axis of the 
reactor, a thermo-well of the outer diameter equal to 5 mm was located 
to ensure axial temperature profile measurement. The reaction temperature 
was set during the experiments in the range of 260—280 °C. The contact 
time of the liquid feed with the catalyst (V/F) was varied in the range of 
0.2-5 h by varying the catalyst mass (W) and rapeseed oil feed rate (Qm). 
The hydrogen-to-rapeseed oil molar ratio and hydrogen pressure were con¬ 
stant at 50 and 3.5 MPa, respectively. The liquid products (collected and sep¬ 
arated at 80 °C) were withdrawn after stabilization of reaction conditions (6 h) 
in 2 -h intervals and analyzed by off-line gas chromatography after separation 
of the water phase. The gas-phase products were collected once at every re¬ 
action condition and analyzed off-line using a standard three-column GC 
setup with flame ionization and thermal conductivity detectors enabling 
the detection of both permanent gases and hydrocarbons at the same time. 

5.1. Mechanism of triglycerides deoxygenation 

General lumped reaction pathway (Kubicka and Kaluza, 2010) incorporates 
hydrogenation of olefinic bond to saturated triglycerides and parallel 
hydrogenolysis and decarboxylation to alkanes and to stearic acid. Stearic 
acid also reacts to yield C 17 and Ci 8 alkanes and stearyl alcohol and also 
by consecutive way to stearyl stearate. The following part of chapter on ki¬ 
netics of rapeseed oil transformations and HDO of intermediates is adapted 
from the published data (Tukac et al., 2012). In Fig. 3.7, the reaction scheme 
of triglyceride deoxygenation (both unsaturated and saturated) to Ci 8 and 
C 17 alkanes, acids, and esters is presented. 

Chemical compounds involved in HDO reactions are specified in more 
detail in Table 3.7, together with their IUPAC name and CAS number. 

The activity of the catalysts in deoxygenation can be described by con¬ 
sidering at the conversion of triglycerides, that is, evaluating the rate of dis¬ 
appearance of triglycerides. The dependencies have been obtained by using 
the pseudo-first-order kinetics to fit the relevant experimental data for cat¬ 
alysts at three reaction temperatures. The results are depicted in Fig. 3.8, 
where it is seen that the experimental data followed the empirical 
pseudo-first-order-kinetics rather well. 

Furthermore, it can be seen that the conversion increases with increasing 
reaction temperature and that complete conversion of triglycerides can be 
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Figure 3.7 The reaction pathways involved in conversion of triglycerides into 
hydrocarbons. 


Table 3.7 Chemical compounds important in vegetable oil deoxygenation 


Name 

IUPAC name 

Formula 

CAS No. 

Glyceryl 

trioleate 

2,3-Bis[[(2)-octadec-9- 
enoyl] oxy] propyl 
(Z)-octadec-9-enoate 

(C 17 H 3 3COO)3C 3 H 5 

122-32-7 

Glyceryl 

tristearate 

1,3-Di(octadecanoyloxy) 

propan-2-yl 

octadecanoate 

(C 17 H 35 COO)3C 3 H s 

555-43-1 

Glyceryl 

distearate 

(2-Hydroxy-3- 

octadecanoyloxypropyl) 

octadecanoate 

(C 17 H 3 5COO) 2 C 3 H 5 OH 

504-40-5 

Propanediol 

distearate 

1,3-Propanediol 

distearate 

(C 17 H 35 COO) 2 C 3 H 6 

17367-44-1 

Oleyl oleate 

[(Z)-Octadec-9-enyl] 

(Z)-octadec-8-enoate 

C 17 H 33 COOCH 2 C 17 H33 

3687-45-4 

Oleyl 

stearate 

[(Z)-Octadec-9-enyl] 

octadecanoate 

c 17 h 35 cooch 2 c 17 h 3 3 

17673-50-6 

Stearyl 

stearate 

Octadecyl octadecanoate 

C 17 H 35 COOCH 2 C 17 H 3 5 

2778-96-3 

Oleic acid 

(Z)-Octadec-9-enoic 

acid 

c 17 h 33 cooh 

112-80-1 

Stearic acid 

Octadecanoic acid 

Ci 7 H 35 COOH 

57-11-4 
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Table 3.7 Chemical compounds important 

in vegetable oil deoxygenation—cont'd 

Name 

IUPAC name 

Formula 

CAS No. 

Oleyl 

alcohol 

(2)-Octadec-9-en-l-ol 

C 17 H 33 CH 2 OH 

143-28-2 

Stearyl 

alcohol 

Octadecan-l-ol 

c 17 h 35 ch 2 oh 

112-92-5 

Glycerol 

Propane-1,2,3-triol 

C 3 H 5 (OH) 3 

56-81-5 

Heptadecene 

Heptadec-l-ene 

Ci 7 H 34 

6765-39-5 

Octadecene 

Octadec-l-ene 

Ci 8 H 36 

112-88-9 

Heptadecane 

Heptadecane 

Ci 7 H 36 

629-78-7 

Octadecane 

Octadecane 

Cl8H 3 8 

593-45-3 

Propane 

Propane 

c 3 h 8 

74-98-6 



Figure 3.8 Concentrations of representative group of compounds for rapeseed oil 
deoxygenation. The solid lines represent the solution of the first-order pseudo- 
homogeneous plug flow isothermal model of the reactor and the points are the exper¬ 
imentally measured data. CoMo catalyst, 300 °C and 3.5 MPa. (TG, triglycerides; C 17 C 18 , 
alkanes; AC, fatty acids; ALC, fatty alcohols; EST, esters). 
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Figure 3.9 Conversion of triglycerides over the CoMo catalyst at different temperature 
as a function of contact time. 


obtained already at 280 °C (Fig. 3.9). These results suggest that the deoxy¬ 
genation reactions of triglycerides are, in fact, irreversible at the selected re¬ 
action conditions. 

Deoxygenation of triglycerides over the investigated catalyst yielded two 
main classes of organic liquid reaction products and intermediates— 
hydrocarbons and oxygenates. The ultimate products of deoxygenation 
were hydrocarbons and oxygenates were the reaction intermediates, in par¬ 
ticular, fatty acids (e.g., stearic acid), fatty alcohols (e.g., tt-octadecanol), and 
their fatty esters (e.g., stearyl stearate). The shape of the selectivity curves of 
the two main reaction product classes confirms that hydrocarbons (Fig. 3.10) 
are the final reaction products and that their formation is preceded by the 
formation of oxygenated intermediates (Fig. 3.11). The hydrocarbons con¬ 
sisted mainly of H-octadecane, n-heptadecane, n-hexadecane, and 
w-pentadecane. In addition to the organic liquid products, water and gaseous 
products, such as propane, carbon oxides, and methane, were formed during 
deoxygenation of triglycerides. The cracking activity of the CoMo catalyst 
was very low under the experimental conditions since no other gaseous 
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Figure 3.10 Selectivity of alkanes as a function of conversion for the CoMo catalyst at 
different temperatures. p = 3.5 MPa, M//Q m = 0.2—1 h. (Open points belong to C 17 and 
filled to C 18 hydrocarbons.) 



Figure 3.11 Selectivity to oxygenates as a function of conversion for the CoMo catalyst 
at different temperatures. p = 3.5 MPa, W/Q m = 0.2-1 h. 
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products or short chain liquid hydrocarbons were found in the reaction 
products. Moreover, the extent of isomerization was also negligible under 
the investigated conditions since only traces of skeletal isomers were iden¬ 
tified in the organic liquid reaction products. 

A deeper understanding of the deoxygenation of triglycerides can be 
obtained from a detailed analysis of both the main product groups, that is, 
from selectivities to different types of oxygenates and hydrocarbons. The 
selectivities to M-heptadecane and n -octadecane provide valuable informa¬ 
tion about the final reaction step in deoxygenation of triglycerides. Their 
selectivities are in this case plotted as a function of the total triglyceride 
conversion (Fig. 3.10). The other hydrocarbons, mainly H-pentadecane 
and tt-hexadecane, were formed also in the system, but in negligible 
concentration. 

The oxygenated products and intermediates consist of three main types 
of products—fatty acids (almost exclusively stearic and palmitic acids), fatty 
alcohols (almost exclusively w-octadecanol and fz-hexadecanol), and their 
fatty esters, that is, the esters that are formed by the reaction of fatty acids 
with fatty alcohols that are both reaction intermediates in deoxygenation 
of triglycerides. The selectivity curves of the three main classes of oxygen¬ 
ated products confirm that fatty acids and fatty alcohols are formed prior to 
the formation of fatty esters (Fig. 3.11). Fatty alcohols are not depicted here 
as their measured concentration was very low, presumably due to their quick 
consumption either by deoxygenation (resulting in formation of hydro¬ 
carbons) or by esterification reaction with fatty acids as evidenced by the 
significant concentration of stearyl stearate (Fig. 3.11). 

The overall reaction pathway is schematically depicted in Fig. 3.7. The 
double bonds in triglycerides, the main components of VOs, are first satu¬ 
rated. Then they are converted into fatty acids that can either (i) undergo 
further hydrogenation steps to yield fatty alcohols and ultimately saturated 
H-alkanes with an even carbon atoms number (HDO) or (ii) undergo decar¬ 
boxylation to yield hydrocarbons directly, that is, hydrocarbons with an odd 
number of carbon atoms (hydrodecarboxylation). HDO leads to elimination 
of water from triglycerides, fatty acids, fatty alcohols, and fatty esters as a re¬ 
sult of reaction with hydrogen. It has been proposed that this reaction occurs 
via adsorbed enol intermediate (Donnis et al., 2009). HDC consists of de¬ 
carboxylation (C0 2 elimination) of compounds containing carboxylic func¬ 
tional group and hydrogenation of the unsaturated intermediates of C0 2 
elimination. Carbon dioxide is a primary product of this reaction, and it 
may undergo further reactions, particularly hydrogenation, which is 
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undesired since it causes significant increase in hydrogen consumption. 
Consequently, there are numerous efforts to achieve selective decarboxyl¬ 
ation without CO 2 hydrogenation (Lestari et al., 2008, Simakova et al., 
2009, Snare et al., 2008). The simultaneous presence of both fatty acids 
and alcohols leads to formation of fatty esters thanks to esterification of fatty 
acids with fatty alcohols. These esters are, nevertheless, subsequently 
converted into hydrocarbons. There are two possible initial steps of triglyc¬ 
erides conversion: (i) hydrolysis yielding fatty acids and glycerol and (ii) 
hydrogenolysis yielding fatty acids and propane. As neither the feed contains 
water nor the rate of triglycerides conversion increases due to deoxygenation 
with increasing concentration of water in the product mixture, it is plausible 
to assume that the reaction is initiated by hydrogenolysis of the C—O bond 
between the fatty acid chain and the propane (glycerol) backbone of 
triglycerides. 

To evaluate the extent of reactions presented in Fig. 3.7, a set of separate 
experiments starting with the identified important intermediates was carried 
out. These experiments included deoxygenation of oleyl alcohol, oleic acid, 
and oleyl oleate that was synthesized for this purpose. 

5.2. Deoxygenation of oleyl alcohol 

The simplest reaction pathway of oleyl alcohol hydrogenation implies con¬ 
secutive hydrogenation to stearyl alcohol followed by its deoxygenation to 
yield the final product, H-octadecane. Alternatively, oleyl alcohol can be de- 
oxygenated first followed by hydrogenation of the unsaturated reaction in¬ 
termediate to H-octadecane. In an attempt to understand the issue of olefin 
formation, an alternative scheme was tested as well. It involves consecutive 
hydrogenation of oleyl alcohol to stearyl alcohol, followed by its dehydra¬ 
tion to n-octadecene and final hydrogenation of n-octadecane to 
H-octadecane. As a parallel reaction of oleyl alcohol, direct hydrogenation 
to H-octadecane was used. The second scheme describes the dependence 
of H-octadecane—H-octadecene concentration as a function of contact time 
better (see Fig. 3.12). Arrhenius plot of the corresponding rate constants of 
the pseudo-first-order kinetics is given in Fig. 3.13. Due to the high reac¬ 
tivity of oleyl alcohol, the experiments were conducted in the temperature 
range of 220—240 °C in order to distinguish the individual reaction steps 
involved in transformation of oleyl alcohol into the ultimate product, 
n-octadecane. At the higher temperatures used for rapeseed oil hydrogena¬ 
tion, the scheme presented in Fig. 3.7 is sufficient and, therefore, it was used 
for the general kinetic model. 
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Figure 3.12 Concentration of compounds for oleyl alcohol hydrodeoxygenation at 
230 °C and 3.5 MPa (n-octadecene formation by dehydration of stearyl alcohol 
assumed). 


5.3. Oleic acid deoxygenation 

The reaction scheme of oleic acid deoxygenation includes consecutive hy¬ 
drogenation of oleic acid to stearic acid followed by several parallel reactions: 
hydrogenation to stearyl alcohol and its subsequent hydrogenation affording 
n-octadecane. Stearic acid produces together with stearyl alcohol an ester 
(stearyl stearate), which also reacts to hydrocarbons. Moreover, direct decar¬ 
boxylation of stearic acid is also possible. 

From the point of view of selectivity to hydrocarbons and oxygenates 
like in rapeseed oil deoxygenation, the formation of w-octadecane is pre¬ 
ferred over HDC to w-heptadecane. Temperature enhances very much 
the formation of the fully hydrogenated product, »-octadecane. 

5.4. Oleyl oleate HDO 

Deoxygenation of oleyl oleate is preceded similar to triglycerides by total 
saturation of double bonds, that is, by formation of stearyl stearate via either 
stearyl oleate or oleyl stearate. This fully saturated ester is then split by 
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Figure 3.13 Arrhenius plot of oleyl alcohol deoxygenation in the temperature range of 
220-240 °C and 3.5 MPa. 


hydrogenolysis to afford n-octadecane and stearic acid that might undergo 
either further HDO to n-octadecane or HDC to n-heptadecane. Both results 
of experiments and kinetic modeling do not support the concept of the possible 
reversible reaction (hydrolysis) of stearyl stearate to stearic acid and alcohol. 

5.5. HDO of rapeseed oil 

The complete reaction scheme of deoxygenation of rapeseed oil is presented 
in Fig. 3.7. As it is not possible to distinguish unsaturated and saturated tri¬ 
glycerides and as it is widely accepted that hydrogenation of oleftnic bonds of 
triglycerides is very fast and thus preceding their deoxygenation, kinetic 
evaluation starts with the sum of triglycerides. The estimated first-order 
kinetic parameters are presented in Table 3.8. 

5.6. Evaluation of kinetic parameters 

The experimental data measured by the method described above in a labo¬ 
ratory trickle-bed reactor using crushed catalyst particles diluted by fine inert 
SiC particles were processed by a program formulated in Matlab. Simplex 
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Table 3.8 

Pseudo-first-order kinetic parameters for 

rapeseed oil HDO (Tukac et al., 

2012) 


k (280 °C) 



Reaction 

Reaction (initial 

(gbgcat 

E 

A (g L /g C at 

No. 

compound —> product) 

h MPa) 

(kJ/mol) h MPa) 

1 

TGC 18 -► (C 17 H 35 COO) 2 C 3 H 6 

0.987 

89.4 

2.55 x 10 8 

2 

C 17 H 35 COOH^C 17 H 35 CH 2 OH 

1.52 

95.7 

2.04 x 10 9 

3 

Ci 7 H 35 COOH^C 17 H 36 

0.433 

47.4 

13,000 

4 

c 17 h 35 cooh— > c 18 h 38 

2.70 

219.2 

1.28 x 10 21 

5 

c 17 h 35 cooh+c 17 h 35 ch 2 oh ->■ 

C^H^COOCjgH^ 

3.33 

323.1 

2.00 x 10 31 

8 

C 17 H 35 COOC 18 H 37 ^C 18 H 38 

1.36 

72.7 

1.06 x 10 7 

9 

Ci7H 3 5COOCi 8 H 37 — + C 17 H 36 

0.0574 

268.2 

5.12 x 10 24 

10 

TGC 18 -7 (C 17 H 35 COO) 2 C 3 H 5 OH 

1.43 

154.3 

7.81 x 10 14 

11 

(C 17 H 35 COO) 2 C 3 H 6 — ► 
C 17 H 35 COOH 

2.23 

36.8 

6695 

12 

(Ci 7 H 35 COO) 2 C 3 H 5 OH-> 

c 17 h 35 cooh 

3.32 

41.9 

29,100 


Nelder—Mead optimization based on minimization of sum of squared devi¬ 
ation of experimental and computed concentration was applied. The kinetic 
model of reactions supposed the first-order power law rate equations and the 
reactor differential balance presumed plug flow and pseudo-homogeneous 
mass and heat transfer conditions without external and internal mass transfer 
resistance. The differential balance for each compound was solved by the 
Runge—Kutta method. The parity plot demonstrating the rather good 
agreement between the experimental and calculated concentrations 
(Tukac et al., 2012) is shown in Fig. 3.14. 

The differential balance of each substrate is introduced in Eq. (3.8), and 
rate equation depending on concentration and pressure is presented in 
Eq. (3.9). 


dC; 

<WQ m ) 


[3.8] 


i r i = kjCiP 


[ 3 . 9 ] 
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Figure 3.14 Parity plot of experimental and computed concentration of rapeseed oil 
hydrodeoxygenation at 280 °C, 3.5 MPa and contact time 0.2-1 h (Tukac et al., 2012). 


The results of kinetic data evaluation are presented in Table 3.8. Chem¬ 
ical reactions are briefly identified by the principal reactant and product. The 
other columns provide rate constant at 280 °C, apparent energy of activa¬ 
tion, and frequency factor of Arrhenius equation for each of the reactions 
in the model. 

Reactions with apparent activation energy lower than 30 kj/mol are 
probably influenced by external mass transfer resistance. Also internal mass 
transfer limitation is possibly of importance if the value of apparent activation 
energy is below 70 kj/mol. 

The chemical reactions involved in triglycerides deoxygenation can be 
classified into several groups according to their reaction rate constants. 
The fastest reactions include the formation of C 18 alkanes from saturated 
and unsaturated alcohols, followed by saturation (hydrogenation) of double 
bonds in unsaturated acids, alcohols, and esters. These are followed by 
reactions involved esterification and in di- and triglyceride hydrogenolysis. 
Decarboxylation of acids seems to be the slowest reaction in the system. 
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> > 6. DEACTIVATION ASPECTS 

Long-term stability of catalytic activity is essential for any commercial 
catalytic process that does not involve continuous catalyst regeneration. From 
a practical point of view, the cycle length of HDO catalyst should be similar to 
that of conventional hydrotreating, that is, in the case of stand-alone technol¬ 
ogy, it should be in the range of 12—24 months that is the typical cycle length 
of middle distillate hydrotreating units. More importantly, in the case of VO 
(or generally triglycerides) coprocessing with petroleum-derived feedstocks, 
typically AGO, the impact on AGO hydrotreating cycle length should be 
minimized as to not affect the schedule of a given refinery shut-down/ 
maintenance plan. The lifecycle length of a catalyst depends primarily on three 
factors, namely, feedstock properties, operating conditions, and catalyst prop¬ 
erties including its composition. As the focus here is on refinery processing of 
triglycerides, either stand-alone or coprocessing the obvious choice for cop¬ 
rocessing units is conventional hydrotreating catalyst, while stand-alone units 
could utilize either conventional hydrotreating catalysts or other types of cat¬ 
alysts, for example, supported noble metals such as Pd on carbon that has been 
demonstrated to be an efficient deoxygenation catalyst (Kubickova et al., 
2005; Murzin et al., 2006; Snare et al., 2006). 

As the triglyceride feedstock is concerned, the catalyst activity regardless 
of the catalyst type discussed above is affected primarily by the feedstock 
composition. The main issue to be addressed is the concentration of contam¬ 
inants originating from VO production. The naturally occurring compo¬ 
nents having potentially a negative effect on catalyst activity include 
generally phosphorus, sodium, potassium, calcium, and magnesium. Some 
other impurities can also be found depending on the oil origin; for example, 
algae oils often viewed as the bio-feedstock of future are rich in nitrogen 
compounds. The concentration of the impurities depends not only on 
the VO origin but also on its processing prior to its hydrotreating. Typically, 
the highest concentration ofimpurities is in raw oils, that is, after their press¬ 
ing and/or extraction from oil seeds. The presence of these impurities is con¬ 
nected to phospholipids, that is, triglycerides in which one of the fatty acid 
moieties is replaced by phosphoric acid. The additional charge of phosphoric 
acid moiety in phospholipids is compensated by the alkali metal cations and/ 
or cations of the alkaline earths metals. For example, in neat rapeseed oil, the 
concentrations were in the range from tens to hundreds of ppm, which are 
significant amounts for any catalytic process. 
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The effect of these impurities on catalytic activity of the CoMo catalyst 
used in hydrotreating of rapeseed oil (310 °C, 3.5 MPa, 2 h _ ) has been in¬ 
vestigated recently (Kubicka and Horacek, 2011). Different rapeseed oil- 
derived feedstocks available from a rapeseed oil producer were processed. 
The concentration of impurities ranged from unit ppm or sub-ppm levels 
found in refined food grade rapeseed oil up to tens to hundreds ppm in neat 
rapeseed oil or the so-called trap grease. Thanks to using triglyceride streams 
in different stages of processing, the proportions of phosphorus, on the one 
hand, and alkali and/or alkaline earths metals, on the other hand, varied 
making it possible to elucidate the effect of phosphorus and alkali and/or 
alkaline earths metals, respectively. 

The tested feedstocks can be classified into three groups: (i) feedstock 
with cations—anions charge balance, (ii) feedstocks with excess of phosphoric 
acid moiety in respect to alkali and/or alkaline earths metals cations, and (iii) 
feedstock with excess of alkali and/or alkaline earths metals cations in respect 
to phosphoric acid moiety (Kubicka and Horacek, 2011). The slowest de¬ 
activation was observed for the first type of feedstock and feedstocks with 
very low concentration of impurities, that is, units of ppm or even sub- 
ppm level, despite being of type (iii). On the other hand, the fastest and most 
severe deactivation was observed when the feedstock with large excess of 
phosphorus with respect to the available cations was used (type (ii)). In this 
case, the catalyst was completely deactivated within the first 48 h on stream. 
The origin of this behavior lied in the large concentration of phosphoric acid 
moiety which was not compensated by alkali and/or alkaline earths metals 
cations and was hence acidic. The present phospholipids decomposed under 
the reaction conditions and phosphoric acid were created and acted as an 
oligomerization/polymerization catalyst of the unsaturated fatty acid moie¬ 
ties in triglycerides (Kubicka and Horacek, 2011). Consequently, very fast 
coking of the catalyst occurred leading to virtually complete loss of catalyst 
activity. 

On the other hand, the large concentration of phosphoric acid moiety, 
the charge of which was compensated by alkali and/or alkaline earths metals 
cations, did not lead to fast deactivation. In fact, the catalyst performance 
with this feedstock was similar to the performance of the same catalyst using 
food grade rapeseed oil over the test period that lasted nearly 150 h on 
stream. Nonetheless, the analyses of the catalyst bed revealed that phospho¬ 
lipids decomposed as well and phosphates of the corresponding alkali and/or 
alkaline earths metals were deposited just upstream the catalytic bed. As these 
were not acidic, they could not catalyze the oligomerization reaction. 
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Nevertheless, it could be anticipated that the reactor would get plugged due 
to a gradual buildup of phosphates originating from alkali and/or alkaline 
earths metals containing phospholipids (Kubicka and Horacek, 2011). 
It can be, hence, concluded that the presence of phosphorus is detrimental 
for the deoxygenation technology regardless of the type of phospholipids 
and phosphorus has to be eliminated from the feedstock. This process is in¬ 
deed the first step in upgrading of VOs obtained by pressing and/or extrac¬ 
tion to produce food grade product and is called degumming. 

Alkali and/or alkaline earths metals present in the feedstock in excess 
were also shown to deteriorate the catalyst performance in comparison with 
high-quality food grade VO. A plausible explanation provided suggested 
that deposition of these metals on catalyst surface induced electronic effects 
limiting hydrogenation (Kubicka and Horacek, 2011). Moreover, deactiva¬ 
tion of hydrotreating and hydrocracking catalysts has also been reported pre¬ 
viously (Cable et al., 1985). In addition, alkali and/or alkaline earths metals 
molybdates, tungstanates, and aluminates were indicated by thermodynamic 
calculations as compounds that could be formed under hydrotreating con¬ 
ditions. Unfortunately, neither their stabilities nor their activities under 
hydrotreating conditions are known (Furimsky and Massoth, 1999). 
It can be speculated that if these compounds are indeed formed, their activity 
will be lower than that of the active components of hydrotreating catalysts, 
that is, metal sulfides. 

The importance of the impurities can be further inferred front the 
description of the NexBTL technology developed and commercialized by 
the Finish Company Neste Oil. Any feedstock that is processed in a NeBTL 
unit undergoes pretreatment in order to ensure suitable quality feedstock. 
The pretreatment consists of degumming using phosphoric acid to eliminate 
phospholipids and alkali metals and/or alkaline earths metals cations. Fur¬ 
thermore, sodium hydroxide is used in the pretreatment, plausibly to neu¬ 
tralize free acids that could cause corrosion problems upstream in the 
technology. The soaps formed as a consequence of neutralization are re¬ 
moved by washing using demineralized water (Hodge, 2006). 

In addition, the degree of unsaturation of the triglycerides is of impor¬ 
tance not only because it is directly connected to the hydrogen consumption 
but also because the high degree of unsaturation, that is, two or more double 
bonds per fatty acid chain, makes the fatty acid chains prone to cyclization 
reactions. This has been demonstrated by da Rocha Filho et al. (1993), who 
have used a series of variously unsaturated VOs in hydrocracking experi¬ 
ments (NiMo/Al 2 0 3 catalyst, 360 °C, 14 MPa, hydrogen, 2h). The oils 
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containing linoleic and linolenic fatty acid moieties in large concentration 
(it totals above 60 wt.%) yielded significant amounts of cycloalkanes 
(~15wt.%) and also some alkylaromatics (about 4 wt.%) while oils con¬ 
sisting of saturated fatty acid moieties afforded almost exclusively alkanes. 
The concentration of cyclic compounds (both cycloalkanes and aromatics) 
was less than 3 wt.%. When monounsaturated fatty acid moieties (typically 
oleic acid) prevailed in the feedstock, a moderate yield of cycloalkanes was 
observed (ca. 8 wt.%; da Rocha Filho et al., 1993). 

These conditions might seem too extreme and hence irrelevant for 
hydrotreating applications. However, the authors (da Rocha Filho et ah, 
1993) have investigated also the effects of reaction temperature and pressure 
on formation of cyclic products in hydrocracking of buriti oil (consisting of 
80 wt.% oleic acid and 17 wt.% palmitic acid moieties). When pressure was 
decreased from 14 to 7 MPa at a reaction temperature of 360 °C, which is a 
common hydrotreating temperature in hydrotreating of middle distillates, 
the formation of cycloalkanes increased by nearly 40%. The formation of 
alkylaromatics remained low (it increased from 0.2 to 0.3 wt.%). The in¬ 
crease in reaction temperature had a more profound effect. At 14 MPa 
and 1-h reaction time, the concentration of cycloalkanes increased from 
5 wt.% to more than 20 wt.% upon increase in temperature from 360 to 
395 °C, which can be in some hydrotreating units the maximum operating 
temperature. At the same time, the concentration of aromatics increased 
from 0.1 to 0.8 wt.% (da Rocha Filho et ah, 1993). 

To provide more fundamental information reflecting the formation of 
cycloalkanes and aromatics as a function of the degree of unsaturation, a se¬ 
ries ofCi8 fatty acids was also used in hydrocracking (NiMo/Al 2 C >3 catalyst, 
360 °C, 14 MPa, H 2 , 2 h; da Rocha Filho et al., 1993). The concentration 
of alkylcycloalkanes afforded by hydrocracking of stearic, oleic, linoleic, and 
linolenic acid, that is, of fatty acid with 0, 1,2, and 3 double bonds in their 
molecule, increased from <1 wt.% found for stearic acid to ca. 12, 19, and 
30 wt.% for oleic, linoleic, and linolenic acid, respectively. For the same se¬ 
quence of fatty acids, the concentration of alkyl aromatics was increased in 
the following order: zero, traces, 0.8 and 6.8 wt.%. 

Thus, it can be inferred from these observations that with the increasing 
degree of unsaturation of the triglycerides in an HDO feedstock, the pro¬ 
pensity of the feedstock to formation of carbonaceous deposits will increase 
depending on the operating conditions. The significant formation of cyclo¬ 
alkanes and alkylaromatics from linolenic acid (ca. 30 and 6.8 wt.%, respec¬ 
tively) indicates that the concentration of fatty acid moieties with more than 
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two double bonds needs to be monitored closely in any incoming feedstock 
as a measure to avoid increased carbonaceous deposits formation. Moreover, 
the high degree of unsaturation of triglycerides might plausibly cause prob¬ 
lems in the feedstock preheating section due to their lower thermal stability 
as compared with saturated triglycerides. 

Apart from the possible adverse effect of significant degree of 
unsaturation, catalyst deactivation may originate also from deoxygenation 
products, particularly water and carbon oxides. In this context, a specific 
problem relates to the use of sulfided catalysts. It is well known that these 
catalysts are used under reductive conditions. Consequently, the catalysts 
are susceptible to reduction and loss of their catalytic activity. When treating 
sulfur-containing feedstocks, this is generally not an issue as the concentration 
of hydrogen sulfide, the product of hydrodesulfurization, in gas phase is suf¬ 
ficient to keep the catalyst in sulfided form, that is, prevent its desulfidation/ 
reduction. However, the sulfur content of majority of triglyceride feedstocks 
is very low. For example, rapeseed oil contains approximately 2—3 ppm of 
sulfur, which is not sufficient to keep a hydrotreating catalyst in its active 
form. As a result, gradual catalyst reduction and loss of hydrogenation activity 
occur. This has been demonstrated in long-term experiments focused on de¬ 
oxygenation of rapeseed oil (Kubicka and Horacek, 2011). 

The deoxygenation activity of the CoMo catalyst, expressed as the extent 
of oxygen atom elimination from liquid phase products, dropped from 100% 
(complete deoxygenation) to ca. 75-80% after the first 144 h on stream 
when refined sulfur-free rapeseed oil was processed. However, when sulfur 
was introduced in the feedstock (in the form of dimethyl disulfide) to ensure 
suitable concentration of hydrogen sulfide in the gas phase, the deoxygen¬ 
ation activity of the CoMo catalyst was stable over the whole test length 
(ca. 260 h). At the end of the test, the extent of oxygenation was still above 
96% (Kubicka and Horacek, 201 1). Moreover, there were periodic changes 
in the delivery of hydrogen sulfide source, that is, between short periods 
(2 h) when rapeseed oil containing dimethyl disulfide was fed in the reactor, 
and there were longer periods (ca. 50—100 h) when sulfur-free rapeseed oil 
feedstock was used. These experiments indicated that the loss of activity 
when sulfur-free feedstock was used was partially reversible, that is, that 
the deoxygenation activity decrease due to processing sulfur-free rapeseed 
oil can be stopped by adding dimethyl disulfide in the feedstock and the 
activity can be even temporarily restored (Kubicka and Horacek, 2011). 

Obviously, this is an issue only in stand-alone HDO units as during cop¬ 
rocessing of triglycerides with petroleum feedstocks, such as AGO, there is a 
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sufficient amount of sulfur presents to ensure stable catalyst performance. 
The technology scheme of the NexBTL process (Hodge, 2006) indicates 
that hydrogen sulfide exits the hydrotreater where only pretreated feedstock 
consisting of VOs is fed. The origin of hydrogen sulfide is not given. Owing 
to the readily available hydrogen streams containing hydrogen sulfide (any 
gas outlet of a conventional hydrotreater), it can be speculated that for 
hydrotreating/deoxygenation of triglycerides, such a stream is used before 
it is scrubbed to remove hydrogen sulfide. It is a much simpler alternative 
than addition of dimethyl disulfide. Alternatively, one could imagine that 
even in a stand-alone unit, VO is hydrotreated together with a petroleum 
fraction containing sulfur that is easily hydrotreated. As the NexBTL scheme 
suggests that the liquid product is directly fed into an isomerization unit, it 
seems more plausible that the option with hydrogen sulfide containing hy¬ 
drogen is used. It is also clear that if the stand-alone unit was to use a noble 
metal type of catalyst, the question of sulfur addition would be redundant. 

On the other hand, water and carbon oxides as the ultimate deoxygen¬ 
ation products apart from the desired hydrocarbons can affect negatively the 
catalytic activity of both noble metal and metal sulfide catalysts. For example, 
deactivation of hydrogenation catalysts by carbon monoxide is well known. 
However, its effect is greatly dependent on the type of catalyst and in par¬ 
ticular on reaction conditions. From the mechanistic point of view, carbon 
monoxide is a reaction intermediate that is either formed by hydrogenation 
of carbon dioxide, that is, the primary product of the decarboxylation reac¬ 
tion pathway, or as a product of decarbonylation that has also been proposed 
as a viable reaction route in deoxygenation of triglycerides and fatty acids 
(Donnis et ah, 2009; Kubickova and Kubicka, 2010). The options that 
are applied in the commercialized technologies to deal with the inhibition 
effect of carbon monoxide are discussed in detail in Section 7 that covers the 
commercial technologies. Apart from purging, pressure swing adsorption 
(PSA) or methanation can be applied to eliminate carbon monoxide from 
the recycle hydrogen stream. 

Carbon dioxide does not constitute a major problem as it is scrubbed to¬ 
gether with hydrogen sulfide from the hydrogen stream. It is also hydroge¬ 
nated in the deoxygenation reactor which leads to increased hydrogen 
consumption and formation of undesired carbon monoxide. Several studies 
have focused on the effect of water formed in course of the deoxygenation 
reaction on the deoxygenation activity of sulfided catalysts (Laurent and 
Delmon, 1994b,c). Laurent and Delmon (1994c) reported that water had 
only a very weak inhibiting effect on majority of various reactions taking 
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place during deoxygenation of phenols and ketones. An exception was 
hydrolysis of carboxylic esters that was favored by water addition (Laurent 
and Delmon, 1994c). In another study, the same authors have found that wa¬ 
ter caused a two-thirds of decrease (in less than 60 h on stream) of the catalytic 
activity during deoxygenation, but the hydrogenation—hydrogenolysis selec¬ 
tivity remained unaltered (Laurent and Delmon, 1994b). Water caused a small 
loss of catalyst (NiMo/yALC^-specific surface area which was connected 
with a recrystallization of y-alumina supported into hydrated boehmite phase. 
More importantly, water caused partial oxidation of nickel sulfide species 
which was suggested to be the reason behind the observed loss of catalytic 
activity (Laurent and Delmon, 1994b). Two plausible interpretations were 
put forward by the authors: (i) nickel sulfide is oxidized to nickel sulfate species 
that form an inactive layer on the nickel sulfide particles and (ii) water favors 
migration of nickel in the alumina lattice where the inactive nickel aluminate 
species are formed (Laurent and Delmon, 1994b). Nonetheless, the effect 
was not observed when water in the feed was replaced by oxygenated 
organic compounds. It should be noted here that the treatment was rather 
severe (360 °C, 7 MPa, dodecane/water= 170/10 ml/ml, 1—5 days) which 
might be the reason why there was no effect of organic oxygenates that 
were hydrotreated only for 150 min (13.6 wt.% of dibenzofuran or 
4-methylphenol in dodecane). In contrast, the molybdenum sulfide phase 
was virtually unaffected (not oxidized) by the water or oxygenates treatment 
(Laurent and Delmon, 1994b). 



7. COMMERCIAL STATUS OF HDO 


The intensive interest in renewable fuels that are fully compatible with 
the current automotive fuels as well as with the modern combustion engine 
technology resulted in fast development and commercialization of several 
deoxygenation technologies by several companies. In principle, they can 
be divided into two major categories, namely, stand-alone units and cop¬ 
rocessing units. Stand-alone units are such technologies that process neat 
VOs (or, in general, triglyceride feedstocks), and their product is renewable 
(or green) diesel fuel, which can then be used for blending with diesel fuel 
fulfilling the legislative requirements. As it will be discussed later on, due to 
isomerization, the renewable diesel outperforms conventional diesel as it is 
sulfur- and aromatics-free. On the other hand, coprocessing technology re¬ 
fers to hydrotreating of mixtures containing AGO and VOs. The product is 
then a mixture of conventional diesel and renewable diesel fuel. From the 
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economic point of view, the stand-alone units are definitely more invest¬ 
ment intensive, while the coprocessing units require significantly less invest¬ 
ments to be made to adapt the existing units to operate efficiently with the 
new feedstock. The trade-offis connected with the process flexibility. While 
the stand-alone units are very flexible in terms of feedstock type and quality, 
and the product properties can be rather easily adjusted, the coprocessing 
units lack this flexibility as they need to take into account also the HDS pro¬ 
cess (with the aim to achieve diesel fuel with less than 10 ppm S) and it might 
be difficult to obtain suitable low-temperature properties of the final product 
as will be discussed also in this section. 

7.1. Stand-alone deoxygenation technologies 

The most advanced stand-alone deoxygenation technologies include pro¬ 
cesses NexBTL be Neste Oil and Ecoffning by UOP and ENI. The main 
features of these will be discussed in the following paragraphs followed by 
the assessment of the main challenges in coprocessing. 

The NexBTL process consists of three essential stages: feedstock pre¬ 
treatment, hydrotreating, and isomerization (Fig. 3.15). The pretreatment 
stage is an indispensable part of the process as it ensures high quality of feed¬ 
stock that can be fed into the catalytic units, particularly the hydrotreating 
unit which precedes isomerization. As a result, any contaminants of renew¬ 
able triglyceride-based or -related feedstocks that could affect catalyst per¬ 
formance are removed. Typical contaminants that are being removed in 
the NexBTL process include phosphorus and metals (Ca, Mg). The pro¬ 
cesses involved in feedstock pretreatment consist of degumming by 
H3PO4, neutralization by NaOH, and washing by demineralized water. 
The pretreated (refined) oil is fed in the hydrotreating unit where the 


Pretreated 

feedstock 


h 2 


NExBTL 



Figure 3.15 Schematic flow scheme of the NexBTL process (Hodge, 2006). 
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deoxygenation takes place. The catalyst is supplied by Albemarle (Green Car 
Congress, 2012a), and it is the most probably a sulfided NiMo or CoMo 
catalyst. 

The deoxygenation step of the NexBTL process is followed by isomer¬ 
ization, which is an essential part of the technology as it modifies the chem¬ 
ical structure of the deoxygenation product. The ultimate deoxygenation 
products, u-alkanes, are mildly isomerized to afford a mixture of iso-alkanes 
that have far better cold flow properties than the original w-alkanes. Without 
this modification, the renewable diesel fuel would not be suitable for use in 
diesel engines in mild or cold climates as it will be demonstrated later in this 
chapter when the fuel properties of renewable diesel will be discussed. 

Neste Oil has actually pioneered the renewable diesel technology, and 
currently, four units with the total combined nominal capacity of nearly 
2 million tons per year are operated worldwide. 

The feedstock portfolio of NexBTL process consists of crude palm oil 
(<50%); waste and side streams, such as waste animal fat, palm oil fatty acid 
distillate, and stearin (ca. 40%); and other VOs, such as rapeseed, soybean, 
and camelina oils (ca. 10%). The given shares of the individual feedstocks 
were the targets for Neste Oil’s procurement of renewable raw materials 
in 2011. Owing to the sustainability issues that have been raised in connec¬ 
tion with production of fuels from renewable raw materials, Neste Oil pri¬ 
oritizes suppliers that follow sustainable cultivation and production practices 
and have a good greenhouse gas (GHG) balance (Neste Oil, 2012b). Apart 
from the currently used renewable raw materials, Neste Oil also pays atten¬ 
tion to alternative raw materials for production of renewable diesel fuel. 
These include forest industry by-products, waste fat from fish-processing in¬ 
dustry, microalgae oil, and microbial oil (Neste Oil, 2012c). 

UOP has developed together with Eni a process called Ecofining that 
they have been successfully demonstrating since 2008 in 12-kt/yr- 
demonstration unit in the USA. Commercial units are either completed 
and awaiting for approval (640 kt/yr in total) or under construction 
(810 kt/yr), see Table 3.9 for details. The feedstock requirements have 
evolved similar to Neste Oil—prior to the sustainability question being 
raised, palm, soybean, and canola oils were considered. Since 2007, how¬ 
ever, the focus was shifted toward nonfood and more sustainable sources, 
such as camelina, jatropha, and algal oils, and cheaper oils and fats, including 
tallow, yellow grease, and tall oil. The cheaper triglyceride alternatives have 
the advantage of the lower feedstock price and sustainability since they are 
typically derived from waste streams in food and wood and forest industries. 
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Table 3.9 Commercial deoxygenation units and their current status (Frey, 2011; 

Neste Oil, 2012a) 

Technology 

Technology 



Capacity 


Name developer 

Location 

Company 

(kt/a) 

Status 

NexBTL NesteOil 

Finland 

NesteOil 

190,000 

2007 


Finland 

NesteOil 

190,000 

2009 


Singapore 


800,000 

2010 


Netherlands 


800,000 

2011 

Ecofining UOP/Eni 

UOP 

USA 

12,000 

2008 


Italy 

ENI 

320,000 

Awaiting 





approval 


Portugal 

GALP 

320,000 

Awaiting 





approval 


North America 

Diamond 

490,000 

2012—expected 



Green Diesel 




North America 

Undisclosed 

320,000 

2013—expected 


North America 

AltAir Fuels 

320,000 

Pending 




Water Green diesel 

(88-98 vol.%) 


Naphtha 
(1-10 vol.%) 


Figure 3.16 Schematic depiction of the Ecofining process (Frey, 2011; UOP, 2012). 


Their inherent disadvantage is the higher concentration of undesired con¬ 
taminants and with it connected more demanding preprocessing. 

The Ecofining process relies on a two-stage fixed-bed reactor system 
(Fig. 3.16). Due to the schematic depiction in the available materials, it is 
not clear whether the reactor system consists of two reactors (a HDO reactor 
and a hydroisomerization reactor) or a single reactor with a HDO and 
hydroisomerization stage. The placement of a separator after the reactor sys¬ 
tem to remove water, an inevitable reaction by-product, indicates that the 
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latter option is most probably used. On the other hand, information pro¬ 
vided elsewhere (Kalnes et ah, 2008) suggests that the system includes in fact 
two reactors. In the first one, the feedstock is completely deoxygenated and 
the light products (water, light hydrocarbons, and carbon dioxide) are 
immediately separated at reactor pressure. The main product, mixture of 
H-alkanes, is then mixed with additional hydrogen and fed into an integrated 
catalytic hydroisomerization reactor to afford branched-paraffm-rich diesel 
(Kalnes et al., 2008). In this way, diesel having suitable cold flow properties is 
obtained and both reaction steps (deoxygenation and isomerization) are kept 
at their maximum selectivity. The hydrogen needed can be obtained, for 
example, by steam reforming of a portion of the light hydrocarbons 
(Kalnes et al., 2008). Deoxygenation and isomerization catalysts supplied 
by UOP are employed in the Ecofining process. According to the technical 
information leaflet, the typical inside battery limits erected costs are between 
40 and 60 million USD per a unit with production capacity of ca. 250 kt/yr 
(UOP, 2012). In order to reduce significantly the capital investment, an exis¬ 
ting distillate hydrotreater could be revamped into the Ecofining process. 

Depending on the feedstock and the calculation method used, the green 
diesel offers GHG saving in an excess of 50% relative to petroleum-derived 
diesel fuel. In addition to GHG savings, the renewable diesel offers further 
advantages over conventional diesel owing to its superior properties (low 
aromaticity, low sulfur). As an example, the green diesel from the NexBTL 
process (100% NexBTL diesel) has been tested extensively. These tests in¬ 
cluded a 3-year test in buses in the city of Helsinki, Finland; Mercedes Benz 
trucks tests in Germany; and an arctic trial in Canada. Data on emissions col¬ 
lected in Helsinki showed reduction of particulate matter and nitrogen ox¬ 
ides (NOJ emissions by 30% and 10%, respectively. The test in Germany 
confirmed that emissions were reduced significantly in comparison with 
standard-diesel-driven trucks (Neste Oil, 2012d). 

In addition to renewable diesel, renewable jet production is targeted as 
well. For example, UOP and Eni have announced that they will construct a 
unit for renewable jet production for AltAir fuels with a capacity of 
320,000 t/a (Frey, 2011), and UOP has already performed several successful 
tests of renewable jet fuel with the major aircraft producers (Boeing, Airbus) 
and US military demonstrating that replacement of standard jet fuel by re¬ 
newable jet fuel is feasible. Neste Oil claims that it produces renewable avi¬ 
ation fuel using its NexBTL technology (Neste Oil, 2012e) as a commitment 
to the European Aviation Biofuels Flightpath that is aimed at increasing the 
use of aviation biofuels to 2 million tons annually by 2020. 
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Besides NexBTL and Ecofining, another stand-alone deoxygenation 
technology, Vegan, was introduced by Axens. The principle of the technol¬ 
ogy seems to be similar to the discussed technologies. After the hydrotreating 
step in which VOs are completely deoxygenated follows the second step, 
which is in this case not called isomerization, but rather mild hydrocrack¬ 
ing/dewaxing. Nonetheless, the purpose is the same, that is, to convert 
w-alkanes into iso-alkanes in order to improve the cold flow properties of 
the final renewable diesel product. However, no information was found 
whether and where the process is commercially used. 

The advantages of renewable (green) diesel in comparison with the tra¬ 
ditional biodiesel (FAME), from the application point of view, are rather 
significant. Apart from the full compatibility with conventional diesel and 
compliance with the strictest fuel, improved emission characteristics and fos¬ 
sil C0 2 savings have been reported. An overview is given in Table 3.10 
(Neste Oil, 2012f) . 

7.2. Coprocessing deoxygenation technologies 

Owing to the apparent simplicity and low investments needed, the cop¬ 
rocessing deoxygenation technology seems to be a popular one. It has been 
addressed not only by refining companies, such as Petrobras and Con- 
ocoPhillips, but also by catalyst manufactures, mainly Haldor Topsoe and 
Albemarle. As a revamp of existing hydrotreater is sufficient, it is not easy 

Table 3.10 Comparison of renewable diesel and biodiesel 


NExBTL renewable diesel (HVO) 

Traditional biodiesel (FAME) 

Can be used in blends in any 
concentration, that is, 0—100% of the 
content 

Can only be used in blends upto 5—7% of 
the content 3 

Complies with the strictest quality 
standards 

Biofuel usage requirements cannot be met 
without compromising fuel quality 
specifications 

Reduces greenhouse gas and tailpipe 
emissions (PM, NO.,., CO, HC) 

Increases NO, emissions 

Offers excellent storability 

Must be used before a specific “best 
before” date 

Does not require engine modifications 
or changes in logistical system 

Can cause engine problems 


a Maximum allowed under the European diesel standard. 
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to quantify the real extent to which renewable diesel is produced by cop¬ 
rocessing. For example, ConocoPhillips has been produced renewable diesel 
fuel at its refinery in Whitegate, Cork, Ireland, since 2006, but detailed in¬ 
formation about real capacity, content of VO in the hydrotreated feedstock, 
is not available. 

Another example of a coprocessing technology is process H-BIO. It has 
been developed by the Petrobras research and development center (CEN- 
PES). The technology is schematically depicted in Fig. 3.17. The core of the 
process is catalytic hydrotreatment of diesel fuel blending components, such 
as straight run diesel, light cycle oil from fluid catalytic cracking (FCC), 
coker gas oil, and VOs in an existing hydrotreating reactor under controlled 
reaction temperature and hydrogen pressure (Costa, 2007). Triglycerides in 
VOs are converted into linear hydrocarbons at very high yields—at least 95% 
(v/v) to diesel. Owing to the product originating from triglycerides, the 
quality of refinery diesel gets improved, mainly by increasing the cetane 
number and decreasing the density and sulfur content (Costa, 2007). The 
plan of Petrobras was to have the process implemented in at least three of 
its refineries by the end of 2007. The total VO consumption was about 
256,000 m 3 /yr, that is, ca. 230,000 t/yr. After implementation of two other 
refineries, the VO consumption should rise to 425,000 m 3 /yr, that is, 
ca. 390,000 t/yr. The required investment to adjust the production and 
logistics was estimated to be in the range ofUSD 23—38 million (Costa, 2007) . 

However, the implementation was put on hold in 2008 due to high soy¬ 
bean oil prices that should have been the main feedstock. At that time, the 
refined soy oil price of $180 per barrel by far exceeded a regular diesel price 





Figure 3.17 A schematic depiction of the H-Bio process (Costa, 2007). 
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of $104 a barrel (Green Car Congress, 2012b). It has been reported that the 
capacities were planned to be put into operation during late 2009 (World 
Fuels, 2012). However, no additional information about the current status 
of the technology and its commercial use was published since the news it was 
being put on hold due to high soybean oil prices. 

Recently, some aspects of coprocessing were discussed in publications by 
major catalyst manufacturers including general information on the use of 
their catalysts in refineries for coprocessing. For example, Haldor Topsoe 
supplies its deoxygenation catalyst to three undisclosed refineries in Australia, 
Europe, and the USA coprocessing bio-feedstocks in the range of 0—5%, 
2—5%, and 10—20%, respectively (Gabrielsen et al., 2011). The feedstocks 
include typically animal fats, for example, chicken fat in the USA, and other 
unspecified bio-feedstocks. In Preem, Sweden, Haldor Topsoe has supplied 
its deoxygenation catalyst for coprocessing of raw tall oil (20—30% of the 
feed). Apart from coprocessing, Haldor Topsoe catalyst is used by Cetane 
Energy, USA, to process neat animal fat and algae oil. 

The possible pitfalls of revamping industrial hydrotreating or mild hydro¬ 
cracking units to coprocess renewable feedstocks in significant amounts 
(up to 30% as in the case of Preem refinery, Sweden) have been discussed 
by Egeberg et al. (2011). The feed consisted of raw tall oil diesel (RTD) 
which is produced by esterification of tall oil, a wood processing by-product. 
There are about 500 kt of tall oil processed every year in Scandinavia 
(Gabrielsen et al., 2011). The main challenges identified included reaction 
heat evolution (exotherm, which is a consequence of high oxygen content 
of bio-feedstocks and also of their often unsaturated nature), corrosion (both 
up- and downstream of the reactor being consequences of the presence of 
free fatty acids), hydrogen consumption, and catalyst selection. 

The corrosion problem is a consequence of the presence of rosin acids 
(they are not converted in the tall oil esterification) and unconverted free 
fatty acids in the RTD. In the process design, the possible problems were 
minimized by feeding RTD partly into AGO after the heater and partly 
as a liquid quench after the first catalyst bed. Consequently, the material 
needed to be changed only in small part of the technology. The liquid 
quench together with additional hydrogen quenches after second and third 
catalyst beds helps in controlling the exotherm (see Fig. 3.18). Moreover, 
due to the liquid quench between the first and second catalyst beds, a higher 
hydrogen partial pressure can be maintained in the upper part of the reactor 
(as it is not used for quenching after the first catalyst bed), thus preventing/ 
suppressing condensation and coking reactions leading to catalyst deactiva¬ 
tion. Besides, corrosion is suppressed as well (Egeberg et al., 2011). 
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RTD 



Figure 3.18 Coprocessing of tall oil with LGO in Preem refinery (Egeberg et al., 2011). 


Due to the high concentration of oxygen to be removed by hydro- 
treating, which is significantly higher than typical sulfur concentration in 
petroleum-derived feeds (typically by an order of magnitude), hydrogen 
consumption for hydrotreating of bio-feedstocks is significantly higher than 
in the case of conventional hydrotreating. Obviously, this is also the cause of 
the increased exotherm when coprocessing bio-feedstocks with conven¬ 
tional petroleum-derived feedstocks. The correct balance between catalyst 
stability and activity is of the utmost importance (Egeberg et al., 2011). 
Hence, Haldor Topsoe has designed the catalyst system in the Preem refin¬ 
ery in such a way that RTD is converted in the upper two catalyst beds using 
catalysts with lower catalyst activity than their latest generation Brim cata¬ 
lysts. Brim NiMo catalyst is then used in the bottom two catalyst beds to 
ensure final product quality, that is, sulfur content below 10 ppm 
(Egeberg et al., 2011). The approach is based on the knowledge that deox¬ 
ygenation reactions are significantly faster than the majority of hydro¬ 
desulfurization reactions. 

Carbon oxides and methane are typical deoxygenation by-products 
causing problems in coprocessing units. Although majority of C0 2 from de¬ 
carboxylation is removed in the amine wash used for H 2 S scrubbing. 
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Downstream CO 2 can form carbonic acid in the presence of liquid water 
and hence cause corrosion unless the downstream equipment is modified 
accordingly (Egeberg et al., 2011). CO and methane will build up in the 
recycle gas, and a substantial purge is necessary to avoid this (Egeberg 
et al., 2011). Apart from reducing hydrogen partial pressure in the recycle 
gas loop, CO can act also as catalyst inhibitor. The purge hydrogen-rich 
gas has to be then treated according to its application. Removal of methane 
and CO in PSA is one option (Egeberg et al., 2011). 

The operating experience in Preem Gothenburg refinery has shown that 
the reaction exotherm increased, as expected, with the increasing concen¬ 
tration ofRTD. While in the absence ofRTD the delta T was about 30 °C, 
it was around 60 °C when the feed contained 30% ofRTD. At the same time, 
the hydrogen consumption increased front ca. 80 to about 140 nm 3 /m 3 . 
When the content of RTD was increased further to 50—55%, hydrogen 
consumption increased to ca. 200—220 nm 3 /m 3 (Egeberg et al., 201 1). Based 
on the comparison of different modes of operation (light cut gas oil mode vs. 
renewable mode), it was concluded that the catalyst was not inhibited either 
by the renewable feed components or by their products (Egeberg et al., 
2011). Unfortunately, no information about the different feedstocks and 
their products was provided. It has been, however, reported (Gabrielsen 
et al., 2011) that the renewable diesel product of Preem refinery meets all 
the requirements ofEN 590. 

According to Albemarle, coprocessing ofVOs in existing hydrotreaters is 
a straightforward alternative of introducing bio-feedstocks in the diesel fuel 
range in refineries. Similar issues to those identified in the Preem cop¬ 
rocessing case study have been discussed as well. Despite the relatively simple 
chemistry and high catalytic activity of the conventional hydrotreating cat¬ 
alyst, coprocessing gives rise to several technological and operational issues 
including (i) possible formation of CO having an inhibiting effect on the 
catalyst; (ii) accumulation of CO in recycle gas as it is not removed in scrub¬ 
bers; (iii) high hydrogen consumption during triglyceride deoxygenation in 
comparison with EIDS of AGO connected with a significant heat release; 
(iv) formation of ^-alkanes that affect negatively the cold flow properties 
of the final diesel fuel; and (v) formation of free fatty acids, reaction inter¬ 
mediates in triglyceride deoxygenation, that can cause local corrosion prob¬ 
lems (Melis et al., 2009). Albemarle has proposed a so-called BioSTAX 
system that is a solution consisting of several different commercial catalysts 
loaded at a specific place in the reactor and taking into account the 
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constraints of the unit, such as Fd 2 /oil ratio, outlet pressure, capacity of 
quenching, and intended VO addition (type and amount). The distribution 
(placement) of catalysts in the reactor reflects the main factors affecting the 
kinetics of individual feed components conversion. For instance, the re¬ 
quirements of a triglyceride and a dibenzothiophene vary significantly, 
and their conversion takes place at different positions along the catalyst 
bed in the reactor, that is, under different reaction conditions (e.g., hydrogen 
partial pressure). Consequently, different catalysts give optimum perfor¬ 
mance at a different place in the reactor with respect to the actual feed com¬ 
position and reaction conditions. 

Iflarge guard beds are not available, the inherent impurities of VOs, such 
as phospholipids and metals, should be removed by refining, bleaching, and 
deodorization. On the other hand, the absence of sulfur, nitrogen, and ar¬ 
omatics has a positive dilution effect when coprocessed with AGO. An in¬ 
crease in WABT (weighted average bed temperature) of ca. 20 °C has been 
reported for the C 0 M 0 catalyst when coprocessing rapeseed oil (10 wt%) in 
AGO. When H 2 /oil and pressure were increased from 300 Nm/m 3 and 
40 bar, respectively, to 500 Nm 3 /m 3 and 60 bar, the WABT increase 
dropped to ca. 11 °C in order to reach 10 ppm S at the outlet. The observed 
phenomenon was attributed to the inhibiting effect of CO, a deoxygenation 
by-product originating from fatty acids decarbonylation and/or from C0 2 
hydrogenation (Melis et al., 2009). The inhibition is particularly severe for 
the direct desulfurization pathway, that is, it is more pronounced with 
C 0 M 0 than with NiMo catalysts. The lower impact on NiMo catalysts 
was verified experimentally; at 50 bar and H 2 /oil of200, an WABT increase 
of less than 5 °C was reported. Moreover, the large WABT increase ob¬ 
served for C 0 M 0 catalysts might be detrimental for the stability of catalytic 
activity due to considerable faster deactivation rates (Melis et al., 2009). The 
issue of CO-induced inhibition could be augmented with time since it is not 
removed by scrubbing and can be eliminated in a typical setup only by purg¬ 
ing. This may be a limiting factor decisive for the maximum concentration 
of VO to be coprocessed. For higher VO concentrations, different solutions 
might be necessary, for example, use of selective membranes or passing of 
scrubbed, that is, H 2 S free, recycle gas through a PSA unit. Due to the sig¬ 
nificant extent of hydrogenation reactions during deoxygenation of VOs, 
including double-bond hydrogenation, hydrogenation of the carboxylic 
group, and CO and C0 2 hydrogenation to methane, the reaction is highly 
exothermic leading to an increase in temperature along the catalyst bed 
(increase in Delta T). For instance, Albemarle reported an additional 



Hydrotreating of Triglyceride-Based Feedstocks in Refineries 


189 


hydrogen consumption of 10—20 Nm 3 /m 3 and a further Delta T increase of 
12—21 °C in comparison with typical operations when coprocessing 5% of 
rapeseed oil. It follows that hydrogen consumption and quenching capacities 
are of crucial importance and optimum catalyst design is essential for limiting 
hydrogen consumption and affording acceptable hydrotreater cycle lengths 
(Melis et al., 2009). 

In conclusion, to achieve the optimum performance, the extent of dif¬ 
ferent deoxygenation reactions (HDO, decarboxylation/decarbonylation, 
methanation) needs to be optimized as well. This can be accomplished by 
selection of a suitable catalyst combination. The main products, B-alkanes, 
are another limiting factor for the amount of VO to be coprocessed. Their 
increasing concentration worsens the cold flow properties which might be 
an issue. For instance, coprocessing of 5% rapeseed oil can result in a decrease 
in cloud point of 5—6 °C, which is unacceptable typically for the winter 
diesel fuel grades (Melis et al., 2009). 

7.3. Deoxygenation product quality 

The final deoxygenation product quality is critical for its end use, that is, 
either for its blending in the diesel fuel pool in the case of stand-alone de¬ 
oxygenation units or for the quality of the product of VO and AGO cop¬ 
rocessing. Obviously, the stand-alone option offers a better flexibility as the 
coprocessing alternative is limited by additional constraints, such as sulfur 
content of the final product. As discussed in the section describing different 
technologies, there are ways how to minimize the negative impacts ofVOs 
on AGO hydrotreating during coprocessing. To meet specific fuel targets, 
the solutions can be either based on technology selection, improvements, 
and modifications, or on product treatment/modification. A conventional 
product treatment used for refinery products is the application of various ad¬ 
ditives enhancing diesel fuel properties. In the case of deoxygenation that 
affords as primary products »,-alkanes having poor cold flow properties, 
the use of depressants might tackle the issue. The application of two indus¬ 
trially, widely used flow improvers (Infineum R-288 and Keroflux® 3566, 
BASF) for blends consisting of conventional petroleum diesel, having prop¬ 
erties in accordance with EN 590, and mixture of hydrocarbons obtained by 
deoxygenation of rapeseed oil was investigated by Simacek et al. (2010). 

The results clearly demonstrated that neither of the two investigated flow 
improvers was able to improve the cold flow properties sufficiently. While 
the sensitivity of conventional diesel was high—the cold flow plugging point 
(CFPP) dropped from —12 °C to below —25 °C already when 200 mg/kg 
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of flow improver (either Infineum R-288 or Keroflux 3566) was added, 
there was hardly any response when the diesel fuel contained 5 wt.% of hy¬ 
drocarbons from deoxygenation—the CFPP dropped from —12 to ca. 
— 15 °C. The CFPP of diesel fuels containing 10—30 wt.% of hydrocarbons 
from deoxygenation did not decrease with addition of flow improvers in the 
range of 100—500 mg/kg more than by 1—2 °C (Simacek et al., 2010). This 
clearly demonstrates that a technological solution affecting the composition 
of deoxygenation products, namely, shifting it from n -alkanes to a mixture 
of n— and iso-alkanes, is crucial. 

There are several options; the most important being selective hydro¬ 
isomerization of w-alkanes that is used in the NexBTL and Ecofining processes 
(Frey, 2011; Neste Oil, 2012a) and has also been the topic of recent research 
activities (Sebos et al., 2009). Another option, mild hydrocracking/dewaxing, 
was proposed by Axens (process Vegan) and Flaldor Topsoe and also 
investigated experimentally (Simacek and Kubicka, 2010; Simacek et al., 
2011). The beneficial effect ofhydrocracking ofV Os on the cold flow properties 
ofhydrocarbon mixtures afforded by this process was demonstrated by Simacek 
et al. (2011). Hydrocracking of sunflower oil of 18 MPa yielded liquid hydro¬ 
carbons with H-alkane concentration decreasing from 67 to 20 wt.% as a result of 
reaction temperature increase from 360 to 420 °C. The concentration of iso¬ 
alkanes and cycloalkanes in the products obtained at reaction temperature above 
400 ° C exceeded 60 wt.%. Consequently, their cold flow properties were con¬ 
siderably improved. For instance, the cloud point of the hydrocarbon product 
obtained at 360 °C (u-alkanes/(iso-alkanes + cycloalkanes)—65/31 wt.%) 
decreased from 19 to —11 °C when the reaction temperature was increased 
to 420 °C (H-alkanes/(iso-alkanes + cycloalkanes)—20/74 wt.%; Simacek 
et al., 201 1). At the same time, the distillation curve remained within the EN 
590 specification requirements and the cetane index dropped from 91 at 
360 °C to 65 at 420 °C which is well above the requirements for diesel fuel 
(>46 units; Simacek et al., 2011). 

When the products obtained at 420 °C were blended in conventional 
diesel fuel in concentrations in the range of 10—50 wt.%, the CFPP values 
were in the range of—15 to —12 °C. As a result of commercial flow 
improvers (Infineum R-288 and Infineum R-291), the CFPP dropped be¬ 
low —20 °C and there were no differences between neat diesel fuel and die¬ 
sel fuel blends containing product of sunflower oil hydrocracking. The 
results indicate that the sensitivity of these diesel fuel blends depends on 
the total content of long-chain H-alkanes (>C 17 ); when it exceeds a certain 
concentration, the commercial flow improvers become ineffective. On the 
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basis of the results reported by Simacek et al. (2011), this threshold can be 
estimated to be around 6—7 wt.% oflong-chain »-alkanes (XD 17 ) in the final 
diesel fuel blend. 


> 8. CONCLUSION 

While deoxygenation ofVOs is a new technology to the refining in¬ 
dustry, it can build on the experiences gathered during operation of hydro- 
treating (HDS) units. Analysis of the thermodynamic, hydrodynamic, and 
kinetics aspects points out the differences between HDS and deoxygenation 
technologies that have to be taken into account when developing further 
deoxygenation technology. The successful examples from both stand-alone 
as well as coprocessing technologies demonstrate that the technology has a 
future in the portfolio of refining technologies. 

The future development should be focused on two particular directions: 
further catalyst development and utilization of more sustainable feedstocks. 
From the point of view of catalyst development, it would be certainly ben¬ 
eficial if more selective catalysts, for example, decarboxylation catalysts, 
found their application in the stand-alone units limiting, thus, the need 
for catalyst sulphiding. Moreover, the industry would certainly benefit from 
catalysts facilitating both deoxygenation and isomerization in one step 
(reactor). From the point of view of feedstock, the technology has to be fo¬ 
cused on nonfood sources of triglycerides that are produced in a sustainable 
way. Moreover, the need for their preprocessing (purification) should be 
minimized as this would result in a more cost-effective production, which 
is a key to avoiding too large dependence on legislation and subsidies. 
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Abstract 

Catalysis and reaction engineering are the key disciplines in a successful conversion of 
molecules from biomass to end products. The interaction of kinetics, mass transfer, and 
flow pattern in the processing of biomass is reviewed. A special attention should be paid 
on the catalytic multiphase transformation of biomass. Chemical analysis and precise 
kinetic measurements combined to mathematical modeling are the basic elements 
in the scientific development of the reaction engineering of biomass conversion. 
Advanced kinetic concepts, such as cluster kinetics, size-dependent kinetics, can be 
combined to the models of porous catalyst particles and chemical reactors. Challenges 
and visions for future reaction engineering of biomass conversion are presented. 


NOTATION 

a catalyst activity factor 
a,b empirical parameters 

<r p catalyst particle mass transfer area to reactor volume relation 
a GL gas—liquid mass transfer area to reactor volume relation 
A mass transfer area 
c concentration 
d diameter 

D diffusion coefficient or dispersion coefficient 
D e effective diffusion coefficient 
f metal distribution function in eggshell catalysts 
k rate constant 

fe L , k G mass transfer coefficients 
K equilibrium constant 
Z length coordinate 
L length 
n molar amount 
n! molar flow 
N flux 

p parameter in regression analysis 
P pressure 

Q objective function in regression analysis 
r component generation rate 
r radius 
R reaction rate 

R gas constant, 8.3143J/molK 
R 2 degree of explanation 
s catalyst particle shape factor 
t time, min 
T temperature 
V volume 

V' volumetric flow rate 
w velocity 

w weight matrix in regression 



Chemical Reaction Engineering of Biomass Conversion 


197 


x mole fraction 
y variable in regression analysis 
z dimensionless length coordinate 
(X Polanyi parameter or maximum coverage 
A 8' parameter in rate equation 
e porosity 

£ specific mixing power 
rf effectiveness factor 
0 surface coverage 
[jl dynamic viscosity 
v kinematic viscosity 
v stoichiometric coefficient 
p density 

r residence time or space time 

ip deactivation function 

to reciprocal value of site concentration 

DIMENSIONLESS PARAMETERS 

Pe Peclet number 
Re Reynolds number 
Sc Schmidt number 
Sh Sherwood number 


SUBSCRIPTS AND SUPERSCRIPTS 

b, B bulk property 
F fluid 
G gas phase 
i component index 
j reaction index 
L liquid phase 
p catalyst particle property 
* equilibrium conditions 


1. INTRODUCTION 


* Chemical reaction engineering has traditionally focused on the appli¬ 
cations related to energy production from fossil fuels and production of bulk 
chemicals. In these fields, a lot of research and development effort has taken 
place in both academia and industry. The breakthrough of numerical 
methods and computing, along with lumping techniques, has enabled the 
quantitative treatment of very complex chemical systems in various reactors, 
such as catalytic fixed beds and fluidized beds. Simultaneously, new concepts 
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of catalytic reactors have emerged, such as monoliths, solid foams, and cat¬ 
alyst fibers (Cybulski and Moulijn, 2006). 

The mankind is facing a new challenge: the era of easily accessible fossil 
raw materials is approaching the end. The resources of fossil raw materials 
diminish, particularly the access to crude oil. The most important change 
is, however, caused by the concern of the state of the atmosphere. Because 
of the alarming climate change, the continuous increase in the carbon diox¬ 
ide content in the atmosphere caused by the burning of fossil fuels, it is nec¬ 
essary to shift to a more sustainable technology, the use ofbiomass as a source 
of fuels, chemicals, and materials. 

Chemical engineering, in general, and chemical reaction engineering, in 
particular, are in key position to carry out this transformation. One of the 
most important sources of biomass is forest, not only the rain forest and 
eucalyptus trees growing in the tropical areas of the earth but also the forest 
growing in the Northern hemisphere, for instance, in Canada, the USA, 
Russia, and the Fenno-Scandic area. The forest growth per capita in some 
European countries is shown in Fig. 4.1. As the figure shows, the forest 
growth per capita is high in the Fenno-Scandic area. The same is valid 
for Canada and Russia. 

In the very past, biomass, especially wood, was used as a source of many 
chemicals; typical examples were ethanol, turpentine, regenerated fibers 
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(cellulose xanthate), polymers (e.g., cellulose acetate), and explosives (e.g., 
cellulose nitrate). However, the access to relatively inexpensive crude oil 
and natural gas led to a decline of wood-based chemical industry. Few 
products remained, such as cellulose derivatives. 

Now, the concept of biorefinery is making a breakthrough. It implies 
that biomass will be used as a raw material, instead of natural gas, crude 
oil, or coal. This development creates big challenges for science and tech¬ 
nology, particularly for chemistry and chemical engineering. New catalysts 
and processes are needed, including new reactors, new separation technol¬ 
ogies, and new reaction media. Still, the methodological aspects of chemical 
engineering, and particularly chemical reaction engineering, remain, and 
they will be used for the design of biorefmeries. 

The aim of this overview is to illustrate how the central concepts of 
chemical reaction engineering can be applied to the transformation of 
biomass to chemicals and fuel components. 

1.1. Chemicals and fuel components from biomass 

The two basic routes for the processing of biomass according to a biorefinery 
concept are shown in Fig. 4.2. This overview chapter focuses on the sugar 
platform, that is, reactions that preserve the key elements of original 
structures in biomass, namely, the basic building blocks of cellulose, hemi- 
cellulose, and lignin. Conventional chemicals and fuel components can be 
made in this way, but the sugar platform also opens the perspective for new 
chemicals as discussed by Gallezot (2011). 



Figure 4.2 Routes for processing of biomass to materials, chemicals, and fuels. 
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In the current industry, wood is processed mechanically to chips, which 
are processed chemically or mechanically, the ultimate aim being pulp and 
paper. Roughly speaking, wood consists of cellulose (around 50%), hemi- 
celluloses (10%), lignin (<40%), and extractives (few %). The aim of chem¬ 
ical pulping is to dissolve the lignin material and most part of the 
hemicelluloses into the cooking liquor. The black liquor originating from 
the Kraft pulping process contains NaOH and NaHS; lignin is dissolved 
and cellulose fibers remain for papermaking. It is possible to recover some 
chemical fractions from chemical pulping, particularly tall oil and turpentine 
(Sjostrom, 1989). Mathematical modeling of the Kraft pulping process has 
mostly been very empirical, but recently, Grenman et al. (2010) developed 
a mathematical model which takes into account the chemical and mass trans¬ 
fer processes, as well as the anisotropy and structural changes of the wood 
material during the progress of chemical pulping. 

The turpentine fraction is gasified during the Kraft process, and valuable 
chemicals, such as a-pinene and carene, can be separated by distillation. 
They can be further processed by catalytic treatment, such as isomeriza¬ 
tion and oxidation (Allahverdiev et al., 1998; Corma et al., 2002; Vital 
et al., 2001). 

Front the tall oil fraction, valuable chemicals can be separated, such as 
triterpenoids, fatty acids, and resin acids. Sitosterol, a triterpenoid, is the 
raw material for a cholesterol-suppressing agent, sitostanol (Ekblom, 2005; 
Michalson and Devore, 2004). Conjugated fatty acids (conjugated linoleic 
acid), which are important antioxidants, can be produced by isomerization 
of fatty acids and fatty acid esters with homogeneous (Dejarlais and Gast, 
1971; Frankel, 1970; Mukesh et al., 1988) or heterogeneous catalysts 
(Bemas et al., 2002a, 2002b). Fatty acids and resin acids can also be saturated 
through catalytic hydrogenation and used as fuel components after decar¬ 
boxylation over heterogeneous catalysts, such as supported Pd (Murzin 
et al., 2006; Snare et al., 2006). 

Some part of the cellulose fraction is taken to make cellulose derivatives, 
such as methyl and ethyl cellulose, carboxymethyl cellulose, hydroxy- 
ethylcellulose, and hydroxypropylcellulose. The preparation of cellulose 
derivatives takes place as a two-phase reaction: cellulose is pretreated, for 
example, with alkali, and a reagent is added to get the substitution. Usually, 
no catalyst is needed (Sjostrom, 1989). The recent advances in cellulose 
derivatives concern the reaction media: by using tailored ionic liquids, it 
is possible to dissolve cellulose and thus carry out the substitution reaction 
as a homogeneous liquid-phase process (Heinze et al., 2005), which implies 
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higher reaction rates. The quantitative modeling of cellulose substitution 
kinetics is described in detail by Salmi et al. (2011). 

The use of the lignin fraction is much more cumbersome; the only 
chemical of a real commercial importance is vanillin, which is obtained 
by oxidation of the black liquor. The black liquor from the sulfate process 
contains a lot of hydroxyacids (in pinewood black liquor around 30 wt%), 
which might be of potential use as a source of chemicals, but their separation 
from the black liquor mixture is a challenge. The possibilities of catalytic 
transformation lignin are reviewed by Zakzeski et al. (2010). 

Wood chips can be utilized as such to produce bioethanol. The cellulose 
and hemicellulose material is hydrolyzed in the presence of acids (H 2 S0 4 , 
HC1, or HCOOH) or enzymes to get glucose and other monosaccharides 
(Abatzoglou and Chornet, 1998). Lignin is separated by filtration as a solid 
residue, and the monosaccharides are fermented to ethanol, which is separated 
from water and catalyst by distillation. Ethanol can be used not only as an en¬ 
ergy source but also as a platform chemical to make ethane and polyethene. 

To make chemicals, it is much more straightforward to start from the 
wood chips, knots, and bark directly rather than from the black liquor 
produced in the Kraft pulping process. In mechanical pulping, some hemi- 
celluloses, such as glucomannans, can be recovered and processed further by 
hydrolysis, fermentation, oxidation, and hydrogenation. An even more 
attractive way is to extract hemicelluloses front wood chips with water— 
as an example should be mentioned that the larch wood (Larix sibirica ) con¬ 
tains around 15% and even more arabinogalactan by weight. In an analogous 
manner, galactoglucomannan and arabinoglucuronexylan can be extracted 
from the wood material (Willfor and Holmbom, 2004; Willfor et al., 
2002) and hydrolyzed (Kusema et al., 2010; Xu et al., 2008). 

The separation of various hemicelluloses and the catalytic treatment of 
them have a great perspective. Existing and potential products from hemi¬ 
celluloses are summarized in Fig. 4.3. As the figure reveals, hemicelluloses 
are rich sources for chemicals and fuel components. Many platform 
chemicals, such as sugar alcohols, furfurals, and ethanol, can be made from 
hemicelluloses. The perspective of biopolymers from hemicellulose is broad: 
they can be used in pharmaceutical, cosmetic, and alimentary industries. 

A world-famous product is the sweetener, anticaries, and anti¬ 
inflammatory agent, xylitol, which is obtained from glucuronoxylan and 
arabinoglucuronoxylan (Maloney et al., 1986). The main source ofxylanes 
is birch (Betula pendula ).The hemicellulose is hydrolyzed to monosaccharides, 
which are separated, and xylose is hydrogenated over a heterogeneous catalyst 
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Figure 4.3 Transformation of hemicelluloses to chemicals and fuel components. 


to the sugar alcohol, xylitol. The classical catalyst for this purpose has been the 
Raney nickel (Kuusisto et al., 2006; Mikkola et al., 1999), but supported Ru 
catalysts have given very promising results (Gallezot et al., 1998; Kuusisto 
et al., 2007). Sifontes (2012) have recently shown that arabinose, galactose, 
mannose, rhamnose, and maltose can be successfully hydrogenated to the 
corresponding sugar alcohols on Ru/active carbon catalysts. In an analogous 
manner, glucose can be hydrogenated to sorbitol (Gallezot et al., 1998). Sugar 
alcohols are platform chemicals, which can be used for many purposes, such as 
the production of fuels via aqueous reforming and preparation of biolubricants 
through esterification (Alonso et al., 2010). The separation of various hemicel¬ 
luloses and catalytic treatment are the key issues. 

From bark, valuable chemicals, such as betulinol, can be obtained 
(Sjostrom, 1989). Betulinol is used as a health-promoting agent. Holmbom 
et al. (2002, 2004) discovered that hydroxymatairesinol (HMR) is concen¬ 
trated in the stems and knots of Scandinavian spruce (Picea abies). It can be 
extracted and transformed catalytically to matairesinol (MAT), which is an 
antioxidant and anticarcinogenic agent (Eklund et al., 2003; Markus et al., 
2006; Sjoholm et al., 2003). 
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Besides the polysaccharides existing in the biomass originating from 
wood, two disaccharides appearing in large amounts in the nature should 
be mentioned: saccharose (mainly in sugar beets and sugar cane) and lactose 
(in the milk of mammals). Saccharose consists of glucose and fructose units, 
while lactose consists of glucose and galactose units. They can be transformed 
to various chemicals, either as such or after hydrolysis (Blecker et ah, 2002). 

A brief summary of current and potential processes is provided by 
Table 4.1. As revealed by the table, most of the reactions are hydrolysis, 

Table 4.1 Examples of molecules from biomass and their transformation 

Reaction Reactant Product Catalyst 

Hydrolysis of 
cellulose (—O—) 

Cellulose 

Glucose, levulinic 
acid, formic acid, 
HMF 

Acid, enzyme 
(HO, HE) 

Hydrolysis of 
hemicelluloses 
(-O-) 

Hemicellulose 

Arabinose, 
galactose, 
mannose, xylose 

Acid, enzyme 
(HO, HE) 

Hydrolytic 
hydrogenation of 
cellulose 

Cellulose 

glucose, sorbitol 

Pt (HE) 

Hydrolytic 
hydrogenation of 
hemicelluloses 

Hemicellulose 

Sugar monomer, 
sugar alcohol 

Pt (HE) 

Hydrogenation of Arabinose, 
sugars (—CHO) galactose, glucose, 
mannose, xylose, 
lactose 

Thydrogen 

Arabinitol, 
galactitol, sorbitol, 
mannitol, 
xylitol,.. ., lactitol 

trad. Raney nickel, 
Ru/C better (HE) 

Oxidation of 
sugars (—CHO) 

Sugars (see 
above) + oxygen 

Sugar acids 

Pd, Au, and Au/Pd 
(HE) catalysts 
promising 

Fermentation of 
sugars 

Mainly glucose 

Ethanol 

Enzymes (E) 

Hydrogenation 
of phytosterols 
(C=C) 

Sterol (e.g., 
sitosterol) + 
hydrogen 

Stanol (e.g., 
sitosterol) 

Pd on various supports 
(C, zeolite, polymer) 
(HE) 

Hydrogenation of Unsaturated acid 
fatty acids (C=C) 

Saturated acid 

Ni, Pt, Pd, Rh, Ru 
(HE) 


Continued 
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Table 4.1 Examples of molecules from biomass and their transformation—cont'd 

Reaction Reactant Product Catalyst 

Hydrogenolysis of For example, 
lignans (—OH) HMR + hydrogen 

For example, MAT Pd/C, Pd/Cnanofibers, 
Pd-H-Beta-150 (HE) 

Decarboxylation 
of fatty acids 

Carboxylic acid 

Alkane, alkene 

Pd, Pt (HE) 

Ketonization of 
fatty acids 

Carboxylic acid 

Ketone 

Fe 2 0 3 ,Ce0 2 (HE) 

Isomerization of 
fatty acids 

For example, 
linoleic acid 

CLA 

Rh-phosphine 
complexes Cr- 
carbonyls (HO), Ru/ 

C, Ru/A1 2 0 3 (HE) 

Transesterification Triglycerides 


Fatty acid methyl Esters 
(FAME) (HO) 


HE, heterogeneous catalyst; HO, homogeneous catalyst; E, enzyme; CLA, conjugated linoleic acid; 
HMF, hydroxymethyl furfural. 


hydrogenolysis, hydration, hydrogenation, oxidation, and isomerization re¬ 
actions, where catalysis plays a key role. Particularly, the role of heteroge¬ 
neous catalysts has increased in this connection in recent years; therefore, 
the present chapter concerns mostly the application of heterogeneous solid 
catalysts in the transformation of biomass. An extensive review of various 
chemicals originating from nature is provided by Maki-Arvela et al. (2007) . 

When looking at the list of catalysts being successful, it is striking to no¬ 
tice that only few catalyst metals seem to be of importance. For the double 
bond hydrogenation and hydrogenolysis of hydroxyl groups, Pd is both ac¬ 
tive and selective (Augustine and Reardon, 1969). For the hydrogenation of 
the carboxyl group (e.g., production of sugar alcohols), sponge nickel 
(Raney nickel) and Ru on active carbon work well, but Raney nickel is 
probably going to be replaced by Ru because of environmental and health 
reasons. Ru is also an active and selective catalyst in the isomerization, in the 
production of conjugated acids. Oxidation of sugars to sugar acids (Wenkin 
et al., 1996), for instance, oxidation of lactose to lactobionic acids, is tradi¬ 
tionally carried out on Pd catalysts, but the risk is the oxidation of metallic Pd 
by molecular oxygen, which impairs the activity and selectivity. Recent 
studies have shown that gold—ceria catalysts could provide a promising alter¬ 
native for this oxidation process (Tokarev et al., 2006). 
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Besides the catalyst activity, the selectivity is a central issue in the treat¬ 
ment of the molecules from biomass. A typical example is catalytic hydro¬ 
genation of sugar molecules to sugar alcohols. A product selectivity of about 
90% is easily achieved on Ni and Ru catalysts, but approaching 100% re¬ 
quires a fine-tuning of the catalyst properties and optimization of the reac¬ 
tion conditions. The selectivity of the catalyst can sometimes be improved 
with promoters; for instance, Mo is used as a promoter in Raney nickel cat¬ 
alysts. A too high reaction temperature leads to decomposition products, and 
lack of hydrogen on the catalyst surface promotes the isomerization reaction 
and enhances catalyst deactivation by fouling. Thus, rather low temperatures 
(around 100 C) and moderate hydrogen pressures (40—80 bar) have proven 
to be the optimal ones for sugar hydrogenations on Ni and Ru catalysts. 

The control of pH is an issue for hydrogenation and oxidation processes, 
particularly for oxygenation of sugars to sugar acids. During the oxidation 
process, the pH of the solution drops because of the sugar acid formed 
(Haakana et al., 2004). Increased acidity leads to suppressed catalyst activity. 
The remedy is a controlled neutralization of the solution during the progress 
of the reaction (Tokarev et al., 2006). 

The role of support is of crucial importance for some of the transforma¬ 
tions. A typical example is hydrogenolysis, where an acidity function 
is needed to accomplish the reaction. Active carbon has proven to be an ex¬ 
cellent support material for cases, where Pd and Ru catalysts are used 
(Table 4.1). The problem with active carbon is that it originates from dif¬ 
ferent sources, having different functional groups attached to the surface. 
This implies that the reproducibility of the catalyst is not the best possible. 
Another drawback with active carbon is its rather poor mechanical strength. 
This has encouraged researchers to investigate alternative support materials, 
for example, instead of Pd/C catalysts, Pd on zeolite supports can be used in 
the hydrogenation of the double bond. The recent development of synthetic 
carbon materials might help solve the problem. Catalyst particles of synthetic 
carbon, for example, Sibunit, have a good mechanical strength and can be 
used in fixed beds. Furthermore, it is possible to impregnate the outer layer 
of the carbon particle only with the active metal and in this way create an 
eggshell catalyst, which is suitable for the treatment of large organic mole¬ 
cules with a substantial diffusion resistance in the porous catalyst structure. 
Carbon nanofibers with a reproducible structure can be produced by pyrol¬ 
ysis of a gaseous aromatic component on a metal surface. This kind 
of nanofibers (Markus et al., 2006) can be impregnated with metals, for 
example, to prepare a Pd catalyst for hydrogenation of double bonds or 
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hydrogenolysis of hydroxyl groups or a Ru catalyst for the hydrogenation of 
carbonyl groups. 

Catalyst deactivation is a big problem in the treatment of molecules orig¬ 
inating from biomass. Leaching, fouling, poisoning, and sintering are, in 
general, the typical reasons for catalyst deactivation. Catalysts that exhibit 
leaching of metals are, of course, excluded from the very beginning, as many 
of the applications concern food, health-promoting chemicals, and pharma¬ 
ceuticals. Sintering is not a typical phenomenon for catalysts used in biomass 
transformation, as the reaction temperatures are moderate in the sugar plat¬ 
form (Fig. 4.2). The organic molecules incorporated in the transformations 
have a tendency to deposit on the surface and initiate coking even at rather 
low reaction temperatures (<100 C). The purity of the raw material is a 
crucial issue. If the reactant molecules originate from the black liqueur, they 
carry sulfur and sulfurous compounds as impurities, which have a deterio¬ 
rating effect on the catalyst by irreversible poisoning. Thus, a precleaning of 
the catalyst is very important. It is applied, for instance, to the hydrogenation 
of sitosterol to sitostanol: sitosterol is cleaned via adsorption on active carbon 
before entering the hydrogenation reactor. 

An interesting way to retard catalyst deactivation is to expose the reaction 
mixture to ultrasound. Ultrasound treatment of the mixture creates local hot 
spots, which lead to the formation of cavitation bubbles, which bombard the 
solid, dirty surface leading to the removal of carbonaceous deposits (Mikkola 
and Salmi, 1999). The ultrasound source can be inside the reactor vessel 
(ultrasound stick), or ultrasound generators can be placed in contact with 
the wall of the reactor. Both constructions work, and the catalyst lifetime 
can be essentially prolonged, leading to process intensification. The effects 
of ultrasound are discussed in detail in the review of Toukoniitty et al. (2008). 

1.2. Chemical reaction engineering in the transformation 
of biomass 

Chemical reaction engineering and catalysis are key fields of science in the 
transformation ofbiomass components to products. The rational elements of 
chemical reaction engineering, namely, stoichiometry, thermodynamics, 
kinetics, heat, and mass transfer, as well as flow modeling, play a decisive role 
in the design of biorefineries. 

A rational scale-up of a production process should be based on correct 
stoichiometric, thermodynamic, and kinetic model. Chemical kinetics is ex¬ 
citing per se, as it yields valuable information about the underlying reaction 
mechanisms (Murzin and Salmi, 2005). Thus, it is very important that the 
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kinetic information is not obscured by catalyst deactivation and mass transfer 
effects. To obtain correct stoichiometric information is a challenge itself in 
case of transformation of organic molecules from biomass, as by-products 
typically appear in low concentrations in a concentrated environment (the 
concentrations of reactant and main product being typically 20—60 wt%). 
Thus, very precise high-pressure liquid chromatography (HPLC) or sophis¬ 
ticated gas chromatography coupled to mass spectrometry (GC—MS) is 
typically used, and the work is typically completed with NMR analysis. 
In most demanding cases, coupled GC—NMR and HPLC—NMR tech¬ 
niques are used. 

Most of the chemical reactions related to biomass conversion involve a 
three-phase process: gas, liquid, and solid catalysts are present. Internal and 
external mass transfer limitations in porous catalyst layers play a central role 
in three-phase processes. The governing phenomena are well known since 
the days of Thiele (1939) and Frank-Kamenetskii (1955), but the transport 
phenomena coupled to chemical reactions are not frequently apphed for 
complex organic systems, but simple—often too simple—tests based on 
the use of first-order Thiele modulus and Biot number are used. Instead, 
complete numerical simulations are preferable to reveal the role of mass 
and heat transfer at the phase boundaries and inside the porous catalyst 
particles. 

It is important to obtain reliable models for catalyst deactivation and to 
investigate whether it is possible to decouple the deactivation model from 
the kinetic model or is it necessary to treat the catalyst deactivation as 
one of the surface reactions on the catalyst (Sandelin et al., 2006). 

The reactions of biomass components are often carried out in batch and 
semibatch reactors, as many of these processes are limited by slow kinetics, 
which exclude the use of continuous reactors (Trambouze and Euzen, 
2002). This implies that time-dependent, dynamic models are required to 
obtain a realistic description of the process. A typical example is the 
large-scale production of fatty acid methyl esters (FAME), which is carried 
out in batch reactors, but recently, it has been proposed that the process 
could be performed in continuous reactors. An advanced modeling work 
of FAME reactors has been published by Likozar and Levee (2012). 

In all of the transformations indicated, catalysts, particularly heteroge¬ 
neous catalysts, play the key role. It has turned out that few precious metals 
(Ru, Pd, Pt, Au) can do most of the transformations needed, but the devel¬ 
opment of catalyst supports and structures is a challenge. In future, the dis¬ 
continuous slurry reactor technology should be replaced by continuous 
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Figure 4.4 Structured catalysts: carbon washcoated steel (CSS) support (left) and active 
carbon cloth (ACC) support. 



Figure 4.5 SEM image of the active carbon cloth (ACC) support. 


reactor technology, in the form of either fixed beds with eggshell catalysts or 
structured reactors, such as catalyst monoliths, foams, and fibers (Figs. 4.4 
and 4.5). These structures enable suppressing the internal diffusion resistance 
(Cybulski and Moulijn, 2006), which is inevitable in the treatment of large or¬ 
ganic molecules originating from biomass. In the design of future biorefineries, 
it is better to start from the biomass as such—from the macromolecules—and 
search for technologically and economically feasible solutions instead of trying 
desperately to recover components from existing chemical pulping processes. 



REACTION KINETICS 


Chemical kinetics, as a discipline, addresses how the reaction rates 
depend on concentrations, temperature, nature of catalyst, pH, solvent, 
etc. Chemical kinetics together with other means of studying catalytic reac¬ 
tions, such as spectroscopy of catalysts and catalyst models, molecular model¬ 
ing, and calculation of the thermodynamics of reactants, intermediates, and 
products, form the modern basis for understanding chemical processes. 
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Experimental kinetic investigations are the basis of revealing reaction 
mechanisms. The following problems can be solved by using a kinetic model: 

• choosing the catalyst and comparing the selectivity and activity of var¬ 
ious catalysts and their performance under optimum conditions for each 
catalyst; 

• the determination of the main and by-products formed during the 
process; 

• the determination of the optimum sizes and structures of catalyst grains 
and the necessary amount of the catalyst to achieve the specified values 
of the selectivity of the product and conversion of the starting material; 

• the determination of the short- and long-time stability of the catalyst; 

• the determination of the stability of steady states and parametric sensitiv¬ 
ity; that is, the influence of deviations of all parameters on the steady- 
state regime and the behavior of the reactor under unsteady-state 
conditions; 

• the study of the dynamics of the process and deciding if the process 
should be carried out under unsteady-state conditions; 

• the study of the influence of mass and heat transfer processes on the 
chemical reaction rates and product selectivities as well as the determi¬ 
nation of the kinetic region of the process; 

• selecting the type of a reactor and structure of the contact unit that pro¬ 
vide the best approach to the optimum conditions. 

The rates of chemical transformations are very often affected by mass transfer 
processes. The main mass transfer effects in heterogeneously catalyzed pro¬ 
cesses are internal diffusion inside the porous catalyst particles/layers, exter¬ 
nal diffusion in the laminar film surrounding the catalyst particles, and—in 
multiphase reactors—the gas—liquid or liquid—liquid mass transfer resistance 
at the phase boundary. 

The multiscale approach to kinetic and reactor modeling is visualized in 
Fig. 4.6. For the understanding of the events occurring at macroscopic (i.e., 
1-m) scale, description of not only millimeter (shaped catalyst pellet) and mi¬ 
cron scale but microscopic understanding (e.g., nanometer scale—active 
site) is required. 

The method which simplifies the kinetic treatment and reduces the 
number of parameters in the mathematical model is the so-called steady-state 
approximation (SSA; also known as quasiSSA or pseudoSSA) originally de¬ 
veloped by Bodenstein in 1913. 

In general, a reaction is considered to be at steady state, if the concen¬ 
trations of all species in each element of the reaction space (volume for a 
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Figure 4.6 Multiscale approach to catalysis—from nanoscale to reactor scale 
(Chorkendorff and Niemansverdriet, 2003). 


homogeneous reaction or surface for a heterogeneous reaction) do not 
change in time. Such conditions, in general, are fulfilled in open systems, 
such as continuous tank and tubular reactors and in flow circulation reactors. 
Grouping the reaction species in two categories: reaction intermediates in 
one and reactants (substrates) and products in another one, it can be stated, 
for reaction participants at a steady state, that if a species enters an element of 
the reaction space, its concentration does not change with time, while for 
intermediates, the production rate of them is equal to the consumption rate. 
Bodenstein proposed that there are intermediates in chemical reactions that 
are present in “inferior” amounts, for example, in much less concentrations 
than the major species in the mechanism. If this condition is met, the rate of 
change of the concentration of the intermediate X can be considered 
negligible. The application of the SSA to heterogeneous catalysis does not 
require that the surface concentrations are low but implies that they do 
not essentially change with time. 

Another frequently used approximation in catalytic kinetics is the 
quasiequilibrium approximation. Now imagine that one step in a multistep 
catalytic process is much slower than the other ones. In such a case, the other 
steps can be considered as being close to the equilibrium, as their forward 
and backward rates will be close to each other, for example, r + /r„ ap¬ 
proaches 1. The quasiequilibrium approach, utilized very often, limits the 
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description of catalytic kinetics as it discards transient processes. It is, how¬ 
ever, frequently used to obtain simplified and useful expressions for reaction 
rates. Typically, the surface reaction rate is assumed to be rate limiting, 
whereas the adsorption and desorption steps are presumed to be rapid. 
The approach should, however, be supported by experimental evidence 
obtained by measurements of the reaction and adsorption rates. In the case 
of complex reactions, several steps are possible and a rigorous treatment 
is required comprising a multistep rate control, as the quasiequilibrium 
approach cannot be applied. 

2.1. Classical rate equations: Uniform catalyst surfaces 

The rate equations depend heavily on the particular chemical case of inter¬ 
est. Some common features in the biomass transformation reactions are of 
notable interest. Typically, the process involves a reaction between a large 
organic molecule and a much smaller reagent molecule (e.g., oxygen or 
hydrogen). In this case, the overall rate is often controlled by the surface 
reaction step, whereas the adsorption and desorption steps are assumed to 
be rapid. Further assumptions are needed, concerning the details of the 
reactant adsorption. Both competitive and noncompetitive adsorption 
models have been proposed and used to describe the kinetics. A non¬ 
competitive adsorption model can be justified by the size difference of 
the reacting molecules (e.g., Warna et al., 2006). A general overview of 
kinetic models is provided by Salmi et al. (2004) and Murzin and Salmi 
(2005), where also a semicompetitive adsorption model is discussed. It 
has been successfully applied to sugar hydrogenation (Mikkola et al., 1999). 

Some generalization of classical kinetic models is possible. For a bimo- 
lecular and reversible reaction A + B = C + D, the rate takes a form 

^ kinetic factor X driving force ^ ^ 

(adsorption term)" 

where the adsorption term includes K A c A , etc., for molecular adsorption or 
(K a c a ) 1/2 and the power in denominator corresponds to the number of spe¬ 
cies in the rate-determining steps, while the driving force is (1 — c c c D / 
K eq c a Cq) . The adsorption of molecules can be of competitive nature, but 
in cases when the molecules represent very different sizes, such as catalytic 
hydrogenation of organic components, noncompetitive adsorption is 
assumed. A rather general rate equation comprising the rate limitation by 
the surface reaction step as well as both competitive and noncompetitive ad¬ 
sorption can be written as 
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KIF-IF/*;) 

For competitive adsorption, either m = 0 or n=0. Of course, rate equa¬ 
tions of this kind should be derived case by case, starting from a plausible 
mechanism. 

Recently, models with semicompetitive adsorption have been applied in 
the hydrogenation of aromatics and sugar molecules (Salmi et al., 2004). The 
principle of semicompetitive adsorption is that the large organic molecules 
always leave some empty space, that is, vacant interstitial sites, where the 
smaller molecule (typically hydrogen and oxygen) can adsorb. Compared 
to the classical model, the semicompetitive adsorption model includes 
one additional parameter, namely, the maximum coverage of the organic 
molecule (Cabrera and Grau, 2008a, 2008b). 

2.2. Nonuniform catalyst surfaces 

The most often used approach to treat catalytic kinetics is the Langmuir 
model of uniform surfaces (Section 2.1). This concept presumes that all 
the surface sites are identical and the binding energies of the reactants are 
the same independent of the surface coverage. The interactions between 
adsorbed particles may be neglected. 

Ideal adsorbed layer is then considered to be similar to an ideal solution 
with rapid surface diffusion, allowing thus an application of mass action law 
with the introduction of surface concentrations and concentrations of free 
sites into rate expressions of elementary steps. Kinetic models based on uni¬ 
form catalyst surfaces are treated in many standard textbooks (e.g., Boudart 
and Djega-Mariadassou, 1984; Butt, 1999; Fogler, 1999; Froment and 
Bischoff, 1990; Murzin and Salmi, 2005; Smith, 1990). 

It is, however, now well established that the mean field assumption breaks 
down and surface reconstruction frequently occurs (Somorjai, 2000), 
adsorbed molecules change the structure of the surface layer and catalytic 
properties (Ertl, 2000), and reaction rates are dependent on spatial arrange¬ 
ment (Lombardo and Bell, 1991). Two different assumptions are generally 
used for the description of real adsorbed layers: either surface sites are differ¬ 
ent or there is a mutual influence of adsorbed species. The first case is defined 
as biographical nonuniformity and the second one as induced non¬ 
uniformity. On biographical nonuniform surfaces, a certain distribution 
of properties is considered. Such a nonuniformity can be either chaotic, 
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when adsorption energy on a given site is independent of the neighbor site, 
or discrete. However, if in an elementary surface reaction only one adsorbed 
particle is involved, the difference in these distributions cannot be observed 
(Temkin, 1979). The physical nature of the biographical (intrinsic or a priori) 
nonuniformity can be attributed to the differences in the properties of the 
different crystal faces, the occurrence of dislocations, defects, and other 
disturbances. 

An explicit expression for reaction kinetics in case of biographic non- 
uniform surfaces could be derived only in few cases, which, in fact, has lim¬ 
ited the possibility of a wider application of the a priori nonuniform surface 
concept. One of such cases is a two-step sequence, which addresses the fact 
that in heterogeneous catalysis it is one of many reaction intermediates, 
which is the most abundant, while all others are present at the surface at 
much inferior concentration levels. The rate equation for an evenly non- 
uniform surface for the two-step sequence of the overall reaction 
A + B = C + D is given by 

R __ K c aCb~ccCd/K) _ 

( k\CA + k-2Co) m (k-iCc + k2CB )* 

where m varies from 0 to 1, being very often equal to 0.5. In the case of an 
irreversible reaction, Eq. (4.3) is simplified to a power-law model. The con¬ 
cept of biographically nonuniform surfaces does not allow one to obtain 
closed analytic solutions for the reaction rate in case of complex kinetics. 

2.3. Size-dependent kinetics: Cluster size 

The progress in the physical methods of nanomaterials characterization, 
computational methods, as well as the discovery of the remarkable reactivity 
of specifically designed nanoparticles (e.g., gold) resulted in the revival of the 
interest to the problem of structure sensitivity, that is, dependence of the rate 
on the particle size (Bell, 2003; Henry, 2000; Narayanan and El-Sayed, 
2008; Schlogl and Abd Hamid, 2004). Such variations are observed typically 
in the domain of 2—20 nrn. The dependence of the turnover frequency 
(TOF) per exposed active site as a function of the nanoparticle dimension 
is given in Fig. 4.7. Different explanations, for example, quantum size ef¬ 
fects, metastability of nanostructures under reactions conditions, defect sites, 
metal—support interface chemistry to name a few, have been advanced in the 
literature for the explanation of particle size effects. Size-dependent kinetics 
on a quantitative level is very rarely described in the literature. It is 
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Figure 4.7 Cluster size effect in biomass conversion: oxidation of arabinose on gold 
(Simakova et al., 201 1). 


interesting to note that recently size-dependent adsorption of nanocrystal 
surfaces has been discussed (Jiang and Lu, 2008; Zhang et al., 1999). 

The explanation for size-dependent adsorption utilized by Jiang and Lu 
(2008) is based on the application of Laplace—Young equation, which takes 
into account changes in the interface free energy, namely, the increase in the 
chemical potential of the active phase due to excessive surface energy and an 
increase in the internal Laplacian pressure with the particle size decrease. 
According to the model of Jiang and Lu (2008), the equilibrium adsorption 
constant increases as the material size decreases, which is in agreement with 
the experimental data (Zhang et al., 1999) of adsorption of some organic 
acids on anatase. 

Thermodynamic analysis of the effect of the nanoparticle size on the ad¬ 
sorption equilibrium and the reaction rates was performed by Parmon (2007) . 
This kind of approach to the catalytic kinetics, when the rate is governed by 
adsorption, can explain only a decrease in the TOF as the particle size in¬ 
creases. In order to explain another type ofbehavior, that is, the TOF increase 
for large particle sizes, which corresponds to the occurrence of a rate (per 
mass) maximum, a concept of the increase in the chemical potential upon 
adsorption with the crystal size increase was utilized by Murzin (2009). 
Two-step and Christiansen sequences as well as Langmuir—Hinshelwood 
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mechanisms were considered (Murzin, 2009), showing that for catalytic 
reactions over nanoparticles not only the rates but also the reaction orders 
can be different from those obtained for large nanoclusters. Comparison with 
experimental data for arabinose oxidation to arabinonic acid on supported 
gold catalysts was utilized to explain the nanoparticle size effect on the kinet¬ 
ics (Fig. 4.7). 

According to the cluster size kinetics approach, the following rate ex¬ 
pression (reaction A + B = C + D, per catalyst weight) can be obtained for 
the two-step sequence (Parmon, 2007) 


R(r) 


_ k(c A c B -c c c D /K)e( 2ci l)AS/r _ 3_ 

(kic A + k- 2 Cr))e aAd ' R + (k 2 c B + k-ic c )e( a -^ AS ' R rp 


[4.4] 


where p is the density of catalytic phase, a is the Polanyi parameter, r is the 
metal cluster radius, and A 5' reflects both intrinsic (i.e., excess of surface en¬ 
ergy with particle size increase) and induced (i.e., excess of surface energy 
due to external stress exerted by adsorbed molecules) changes in the chem¬ 
ical potential. For an irreversible two-step sequence, in case of A 5' > 0, for 
large values of the nanoparticle size, a first-order behavior in reactant A fol¬ 
lows. If, in addition, k 2 c B 3> k-itc> a zero order with respect to B is observed. 
On the contrary, a small cluster size leads to zero order in A and first order in 
reactant B, showing the dependence of kinetic regularities with the metal 
cluster size. It is thus important during scale-up from the laboratory to pilot 
and production scale that the materials remain essentially the same of the 
same or similar size of active clusters; otherwise, not only TOF but also 
the kinetic regularities might differ substantially. 


2.4. Size-dependent kinetics: Reactant size 

Historically, the theory of catalytic kinetics was developed based on large- 
scale processes, such as ammonia and methanol synthesis, or production of 
sulfuric acid. Later on, heterogeneous catalysis started to be widely used in 
the field of classical organic chemistry, for example, for the production of 
fine chemicals. In general, the kinetic analysis is limited to the cases when 
it is assumed that a given surface intermediate needs only one site for adsorp¬ 
tion, neglecting totally the possible multisite adsorption (Frennet and 
Hubert, 2000) . Moreover, in the catalysis involving complex organic mol¬ 
ecules with different functional groups, not only the number of sites but also 
the mode of adsorption is an important issue. The treatment of kinetics of 
hydrogenolysis (Bernas et al., 2009) and hydrogenation (Cabrera and Grau, 
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2008a, 2008b; Salmi et al., 2004) on uniform catalyst surfaces involves the 
concepts of multicentered species. 

The concept of semicompetitive adsorption of a large molecule and a 
smaller one implies that the maximum coverage of the large molecule is less 
than one, and thus some interstitial sites always remain accessible for the 
smaller molecule (such as hydrogen). For example, for irreversible catalytic 
hydrogenation of a large organic molecule (A) with molecular hydrogen 
(H), the following rate equation can be derived for the rate control of the 
surface reaction: 

r _ feFC A FC H CACHO(((l — %)KaCa + 1) 

((1 — tx)K A K H c A c H + K a c a + + l) 2 

where a is the maximum coverage of A (<1). For the limit case a = 1 and the 
standard Langmuir—Flinshelwood model is obtained from Eq. (4.5). Gener¬ 
alizations of this concept are presented in Salmi et al. (2004) and Cabrera and 
Grau (2008a, 2008b). 

2.5. Modeling of catalyst deactivation 

The majority of catalysts used in biomass conversion are subject to deacti¬ 
vation, for example, deterioration of the activity with an increasing opera¬ 
tion time. The time scale of deactivation depends on the type of process, and 
it can vary from a few seconds to months and years. A typical example of 
catalyst deactivation in a continuous fixed bed reactor is displayed in 
Fig. 4.8, which shows hydrogenation ofarabinose to arabitol on supported 
ruthenium particles. The reactant conversion decreases quite rapidly in 
time-on-stream but approaches a limit activity. 

The main causes of deactivation in heterogeneous catalysis can be 
poisoning, fouling, thermal degradation (sintering, evaporation) initiated 
by the often high temperature, mechanical damage, and corrosion/leaching 
by the reaction mixture. Catalyst poisoning is defined as deactivation by 
strong adsorption of, usually, impurities in the feed. Poisoning depends upon 
adsorption strength of such poisons relative to the other species competing 
for catalytic sites. Adsorbed poisons may not only block active sites but also 
change the electronic or geometric structure of the surface as well. Surface 
restructuring by poisons can also take place. The poison may affect the 
nearest neighbor metal atoms and possibly its next nearest neighbor atoms 
and modify their abilities to adsorb and/or dissociate reactant molecules. 
Fouling is associated with surface covering by a certain deposit, which is 
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Model prediction for experimental set 1 



Time on stream (min) 

Figure 4.8 Catalyst deactivation in arabinose hydrogenation over supported ruthenium 
in a laboratory-scale trickle bed reactor: axial dispersion model with catalyst deactiva¬ 
tion (Durante, 201 1). 


quite often hydrogen-deficient carbonaceous material (i.e., coke). Coking 
makes the active sites inaccessible. 

Catalyst leaching is extremely important, particularly, for liquid-phase 
reactions. Often the metals leached are responsible for the high catalytic 
activity in some reactions, which are considered to be heterogeneously cat¬ 
alyzed, but are in fact homogeneous. Leaching is particularly a problem in 
oxidation catalysis owing to the strong complexation and solvolytic proper¬ 
ties of the oxidants (H 2 0 2 , R0 2 H) and/or the products (H 2 0, ROH, 
RC0 2 H, etc.). 

Mechanical deactivation is due to strong stresses of packed catalysts beds 
during start-ups, shut-downs, and catalyst regeneration. Thermal degrada¬ 
tion is a physical process leading to catalyst deactivation because of sintering, 
chemical transformations, evaporation, etc. Sintering is the loss of catalyst 
active surface due to crystallite growth of either the support material or 
the active phase. 

Due to the industrial importance of deactivation, various kinetic models 
that account for the deactivation have been advanced. Probably, the most 
frequently used approach is based on different empirical and semiempirical 
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equations. However, increasingly, the nature of deactivation is considered as 
a constituent part of the reaction scheme. This approach provides more pos¬ 
sibilities for elucidating deactivation mechanisms, which should be an essen¬ 
tial part of any new catalyst development. In the simplest case, the catalytic 
activity is proportional to the number of active sites Nt, intrinsic rate 
constant, and the effectiveness factor. In the general principles of kinetic 
modeling, the reaction rate is defined as a function of the intensive variables 
in the system, typically the concentrations of the components involved 
and the temperature. In a deactivating system, the initial intrinsic rate 
on the fresh catalyst is r 0 =f (q, T). The rate over a deactivated catalyst is 
r t =f 2 {Ci,T). The activity is defined as the current reaction rate divided by 
the initial intrinsic rate a = \ t /r Q . By carrying out experiments in a fixed bed 
reactor, the activity changes are observed with time-on-stream. The initial 
rate r 0 remains unknown, and one has to extrapolate to zero time to obtain 
this value. This is not always an easy task, particularly for rapid deactivation, 
because of the influence of the starting up procedure of the experiment. 

The catalyst activity is often described by an empirical equation, such as 

j= [4.6] 

where <p(a) is a deactivation function. Different equations have been pro¬ 
posed in the literature for the deactivation function, for instance, a 
power-law one if (a) = a m as well as reversible expressions. Often, the catalyst 
deactivation is expressed in terms of time-in-stream, but, more correctly, the 
deactivation function has to be expressed in terms of the deactivating agent 
itself: the coke precursor or the poison, which means that the amount of 
coke (or poison) on the catalyst site should be known. The determination 
of a rate equation for the formation of the coke precursor is thus an integral 
part of the kinetic study of the process. 

Knowledge of the deactivation mechanism deactivation can be explicitly 
taken into account (Sandelin et al., 2006). For a reaction mechanism, 

1 2 3 

A+* <-» A* <-» B* B+* 

14 

C* 

where A and B are the reactants, C is the coke, step 2 is reversible, step 4 is 
irreversible and steps 1 and 3 are in equilibria, the coverage of vacant sites 
and the rates are 
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Q = 1 ~ AC* 

1 + K A c A + K b c b 

^ _ (fe+2^AC _ k-lK B C B )(l — 0 C *) 

1 + + K B C B 

1 — 

4 = k+AK A CA - 

+4 A A 1 + KaCa + KbCb 

Deactivation can be treated using the general framework of the theory of 
complex reactions, simply considering deactivation as an independent route 
leading to coke on the catalyst surface. 

It should be mentioned that the analysis of deactivation kinetics is almost 
exclusively based on the concept of ideal adsorbed layers and lateral inter¬ 
actions or intrinsic inhomogeneity are very seldom taken into account. 
An attempt to model deactivation on a priori nonuniform surfaces for a cat¬ 
alytic reaction proceeding via a two-step mechanism with two additional 
steps, accounting for reversible and irreversible deactivation, was presented 
by Pogorelov et al. (1983). It required a rather tedious derivation of an 
equation for the catalyst activity in the region of medium coverage. Intui¬ 
tively, it is clear that within the framework of any approach based on intrin¬ 
sic nonuniform surfaces, more complicated reaction mechanism would 
impose severe restrictions on the derivation of kinetic equations and activity 
functions. More recently, several aspects of deactivation kinetics over 
induced nonuniform surfaces were considered by Murzin and Avetisov 
(1998). When deactivation is not very strong, the activity may exhibit a 
maximum as a function of time when interactions are of attractive nature. 
When the deactivation is relatively strong, the nonuniform nature of the sur¬ 
face does not manifest itself, resulting in activity profiles almost independent 
on the values of interaction parameter. 


3. POROUS CATALYST STRUCTURES—REACTION, 
DIFFUSION, AND CATALYST DEACTIVATION 


In any catalytic system, not only chemical reactions per se but also mass 
and heat transfer effects should be considered. For example, mass and heat 
transfer effects are present inside the porous catalyst particles as well as at the 
surrounding fluid films. In addition, heat transfer from and to the catalytic 
reactor gives an essential contribution to the energy balance. The core of 
modeling of catalytic reactors is the catalyst particle, and the description 
of simultaneous reaction and diffusion in the pores of the particle should 
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Figure 4.9 Mass transfer processes in three-phase systems. 

be accounted for. These effects are completely analogous to reaction—diffusion 
effects in liquid films appearing in gas—liquid systems. 

Gas—liquid diffusion can be essential in homogeneous and enzymatic re¬ 
actions if the catalyst is dissolved in the fluid phase, while one of the reactants 
has to be first dissolved. Such a type of diffusion is also present in heteroge¬ 
neous catalysis for three-phase systems (three-phase catalytic hydrogenations 
or oxidations) as illustrated in Fig. 4.9. 

Physical transport processes can play an especially important role in het¬ 
erogeneous catalysis. Besides film diffusion on the gas/liquid boundary, 
there can also be diffusion of the reactants (products) through a boundary 
layer to (from) the external surface of the solid material and additionally dif¬ 
fusion of them through the porous interior to (from) the active catalyst sites. 
Heat and mass transfer processes influence the observed reaction rates. The 
intrinsic rates of catalytic processes follow the Arrhenius law, while the mass 
transfer effects mask such a pronounced dependence, decreasing the appar¬ 
ent activation energy. The diffusion and mass transfer coefficients display a 
less pronounced temperature dependence. 

3.1. Internal mass transfer 

Reaction, diffusion, and catalyst deactivation in a porous catalyst layer are 
considered. In a porous catalyst particle, the reacting molecules must first 
diffuse through the fluid film surrounding the particle surface. They then 
diffuse into the pores of the catalyst, where the chemical reactions take place 
on active sites. The formed product molecules, of course, need to follow 
the opposite diffusion path. The diffusion resistances in the fluid film around 
the particle, as well as inside the particle, are the reason for the fact that the 
concentrations of the reactant molecules inside the particle are lower than 
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those in the main bulk of the fluid. The result, in the case of most common 
reaction kinetics, is that the reaction rates inside the pores assume lower 
values than what would be expected with the concentration levels of the 
main bulk. 

Let us study a component i that diffuses into or out from a catalyst par¬ 
ticle. The species i has the flux N, (mol m~ 2 s _1 ) in an arbitrary position in 
the particle. Often the flux N,- of species diffuses into or out from a catalyst 
particle can be described with sufficient accuracy with the aid of the concen¬ 
tration gradient of the component (dc,-/dr) and its effective diffusion coeffi¬ 
cient (D e ,): Ni= — D e (dc/dx). In the calculation of the diffusion in a porous 
media, the effective diffusion coefficient D e = D(e/z) is applied because the 
cross-section available for diffusion is smaller than the geometric cross sec¬ 
tion (porosity e) and the catalyst has irregular pore structure (expressed via 
tortuosity x) as illustrated in Fig. 4.10. The approach is called random pore 
model. More advanced pore models are discussed by Koci et al. (2010). 

Reaction, diffusion, and catalyst deactivation in a porous catalyst layer 
can be considered in detail as follows. A general model for mass transfer 
and reaction in a porous particle with an arbitrary particle geometry can 
be written as follows: 


dr,- 

At 




[4.7] 


where the component generation rate (r,) is calculated from the reaction 
stoichiometry, 

>' V [4.8] 


where Rj is the initial rate of reaction j and a; is the corresponding activity 
factor;/(r) is the radial distribution function of the active sites :f{r) = 1.0 for 
conventional catalyst pellets but an increasing function for eggshell catalysts. 
The form of the function can be determined experimentally with inductive 
current plasma analysis, and various mathematical functions can be fitted to 
the data, for instance, f=f 0 (r/R) a . 



Figure 4.10 Illustration of porosity and tortuosity. 
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The catalyst activity factor (a.) is time dependent. Several models have 
been proposed, depending on the origin of catalyst deactivation, that is, 
sintering, fouling, or poisoning. The following differential equation can rep¬ 
resent semiempirically different kinds of separable deactivation functions, 


d cij 
df 




n 


[4.9] 


where Uj is the deactivation parameter and dj is the asymptotic value of 
the activity factor—for irreversible deactivation, a* = 0. Depending on the 
value of the exponent («), the solution ofEq. (4.3) becomes 


a i — a* + (aoj ~ <?j ^ e kjt [4.10] 

and 


i ij = a* + ((a 0 — a*) 1 n + k'j(n—i)t) ^ \ n^l [4.11] 

Some special cases ofEq. (4.4) are of interest: for irreversible first (n = 1)- 
and second (« = 2)-order deactivation kinetics, we get a; = <3q/e _ *' ( and 
cij = aoj/ (l + aojk'jt) , respectively. 

In case that the effective diffusion coefficient approach is used for the 
molar flux, it is given by N { = — D e ,(dq/dr), where D e ,= (e p /T p )D,„; 
according to the random pore model. A further development ofEq. (4.1) 
yields 


d q 
d t 




( d 2 c, 5 d C;\ \ 


The boundary conditions ofEq. (4.5) are 


and 



atr = 0 


[4.12] 


[4.13a] 


° ci (dfy = k ^i~Ci(R)) at r = R [4.13b] 

where q is the bulk-phase concentration of the component. The initial condi¬ 
tion at t = 0 is q(r) = c„ that is, equal to the bulk-phase concentration. The model 
presented here is valid for a monodisperse distribution of catalyst particle sizes; 
it is, however, a straightforward task to expand the model to comprise a 
distribution of catalyst particle sizes, as shown by Leveneur et al. (2009). 
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The molecular diffusion coefficients in liquid phase can be estimated 
front the correlations provided by Wilke and Chang (1955) for organic 
solutions and by Hayduk and Minhas (1982) for aqueous solutions, respec¬ 
tively. An extensive comparison of the estimation methods for diffusion co¬ 
efficients is provided by Wild and Charpentier (1987). The solvent 
viscosities needed in the correlations were obtained from the empirical 
equation based on the experimental data, ln/i = A + B/T, where the param¬ 
eters A and B are experimentally determined constants. The gas-phase com¬ 
ponent solubility in the organic reaction mixture can be obtained from 
correlations collected by Fogg and Gerrard (1992), for example, ln(x^,) = 
A-\-B/T, where x* c is the mole fraction of dissolved gas in equilibrium 
and A and B are experimentally determined constants. 

3.2. External mass transfer 

External mass transfer effects are expected to play an important role in the 
conversion of biomass, particularly, in continuous reactors, as the long res¬ 
idence times are needed for many of the reactions listed in Table 4.1. 
Liquid—solid and gas—liquid mass transfer coefficients are of particular 
importance. 

The liquid—solid mass transfer coefficient can be estimated from corre¬ 
lations based on Sherwood (Sh), Reynolds (Re), and Schmidt (Sc) numbers, 

Shi = 2 + aRe a Scf [4.14] 

where Sh = k L ,d p / D t and Sc = /r/ ( pD ,-). If the values of Re and Sc numbers are 
known, then the Sherwood number can be calculated and consequently the 
mass transfer coefficient can be determined. 

Calculation of the Reynolds number depends on the reactor system. 
For stirred tanks, the Reynolds number is calculated by using the turbulence 
theory of Kolmogoroff, 



If there is only transfer of mass from the bulk to the external surface of the 
catalyst, the analysis of the mass transfer coefficient can be done as follows. 
The Sherwood number is Sh = fc L ,d/ D, containing, besides the diffusion co¬ 
efficient, also d (the characteristic length) and the mass transfer coefficient. 
For fixed bed reactors, a lot of correlations have been proposed for gas—liquid 
and liquid—solid mass transfer coefficients. They are reviewed in the article of 
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AI-Dahhan et al. (1997). For fixed bed reactors, the classical experimental 
approach is to determine the dependence of the reactant conversion on 
the liquid or gas flow rate. 

For vigorously stirred slurry reactors, several correlations have been pro¬ 
posed, relating the Sherwood number to the Reynolds and Schmidt num¬ 
bers. Data collected by Temkin (1977) for various slurry reactors, where 
high agitation velocities have been used, indicate that the Sherwood number 
and mass transfer coefficient can be described by the following simplified 
equation: 


Sh = 1.0Re 1/2 Sc 1/3 


[4.16] 



[4.17] 


where £ denotes the specific mixing power, D is the diffusion coefficient, p is 
the solvent density, p is the solvent viscosity, and dj,/p is the bubble or par¬ 
ticle diameter. The crucial issue is the evaluation of the dissipated energy (fi). 

A common test to verify if mass transport controls a catalytic reaction in 
three-phase systems is to vary the rate of agitation. Agitation of a reaction 
mixture is usually done by stirring, although reactors in the form of shakers 
are also used for laboratory purposes. The mass transfer coefficient depends 
on the energy dissipation, the latter is a function of mixing power W, often 
related to the stirring speed according to W = fQ^Kquid^" (stirrer) > where n is 
the stirring speed, K is a constant, and d st i rre r is the stirrer diameter. The de¬ 
pendence of the mass transfer coefficient on stirring speed can be established 
as k LS is proportional to n 1/ ~. If the rate is independent on the agitation ef¬ 
ficiency at sufficiently high stirring speed, then it is conventionally assumed 
that the mass transport effects are minimized. 

However, the energy dissipation has a complex behavior, depending on 
the selection of solvent, stirring rate, liquid volume, and design of the reactor 
internals. Experiments with a laboratory-scale slurry reactor (Hajek and 
Murzin, 2004) demonstrated that the dissipation power at high stirring rates 
in fact does not follow the square root dependence of mass transfer coeffi¬ 
cient on the stirring speed. The energy of dissipation can also depend on the 
liquid load of an autoclave or a shaking reactor. This shows the apparent 
danger of establishing the kinetic region based exclusively on the results 
of experiments at various stirring speeds, as the independence of the catalytic 
activity of the agitation could be explained simply by the fact that a higher 
stirring speed or shaking frequency does not necessarily influence the specific 
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mixing power. Therefore, experimental verification of the mass transfer 
effects should be combined with mathematical modeling. 



4. REACTOR MODELING AND SIMULATION ASPECTS 


^ Reactor models for three-phase fixed beds and batch reactors are con¬ 
sidered here, as these reactors have the highest potential in the moderate- 
temperature treatment of biomass. As the aim is to describe transient 
phenomena, the reactor model is dynamic, including the accumulation of 
substances in different phases. The mass balances included in the reactor 
model comprise the gas phase, the liquid phase, and the solid catalyst phase. 
Mass transfer between the gas and liquid phases as well as between the liquid 
bulk and the catalyst surface is included in the model. The chemical reactions 
were presumed to take place exclusively on the solid catalyst surface. 

An important factor in the description of tubular reactors is the flow pat¬ 
tern. General reasoning and numerical simulations show that the best flow 
pattern to reveal transient phenomena is plug flow (see Section 1), but in 
practice, this is not always reached. Therefore, it is important to incorporate 
deviations from the plug flow in the fixed bed model. The concept of axial 
dispersion was selected here to describe the nonideal flow pattern, mainly 
because of the simplicity: only one parameter, the Peclet number is needed 
to describe deviations from plug flow. 

4.1. Continuous fixed beds 

4.7.7 Gas- and liquid-phase components 

The flows, dispersion effects, and interfacial fluxes are illustrated in Fig. 4.11. 
The balance equation for a component in the gas-phase volume element can 
be written as follows: 
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Figure 4.11 The flows and fluxes in a dynamic three-phase fixed bed with axial 
dispersion. 
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[4.18] 


The mass balance equation for a component in the bulk phase of the 
liquid is described in an analogous way: 


"L/,in + 



+ NgLi-^GL 


^Li,out “ 


d flu 

+ Nls^ls + ~ r ~ 

at 


a , 

\ 

out 


[4.19] 


The symbols are explained in the Notation. By denoting the differences 
between the inlet (in) and outlet (out) terms by A() and assuming constant 
values for the axial dispersion coefficients (D G and D L ), the following 
general forms of the mass balances are obtained after letting the volume 
element to shrink and recalling that dV= v4d/ for a reactor with a constant 
diameter: 


dec, 

£g ^T- 


1 d«Gi d 2 c G i 

~a^T +Dg ^p 


— Ngl^gl 


df 


1 d h u 
A~dT 



+ A/gli^gl + AIlsj^ls 


[4.20] 

[4.21] 


The further treatment of the mass balances depends on the models used 
for the interfacial fluxes (JV GL and N L g) as well as the assumption concerning 
the flow velocities. The molar flow terms in the above equations can be 
described with the concentrations and the fluid velocity (iiy), 


1 d«F,' d(tiycFi) 


A d / 


dl 


[4.22] 


where F = G or F = L. For a constant fluid velocity, an explicit expression 
with respect to the concentration is obtained. 

If Fick’s law and the two-film theory are used in the description of the 
gas—liquid flux (1V GL ), the following expression is obtained: 


Ngl; — 


hji ffn, 

Ki/ku+ l/k Gi 


[4.23] 
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The liquid—solid flux is coupled to the chemical reactions on the catalyst 
surface. The steady-state assumption for the outer surface of the catalyst 
particle gives 

Nls,AAs + wAm C3t = 0 [4.24] 

where the effectiveness (r],) factor includes the effect of internal diffusion 
resistance in the pores of the catalyst particle. The details of the modeling 
of the internal diffusion and the effectiveness factor for porous particles 
are treated in many references and are thus discarded here. Transient studies 
for revealing mechanistic details should preferably be carried out in the ab¬ 
sence of the internal diffusion limitation, which implies that in such case 
i)j= 1 for all components in the above equation and the concentrations of 
the liquid-phase components are the same throughout the porous particle. 

The balance equation for the catalyst particle is divided by the volume 
element (A V) and it becomes 

Afs;rtLS + Vi r ipB = 0 [4—5] 

If Fick’s law is applied to the liquid—solid (LS) flux for each component, 

Afsi^LS = ^LSi(rfi — ^Li) a LS [4-26] 

where c'u denotes the concentration at catalyst surface. The surface concen¬ 
trations are used in the calculation of the rate (r,). Thus, the concentrations 
(c'u) have in the general case to be calculated iteratively from the balance 
equation 

khSi^Li — Chi)aLS + Vi r i( c 'l)PB = 0 [4-27] 

where cY denotes the vector of the unknown concentrations in the vicinity 
of the catalyst surface. 

An important special case is the operation under kinetic control. In this 
case, k^si gets large values, which implies that cu c'u and c'u can be rep¬ 
laced by Cu in the rate expression. Furthermore, r/, = 1 for rapid internal dif¬ 
fusion. The liquid-phase balance equation becomes now 

dAi_ d(cLiWL) , „ d 2 c L / r , 

£ l——- —j - E>L-£p-+N gu<*gl + hP B [4-28] 

An ultimate simplification is obtained for the case that the organic liquid- 
phase component is nonvolatile (N GLi = 0) and the liquid flow rate (w L ) is 
constant. The dimensionless length coordinate is introduced: z=l/L, where 
L is the total reactor length. Furthermore, the space time is defined as 
T, = L/w { . The balance equation becomes finally 
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^=-(£LTL)“ 1 ^+(Pe L £LTL)“ 1 ^+r,p / B [4.29] 

where p' B = P b /&l and Pe L is the liquid-phase Peclet number defined by 
Pe L = w l L/D l . 

As revealed by the above equation, the balance contains just two adjust¬ 
able hydrodynamic parameters, Ti£l and Pe B . For an inert tracer used for the 
determination of the RTD, the rate term (r,) is zero in the above equation. 
Various kinds of boundary conditions have been suggested for the axial dis¬ 
persion model, the most common ones being Danckwerts’ closed boundary 
conditions, which were used here too. 


4.1.2 Adsorbed surface species 

For the adsorbed compounds on an ideal, homogeneous surface, the mass 
balance equations are simply given by the expression 


d n* 

—- = »'catf* 

At cat J 


[4.30] 


where n* is the amount of the surface species in the mass element of the 
catalyst. By introducing the fractional coverages ( 9j=c*/c *), the balance 
becomes 


d 0j 

At 


= corj, 


CO 


= ( 4 ) 


-1 


[4.31] 


4.1.3 Boundary and initial conditions 

The classical approach of the boundary conditions of the axial dispersion 
model presumes that the axial dispersion is initiated at the reactor inlet 
and the concentration gradients disappear at the reactor outlet. 


D a dq 

C 0 i = Ci - 77 - atz = 0 

u’LAz 


d q 
Az 


= 0 at z= 1 


[4.32] 

[4.33] 


where DJ ( wL ) is the reciprocal Peclet number, Pe = u>L/D a . 

In many practical cases, a departure from the classical treatment is, how¬ 
ever, preferred. The outlet boundary condition always suppresses the con¬ 
centration gradient to zero, which leads to an artificial bending of the 
concentration profile at z = l for cases, where the degree of axial dispersion 
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is small and the conversion of the component is far from complete. For such 
a case, it is better to introduce a finite concentration gradient at the outlet. 
This can be done either with special functions, as discussed by Salmi and 
Romanainen (1995), or with an open boundary condition or by introducing 
a new boundary point beyond the reactor outlet; plug flow is usually as¬ 
sumed to prevail in this imaginary point. 

The initial conditions arise from the actual experimental reality. Typi¬ 
cally, the concentration profile in the reactor is known in the beginning 
of the experiment, q = q(z) at t = 0. The changes in the inlet concentrations 
are also known during the experiment, c ()i = c 0i (f) at f>0. 

4.1.4 Residence time distributions 

The residence time distribution function E(t) is obtained from pulse exper¬ 
iments—the transient response is obtained from Eq. (4.29) with r, = 0. The 
residence time distribution function E{t) is calculated from the experimen¬ 
tally recorded responses, after which the E{t) function is obtained by the 
integration of E(t). The experimental functions are compared to the theo¬ 
retical ones; the expressions of E{t) and F(t) obtained from the analytical so¬ 
lution of the dynamic, nonreactive axial dispersion model with closed 
Danckwerts’ boundary conditions can be used in the comparison. This 
approach gave the basic hydrodynamic parameters (t l £ l and Pe L ). 

4.2. Batch and semibatch operations 

The reactors used for transforming biomass are often semibatch and 
batch reactors equipped with necessary auxiliary equipment for mixing, 
heating, and cooling as well as for distillation or evaporation of solvents 
or light reaction products. The reactions typically take place in the liquid 
phase in the presence of a homogeneous or heterogeneous catalyst. In 
this section, we summarize the reactor models considering only mass 
balances. 

4.2.1 Liquid phase 

The following fundamental assumptions were made in deriving the balance 
equations for the liquid phase: 

• Plug flow and axial dispersion or complete backmixing prevail in gas and 
liquid phases. 

• No reactions take place in the gas phase. 

• The reactions proceed in the liquid phase and/or solid phase. 
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dcu d(cuM4.) , N su ash , Ngucigl , 

-3-=-77-1-1-b f; 

at d Z e L £l 

Typically, uy is approximately constant, that is, 

d(c L ,uy) dy, 

-= w\ - 

d 1 d 1 

Some special cases of interest are listed below: 

a. Nonvolatile component: 1 V G l; = 0. 

b. No homogeneous reactions in liquid phase: r, = 0. 

c. No heterogeneous reaction: 1 V SLi = 0 

d. High degree of dispersion; complete backmixing: 

d 2 c L ,/df = 0 , d(c L ,uy)/d/ is replaced by (couWol — c u Wl)/L, which is 
equal to (c 0 l; Hol - hi Vl) / V. 

e. No flow, infinite dispersion (or perfect mixing): d“c L ,/d/ i = 0. 

4.2.2 Gas phase 

Analogously, the balance equation for the gas phase is of the form 

dc Gl _ d(cG,u ; G) „ d 2 e G ,' Ngl/^gl 

yjy — T- t, -bHc— 7 -H-, 

df d/ dr £g 

where (—) denotes cocurrent and (+) is for countercurrent flow. 

Special cases of interest are: 

a. Nonvolatile component, the balance is omitted (c G , = 0), (N G l, = 0)- 

b. High degree of dispersion; complete backmixing. 

d 2 c G ,/d / 2 = 0, d(c G; te G )/d/ is replaced by {c Gi w G — c 0Gi w 0G )/L, which 
is equal to (c 0 g, ^og ~ c G iV G )/ V . 

4.3. Numerical strategies 

The axial dispersion model presented earlier is a dynamic one-dimensional 
model with respect to the spatial coordinate. For nonisothermal cases with 
strong heat effects, a two-dimensional model is needed, while in isothermal 
cases, a one-dimensional model is sufficient. This model consists of a set of 
coupled second-order partial differential equations (PDEs). The strategy for 
solving the problem is to discretize the reactor coordinate (a - ) and integrate 
the ordinary differential equations (ODEs) in time (f). The number of ODEs 
is the number of components multiplied by the number of discretization 
points. Mainly, two kinds of methods are applied on the discretization, 



[4.35] 
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the method of lines or orthogonal collocation on finite elements. In using 
finite differences, expressions are needed for first and second derivatives. 

The derivatives which originate from the plug flow term should be 
described with backward differences, whereas central differences should 
be used for first and second derivatives originated from diffusion and disper¬ 
sion. For the first derivative (the plug flow term), for instance, the five-point 
backward difference formula can be used (Schiesser, 1991). The set of 
coupled ODEs arise an initial value problem which can be solved numeri¬ 
cally. There are several methods for solving ODEs numerically. The ODEs 
are very often stiffbecause of the large time-scale difference in reaction rates 
and deactivation rate. Additionally, the discretization increases the stiffness 
of the system. For stiff systems, the backward difference method (Gear, 
1971) is very suitable and often used. The methods for stiff cases can be 
compared with nonstiff methods; an often used method for this is the 
Adams—Moulton method. The application of the model solution is illus¬ 
trated in connection of the case studies. 


5. MODEL SIMULATION AND PARAMETER ESTIMATION 
METHODOLOGY 


In most cases, the kinetic parameters for the reactions involved in the 
transformation of biomass are unknown and they cannot be predicted from a 
theory. Therefore, the estimation of kinetic parameters from experimental 
data is a key issue in the reaction engineering of biomass components. 


5.1. Experimental design and parameter estimation 

The definition of the objectives is extremely important in kinetic studies, 
especially how comprehensive the experimental program will be. A heuristic 
approach includes first collecting all the possible data during the experiments 
as a function of the parameters which are deemed to be important, that is, 
concentrations, temperature, pressures, pH, catalyst concentration, volume, 
etc. Then the rate constants are estimated by regression analysis, and the 
adequacy of the model is judged based on some criteria (such as, residual sums 
and parameter significance, which will be discussed further). If the researcher 
is not satisfied, then additional experiments are performed, followed by pa¬ 
rameter estimation and preferably simulations outside the studied parameter 
domain. The latter procedure provides the possibility to investigate the 
predictive power of the model. The kinetic model is then gradually improved 
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and the experimental plan is modified, if needed. This process continues until 
the researcher is satisfied with the kinetic model. 

When designing experiments, one should also take care of possible ex¬ 
perimental errors, decide which is the minimum set of experiments, and de¬ 
fine the necessity of repeated experiments. The minimum number of 
experiments that must be performed is related to the number of important 
independent variables that can affect the experiment and to the experimental 
precision. The frequently used strategy is to carry out first experiments at the 
extremes (maximum and minimum setting) of the range of the controlled 
variables. Traditionally, in designing kinetic experiments, it is believed that 
kinetic data should be obtained under isothermal conditions. The reactants 
are preheated separately and brought together for the desired reaction to 
proceed. However, as solid catalysts are involved, in practice the procedure 
becomes more complicated. With which component to combine the cata¬ 
lyst during preheating and how to pretreat the catalyst; does the pretreatment 
procedure contribute to catalyst deactivation; are typical questions raised 
when handling with solid catalysts together with gases and liquids. In prac¬ 
tice, many experiments are carried out in such a way that all of the reactants 
are simply brought together with the catalyst, the mixture is heated up to the 
reaction temperature, and while heating, the mixture undergoes, at least, 
some reaction under the rising temperature gradient to the set temperature. 
Nowadays, this is not a technical problem, as the temperature profile can 
be followed online and stored on a PC. The temperature dependence of 
the kinetic model is incorporated in the temperature dependencies of the 
rate and equilibrium constants, for example, according to the laws of van’t 
Hoff and Arrhenius. All data sets are merged together and the parameters are 
determined by nonlinear regression, which will be addressed in the follow¬ 
ing sections. The mutual correlation between the parameters can be 
suppressed. 

A further challenge appears if the reactor equipment itself is non- 
isothermal. A typical example of this kind is a catalytic fixed bed. If the 
reaction has considerable heat effects, for instance, highly exothermal reac¬ 
tions, it is difficult to maintain completely isothermal conditions in a tubular 
fixed bed. Instead, a hot spot appears. Later on, the temperature profiles can 
be incorporated in the reactor model. Principally, two possibilities exist: to 
describe the reactor with a complete nonisothermal model including the en¬ 
ergy balance or to utilize the experimental temperature profiles more or less 
directly. The first approach is theoretically correct, but it has the drawback 
that the heat transfer parameters of the reactor tube need to be determined. 
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This introduces an additional uncertainty factor to the model, and bottom 
line, it is not relevant as the kinetic and thermodynamic parameters are of 
primary interest. Thus, it is better to interpolate in the experimental temper¬ 
ature field, for example, by fitting an empirical model for each temperature 
profile, T=/(reactor length), using, for instance, a polynomial model. The 
laws of van’t Hoff and Arrhenius are incorporated in the thermodynamic 
and kinetic parameters; all data sets are merged together with the empirical 
temperature profiles and nonlinear regression is used to obtain kinetic 
parameters. Nonisothermal data, although rather seldom used in kinetic ex¬ 
periments, indeed, can be used for kinetic analysis. The crucially important 
issue is to obtain primary data with a large enough concentration and tem¬ 
perature domain, and to record the temperature profiles frequently and pre¬ 
cisely. If these requirements are fulfilled, the parameter estimation exercise 
can be safely carried out under nonisothermal conditions. 

The models in chemical kinetics usually contain a number of unknown 
parameters, whose values should be determined from experimental data. 
Regression analysis is a powerful and objective tool in the estimation of pa¬ 
rameter values. The task in regression analysis can be stated as follows: the 
value of the dependent variable (y) is predicted by the model; a function (f) 
contains independent variables (.%j and parameters (p). The independent var¬ 
iable is measured experimentally, at different conditions, that is, at different 
values of the independent variables ( x ). The goal is to find such numerical 
values of the parameters (p) that the model gives the best possible agreement 
with the experimental data. Typical independent variables are reaction 
times, concentrations, pressures, and temperatures, while molar amounts, 
concentrations, molar flows, and reaction rates are dependent variables. 
The parameters to be estimated are usually rate and equilibrium constants, 
sometimes even mass and heat transfer coefficients. As most models in chem¬ 
ical kinetics and more general in chemical reaction engineering are 
nonlinear with respect to the parameters, the treatment here is limited to 
nonlinear regression analysis. 

The model equation is written according to y=/(x,p); thus, nonlinear 
regression strictly speaking is valid for algebraic models, but it can be applied 
to differential models, as well. For differential models, the solution (y) is 
obtained numerically from the model equation. The objective function 
to be minimized by regression is defined by: 


q(p)=[ 6w 


1=1 5=1 t= 1 


^i,s. 


[4.37] 
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where i denotes each component in the reaction mixture, s denotes the 
different data sets, t refers to the data points, y ist is the experimental value, 
f( x i,s,t) is the corresponding model prediction, and w is ; t is the weight matrix 
which is used, if experimental scattering varies between different data. 

The norm notation in Eq. (4.37) is often used as an abbreviation of the 
sum of squares: 

nsets nobs(fe) nydata(/,fe) 

lly-y.v|l 2 = E E ( yijk-y x ,ijk) 2 [4.38] 

fc=i j= i 1=1 

where x denotes here the predicted values or in the later case the common 
mean value. In the sums, wset is the number of datasets, nobs indicates the 
number of observations in each set, and f/ydata is the number of observed 
response components in each dataset at each observation. 

The parameter estimation results can be evaluated by a standard statistical 
analysis, that is, the degree of explanation can be described with the coeffi¬ 
cient of determination, the Revalue. 



In the equation, y is the experimentally observed variable (typically con¬ 
centration, molar amount, or molar flow), y is the prediction of the variable, 
and y is the average of all the data points. This implies that .Revalues 
approaching 100% are desired. 

Various optimization methods exist for the minimization of the objective 
function (Q). If one has a good initial guess of the parameters, the 
Levenberg—Marquardt method (Marquardt, 1963) is rapid and efficient, 
but it typically fails, if the optimization is started far from the minimum. 
For those cases, the minimization is started with a slower, but a more robust 
method, such as the simplex algorithm. As the minimum is approached, it is 
possible to shift to the Levenberg—Marquardt algorithm. Modern software 
(Haario, 2007) includes this kind of numerical strategy. During parameter 
estimation, analytical solutions of the reactor models can usually not be 
obtained; therefore, there is a need to solve algebraic and differential equa¬ 
tions by numerical methods. 

The numerical solution of the combined reaction—diffusion problem re¬ 
quires a special attention. The PDEs describing the catalyst particle are dis¬ 
cretized with central finite difference formulae with respect to the spatial 
coordinate (Schiesser, 1991). Typically, around 10—20 discretization points 
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are enough for the particle. The ODEs created were solved with respect to 
time together with the ODEs of the bulk phase. As the system is stiff, the 
computer code of Hindmarsh (1983) is often used as the ODE solver. In 
general, the simulations progress without numerical troubles. 

5.7.7 Software recommendations 

There are several software packages for modeling chemical and biochemical 
systems. They simulate the kinetics of systems of chemical and biochemical 
reactions providing tools to fit models to data, estimate parameters, perform 
simulations and optimizations among other options. In the general purpose 
software, the task of the user is to develop a mathematical model and rewrite 
a model in the format expected by the software. 

For instance, Athena Visual Studio offers an integrated environment for 
modeling, optimization, estimation, optimal experimental design, and 
model discrimination of chemically reactive and nonreactive process sys¬ 
tems. A user has the possibility to develop models, while the software takes 
care of the tasks associated with solving the underlying equations and esti¬ 
mating the model adjustable parameters. A convenient graphical user inter¬ 
face is combined with powerful parameter estimation and optimization 
software, which allows for the analysis of single- and multiresponse exper¬ 
iments, model discrimination, and optimal experimental design. Moreover, 
several examples are provided illustrating typical cases relevant to chemical 
reaction engineering. In Athena Visual Studio (2009), the selection of tasks 
(modeling, estimation, or optimization) is combined with an option to select 
a variety of mathematical models. 

ModEst (from Model Estimation) is a software, which has been designed 
for parameter estimation of mechanistic mathematical models as well as for ex¬ 
perimental design. All the modeling tasks that previously required tailor-made 
solutions in each project can now be solved in a unified manner in the ModEst 
environment. ModEst (Haario, 2007) is able to deal with explicit algebraic, 
implicit algebraic (systems of nonlinear equations), and ODEs. As the standard 
way to handle PDE systems, the numerical method of lines, which transforms 
a PDE system to a number of ODEs, is used. In addition, any model with a 
solver provided may be dealt with as an algebraic system. The basic numerical 
tools are contained in the well-tested public domain software (Bias, Linpack, 
Eispack, LSODE). Advanced statistical information including sensitivity data 
and contour plots is available. Recently, a possibility to evaluate the accuracy 
of estimated parameters by Markov chain Monte Carlo method is based on the 
Bayesian approach. The method is incorporated into this software. 
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> > 6. CASE STUDIES 

i' The methodology which was discussed in previous sections is illus¬ 
trated for real cases related to components from biomass. Most of the exam¬ 
ples concern batch processes, as they are still the dominating ones in biomass 
conversion. 

6.1. Case A: Sitosterol hydrogenation process: From laboratory 
reactor to plant scale 

Cholesterol is found in almost all tissues of animals, particularly in the brain, the 
spinal column, and gallstones. High level of cholesterol is a leading risk factor 
for heart diseases. As cardiovascular diseases are one of the leading causes of 
death, development of functional food to enhance the cholesterol lowering 
ability of traditional food products is increasing. In Finland, the commercial 
production of cholesterol-suppressing margarines started in 1995. 

Phytosterols have a role in plants similar to that of cholesterol in mam¬ 
mals; for example, they are forming cell membrane structures. More than 40 
sterols have been identified, of which fl-sitosterol, campesterol, and stigmas- 
terol are the most abundant. These phytosterols and cholesterol share iden¬ 
tical ring structures, belonging to the class of 4-desmethylsterols. A less 
abundant class of related compounds found in plants is the phytostanols. 
Phytostanols are completely saturated forms of plant sterols and lack the 
carbon—carbon double bond found in cholesterol and phytosterols. The 
raw material is derived from vegetable oil processing or wood-pulping pro¬ 
cesses. In addition to P-sitosterol (ca. 45-47%) (MW = 414.7 g/mol), the 
feed sterol contains other sterol species, the most frequent of which are 
campesterol (ca. 25%); stigamsterol (ca. 18%); brassicasterol (ca. 2%); and 
the target product, sitostanol itself (ca. 2—4%). The sterol feed has a melting 
point of 135 C. 

Generally speaking, hydrogenation of plant sterols yields the respective 
stands by hydrogenating the carbon—carbon double bond and the C—O 
bond. Some by-products can be formed during the hydrogenation, primar¬ 
ily the ketone and the unsaturated compounds. A proposed route for the 
hydrogenation of sitosterol and campesterol is sketched in Fig. 4.12 
(Warna et al., 2006). 

It is possible to identify 12 compounds in the reaction scheme; however, 
campesterol isomer species is not always taken into account if it does not 
appear in the analysis of the samples. Sitosterol and campesterol were 
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Figure 4.12 Reaction scheme for hydrogenation of sterols. 


hydrogenated to sitostanol and campestanol in a batch reactor over 5% Pd/C 
catalysts (catalyst 1 with the specific surface area= 1010 nr 2 /g, and catalyst 2 
with the surface area = 800 m 2 /g Degussa) in an organic solvent (iso¬ 
propanol). The reactor volume was 100 ml and the liquid volume in the 
reactor was 500 ml. 

A mixture of plant sterols (sitosterol, campesterol, stigmasterol, and 
brassicasterol) was used as a raw material. Eighteen experiments were per¬ 
formed under different conditions, varying the temperature (70—120 C) 
and hydrogen pressure 4—45 bar over a Pd catalyst. The batch reactor was 
equipped with a heating jacket able to keep the temperature of the reaction 
fluid constant. The stirring speed was 1000 rpm in all experiments. It was 
verified that experiments were conducted in kinetic regime, free from 
the influence of external and internal diffusion. Some initial hydrogenation 
experiments were performed with stirring speeds from 700 to 1500 rpm. 
These tests showed that a stirring speed of 1000 rpm is sufficient for the re¬ 
actor to operate in the kinetic regime. When the system reached the steady 
state (temperature), reaction was commenced by opening the hydrogen 
valve. The steady state was set at the time when the temperature inside 
the reactor was stabilized. Temperature inside the reactor increased just after 
the reaction was commenced, and then it stabilized again after short time 
(3 min approximately, depending primarily on the experiment temperature 
and the mass of catalyst). 
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Samples were taken along the reaction, and at the same time, tempera¬ 
ture and pressure were registered. Hydrogen flow rate was also registered 
during the experiments. The reaction rate was weakly dependent on the hy¬ 
drogen pressure. Increased temperature resulted in higher reaction rates. 
The influence of the vapor pressure of the solvent (1-propanol) had to be 
taken into account in the calculations, as it lowers the hydrogen partial pres¬ 
sure in the reactor. In the kinetics and reactor modeling, the recorded total 
pressure in the reactor was corrected by subtracting the vapor pressure of 
1-propanol, in order to get the hydrogen pressure. The solubility of hydro¬ 
gen in sitosterol/1-propanol solution was measured. 

The kinetic model was based on the following hypothesis: molecularly 
adsorbed hydrogen was assumed to react on the catalyst surface with 
adsorbed organic species. Preliminary analysis of the reaction rate depen¬ 
dence on hydrogen concentration revealed that discrimination between 
molecular and dissociative hydrogen adsorption cannot be performed in a 
meaningful way; therefore, molecular hydrogen adsorption was preferred 
as in principle it gives a possibility to describe first order in hydrogen 
frequently observed in hydrogenation of carbon—carbon double bonds. 

The surface hydrogenation step was assumed to be rate limiting, whereas 
adsorption and desorption steps were regarded rapid quasiequilibria. Finally, 
the rate equations were obtained 

k'jK A K H2 CjC H2 

(1 + K Hl ch 2 ) 

where index i denotes the components (A-sitosterol, B-sitostanol, C- 
sitostanone, D-sitostane, E-campesterol, F-campestanol, G-campestanone, 
H-campestane, I-brassicasterol, J-stigmasterol, K-sitosterol isomer) and index 
j denotes the reactions (1,.. .16, Fig. 4.12). 

The influence of temperature on the rate and adsorption coefficients can 
be accounted for with the Arrhenius and van Hoff equations. The rate con¬ 
stants (k Q J), adsorption constants (K 0 J), the activation energies (A E A ), and 
adsorption enthalpies were estimated from the laboratory experiment data 
by nonlinear regression. 

The mass balance for a liquid-phase component (i) in a batch reactor was 
written as d cjdt=p b r,-, where r,- is the reaction rate and p B is the catalyst bulk 
density (p B = m cat / I/, q ). The mass balance is valid in the kinetic regime, that 
is, in the absence of mass transfer limitations. Hydrogen is present in 
both the gas and the liquid phases; thus, the mass balance is written as 
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dc H /dt= N H a„+ r H pb, where the flux Nh<? v between the gas and liquid 
phases is 1 Vh<3„ = kia v {Pc/RT/K— Ch). The gas—liquid equilibrium constant 
K is obtained from gas—liquid solubility data. The proposed kinetic model 
and the equations of the batch reactor were linked to the MODEST soft¬ 
ware (Haario, 2007), and the code was compiled and used for the parameter 
estimation of the data obtained in the experimental work. The rate constants, 
adsorption coefficients, heats of adsorption, and the activation energies in¬ 
cluded in the kinetic model were estimated from the laboratory experiments 
by nonlinear regression with the Levenberg—Marquardt method. The reac¬ 
tor mass balances were solved as a subtask to the parameter estimation with 
the backward difference method. The parameter estimation routine mini¬ 
mizes the objective function, the sum of square error (Q). 

The parameter estimation was performed by applying the estimation 
procedure directly to the data. The program was executed many times; it 
has the built-in option to use the last result as a starting condition for the 
next estimation. Different sets of initial values for the calculation of the 
model parameters were also tried, finally permitting the convergence of 
the numerical procedure. The number of components and reactions in 
the estimation were 11 and 14, respectively, giving 14 rate constants, 14 ac¬ 
tivation energies, 12 adsorption coefficients, and 12 adsorption energies, al¬ 
together 52 adjustable parameters. 

Some initial parameter estimations with all 52 parameters revealed that 
there are too many parameters resulting in large parameter errors. In order 
to reduce the number of parameters, some assumptions were made, in par¬ 
ticular due to the small temperature difference (AT=50 °C) in the experi¬ 
ments, the possible variations for heat of adsorption of hydrogen with 
temperature were neglected. Furthermore, the adsorption coefficients for 
sitosterol—campesterol, sitostanol—campestanol, sitonanone—campestanone, 
sitostane—campestane, and stigmasterol—brassicasterol were set equal to each 
other which is a reasonable assumption taking into account their structural 
similarities. With these modifications, the number ofparameters was reduced 
to 36. In order to reduce further the number of parameters, some assump¬ 
tions were made after initial estimations with all parameters. The reaction 
rates for reactions 5 and 13 were very low. Therefore, these reactions were 
considered to be nonsignificant. For reactions 4 and 12 to occur, two double 
bonds should be hydrogenated simultaneously. In further calculations, they 
were omitted. The activation energies for the pairs of similar sterols (i.e., 
sitosterol and campesterol) were set equal to each other ( E A9 — Eau 
Eaio = £a 2 , E au = E A3 , E a12 = E A4 , E au = E a5 ) also due to structural 
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similarities. The number of kinetic parameters to estimate was now 22. The 
highest degree of explanation ( R 2 ) after these simplifications was 99.8%. 

The kinetic model described very well the concentrations of the reac¬ 
tants and the main products stanols and sterols, although for very minor 
by-products, stanes and stanones, the fits were not as good as for the main 
products. The developed kinetic model was used to predict the plant-size 
reactor behavior. A characteristic feature for a plant-size reactor is the pres¬ 
ence of hydrogen mass transfer resistance. In the simulations, only the 
gas—liquid mass transfer coefficients were fitted. 

Experimental data were collected from a plant reactor of 8 m 3 with 25 kg 
of catalyst. The plant reactor was simulated with the values of kinetic param¬ 
eters obtained from the laboratory reactor. The simulation of the plant re¬ 
actor gave the values of the gas—liquid mass transfer coefficient (k]dj equal to 
0.341/min. For efficiently stirred tank reactors, the typical values are ca. 
3—121 /min 10 , demonstrating the low efficiency of gas/liquid mass transfer 
in the plant reactor. The results displayed in Fig. 4.13 demonstrate the suc¬ 
cessful application of the adopted approach in process scale-up. 

The model can predict the formation of the main products very well 
(Fig. 4.13). Figure 4.14 shows the calculated concentration of hydrogen 
in the reaction mixture in the plant conditions. During the first 100 min, 
the hydrogen concentration is very low because all hydrogen in the liquid 
phase is immediately consumed by the reaction and thus the gas—liquid mass 



Figure 4.13 Simulation of a plant reactor for sitosterol hydrogenation(4 bar, 70 °C) 
based on laboratory data. Experimental points (o) from plant reactor and simulated 
lines. 
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Figure 4.14 Simulation of a plant reactor. Concentration of hydrogen (mol/m 3 ) in the 
liquid phase as a function of time (min). 

transfer rate controls the overall reaction rate. After 100 min of reaction, 
less hydrogen is consumed and the hydrogen concentration approaches 
the saturation level determined by the gas—liquid equilibrium constant. 

6.7.7 Catalyst deactivation in sitosterol hydrogenation 

Catalytic hydrogenation of fl-sitosterol was performed with molecular 
hydrogen in shaking semibatch reactor vessel, where the hydrogen pressure 
was kept constant through controlled addition of hydrogen. Besides sitosterol, 
the raw material contained an analogous phytosterol, campesterol as a minority 
component as well as a sulfurous poison. The reaction scheme is displayed in 
Fig. 4.12. In many cases, the superficially very complex reaction scheme dis— 
playedin Fig. 4.12 was simplified to two simultaneous reactions, hydrogenation 
of sitosterol and campesterol to sitostanol and campestanol, respectively. 

The liquid-phase components were in batch. 1-Propanol was used as a 
solvent. The temperature and pressure ranges of the experiments were 
60—80 C and 5.0 bar hydrogen. Thermodynamic calculations revealed that 
the role of the vapor phase in the system was negligible; thus, the kinetic data 
could be interpreted as batch reactor data. Samples were taken from the re¬ 
actor during the experiments by opening the sampling valve. The compo¬ 
nent concentrations were analyzed by gas chromatography (capillary 
column, FI detector). Prior to the analysis, the sterol and stanol molecules 
were derivatized. 

Several Pd-based catalysts were screened, such as Pd/C (Sibunit, 4 wt%), 
Pd/C (Aldrich, 5 wt%), Pd-MCM-41 (5 wt%), Pd-HPS (polystyrene, 5 wt 
%), Pd-SBA-15NC (5 wt%), and Pd/Si0 2 -C. Pd/C (Sibunit, 4 wt%) 
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turned out to be the best catalyst giving a conversion of sitosterol maximally 
95% at a reaction time of 30 min (4 bar and 80 C). Therefore, this catalyst 
was selected to systematic kinetic studies which were carried out under 
diffusion-free conditions, in the kinetic regime. 

Extensive deactivation studies were carried out with the Sibunit-based cat¬ 
alyst; for instance, the same catalyst was used in three successive experiments. 
The results showed that the catalyst activity diminished with about 24% in each 
experiment. Some typical experimental results are shown in Fig. 4.15. 

The mathematical modeling of the hydrogenation process was carried out 
according to standard principles. The hydrogen concentration was kept con¬ 
stant in each experiment, and the adsorption of hydrogen and the organics 
were assumed to be of mostly noncompetitive character (Warn! et al., 
2006) . Thus, the hydrogen concentration was incorporated in the rate param¬ 
eters, and equations were directly used in the parameter estimation. A new 
model was developed for the catalyst deactivation by poisoning. The model 
equations are briefly summarized below. Reaction step 1 is reactant (A) ad¬ 
sorption, step 2 is surface reaction (hydrogenation of A), and step 3 is poison¬ 
ing. It can be shown that the following equations are valid for a batch process: 


a = 


top 

Pb c o 


S = (k 3 /k i)(l + fe_i/fe 2 ) 

r D =-:- TT~ 

1 + k— \ / 


d(c A /t0A)/dt 


-<«(<:aAoa) (l -a(l - (tA/foA) 15 )) 
1 + Kj^Ca 


where A and P refer to the reactant and the poison, respectively. The total 
concentration of sites is initially cq. The model parameters were co, a, and S as 
well as K a , where K A is the adsorption parameter of sitosterol. The contri¬ 
bution of the adsorption parameter of campesterol was neglected, as its con¬ 
centration was low compared to that of sitosterol (Fig. 4.15). 

The mass balance equations were solved with respect to each liquid-phase 
concentration during the estimation of the kinetic parameters. The objective 
function was minimized by a hybrid simplex—Levenberg—Marquardt algo¬ 
rithm implemented in the software Modest (Haario, 2007). The differential 
equations, that is, the mass balances, were solved numerically during the pa¬ 
rameter estimation by using a robust backward difference algorithm for stiff 
differential equations. 
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Figure 4.1 5 Fit of model to experimental data with deactivation model (80°C and 5 bar). 
Continuous lines represent the model prediction. 
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The parameters obtained were checked with different methods. The 
standard statistical analysis gave the standard errors of the parameters as well 
as their mutual correlations (the correlation matrix). The identification of 
each parameter was studied by preparing sensitivity plots, in which the ob¬ 
jective function was plotted as a function of one of the parameters, while the 
other parameter values were kept fixed to the value, which gave the objec¬ 
tive function minimum. 

The fit of the model to the experimental data is demonstrated in 
Fig. 4.15. As revealed by the figure, the new modeling concept works very 
well for the hydrogenation of sitosterol and campesterol. The fit of the 
model to the experimental data is almost perfect, and the parameter estima¬ 
tion statistics is reasonable (Fig. 4.15). Parameter co contains the initial con¬ 
centration of sites available (c 0 ), which decreases in successive runs. For the 
successive experiments (1, 2, 3, see Fig. 4.15), the co-parameter for the main 
reaction, sitosterol hydrogenation, changed with the ratios eo 1 /eo 3 = 4 and 
co 2 /co 3 = 2, that is, the catalyst activity declined with 50% after each exper¬ 
iment. The ratio of co parameters for sitosterol and campesterol hydrogena¬ 
tion (co sitostero i/co campestero i) was around 2.2 in all the successive experiments. 
This result is expected, as the poison occupies sites, which are equally avail¬ 
able for both sterols. The parameter c> obtained a quite high value, which 
reflects the fact that the poison adsorption rate is high, thus giving a high 
apparent reaction order for the hydrogenation process. 

Catalytic reaction kinetics coupled to catalyst poisoning kinetics was 
considered theoretically starting from elementary steps on the catalyst sur¬ 
face. The kinetic model was applied to batch and plug flow reactors (fixed 
beds), which were assumed to operate in the kinetic regime. Semianalytical 
models were derived, which describe the coupled reaction kinetics and poi¬ 
soning effects. Model simulations revealed the effects of the parameters on 
the kinetic behavior. For batch reactors, the catalyst poisoning typically in¬ 
creases the experimentally observed reaction order. The simple exponential 
function exp (—kjt) is not correct for the description of poisoning in batch 
reactors. The model is expected to be very useful in systems originating from 
renewable sources, as the presence of catalyst poisons can be verified by the 
modeling approach proposed. 

6.2. Case B: Hydrolysis of polysaccharides—From 
arabinogalactan to monomers 

In the acid hydrolysis of arabinogalactane (AG), the two main monosaccha¬ 
rides, arabinose and galactose, (Fig. 4.16) were obtained at temperatures up 
to 100 °C, pH= 1, 2, and 3, and the initial AG concentration Cag = 0.5, 2.5, 
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Figure 4.16 Acid-catalyzed hydrolysis of a hemicellulose (arabinogalactane). 



Time (min) 

Figure 4.1 7 Typical kinetic curves of AG hydrolysis to arabinose and galactose at 90 °C 
and pH 1 (Kusema et al., 2010). 

and 5.0 mass%. Typical kinetic curves of the AG hydrolysis and the released 
monomers are shown in Fig. 4.17. A complete conversion of AG was 
achieved after 1400 min. It can be noted from the results that arabinose 
was released totally within 120 min, whereas there was a continuous gradual 
increase in the galactose concentration during 1400 min. As can be seen, the 
monomers, arabinose, and galactose were stable at the above-mentioned 
conditions. There was a sharp decrease in AG molar weight within the first 
120 min, which is explained by the presence of the two simultaneous reac¬ 
tions until complete release of arabinose followed by the gradual hydrolysis 
of galactose residue. 

The results of AG hydrolysis at 90 C and different pH values are shown 
in Fig. 4.18. The residual AG concentrations were plotted against the reac¬ 
tion times for the different reaction conditions. In each of the experiments, 
the pH value of the solution was adjusted to 1—3, respectively. The exper¬ 
imental results show a very strong dependence of the hydrolysis rates on the 
acid concentration (pH). A complete conversion of AG was achieved at pH 
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Time (min) 

Figure 4.18 Effect of pH on the AG hydrolysis (Kusema et al, 2010). 

1 after 1400 min with only 25% and less than 1% conversion at pH 2 and 3, 
respectively. At pH 1, AG was completely hydrolyzed to monomers achiev¬ 
ing the maximum quantities of free sugar units from the polysaccharide. In 
the case of pH 2, there was almost complete release of arabinose front the 
polysaccharide with small amounts of galactose monomers leaving a partially 
hydrolyzed AG. The slowest hydrolysis rates of AG with hardly any galac¬ 
tose sugar units being cleaved from the chain were observed at pH 3. Under 
these conditions, the obtained results suggest that the lowest acid concentra¬ 
tion was not sufficient to hydrolyze the glucosidic bonds of AG. Thus, we 
conclude here that it is easy to hydrolyze the arabinose unit from the side 
chains of AG followed by the release of galactose from the main chain. 

As expected, the reaction rate increased with temperature. The hydro¬ 
lysis rate of AG at temperatures lower than 70 C was very slow. At 80 C, 
only complete release of arabinose was achieved, but partially hydrolyzed 
galactose residue was left. The conversion of AG was 43%. A complete con¬ 
version of AG to monomers was achieved at 90 and 100 C. It can be noted 
that after the hydrolysis at 100 C, traces of degradation products such as fur¬ 
fural were observed. For this reason, the temperature for AG hydrolysis shall 
not exceed 100 C. 

A kinetic model based on the experimental results was developed. The 
hemicellulose structure was considered to be composed of two distinct frac¬ 
tions, one that is relatively easy to hydrolyze and the other more difficult. 
The arabinose residue, because of its easier accessibility might release faster, 
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while the galactose units would be produced more slowly. The kinetic 
model was therefore set into the reaction scheme described. Applying the 
first-order kinetics with respect to the functional groups for both reactions, 
the following rate equations, can be obtained: 

n = felfHfA,AG 
r 2 = k 2 ch eg, ag 

where q and r 2 are the rates of AG hydrolysis to arabinose and galactose, 
respectively, k\ and k 2 are the kinetic rate constants, c H = [H + ] is the acid 
concentration, and c a ,ag an d Cg.ag denote the arabinose and galactose frac¬ 
tions in the polysaccharide, that is, easy to hydrolyze (arabinose) and more 
difficult to hydrolyze (galactose) hemicellulose fractions, respectively. The 
temperature dependence of the acid hydrolysis was modeled using the Ar¬ 
rhenius equation. 

The mass balances of the functional groups (i) in the constant-volume 
batch reactor are written in the following form: 

dq/dt = tj 

The concentrations of arabinose (A) and galactose (G) units liberated in 
the hydrolysis are thus obtained from the differential equations 

dc A / df = klfH<A,AG 

d Cq! df = k 2 CnCG : AG 

where c a ,ag an d c G ag gi ve the concentrations of the arabinose and galactose 
units in AG. The following total balance is valid for the monomer units 

ca + ca,ag = eoa.ag 

C G + Eg,AG = f 0G,AG 

which implies that the total amounts of the arabinose and galactose units re¬ 
main constant. This assumption is justified, as the amounts of the degrada¬ 
tion products were negligible. After inserting the relations into the 
differential equations, the expressions 

Ac a/ df = k\C H (coa,ag — ca) 

Acq /df = k 2 CH ( cog,ag — cg) 

are obtained. 

On the other hand, it should be remembered that the initial amounts 
correspond to the final amounts of arabinose and galactose in the case of 
complete hydrolysis, that is, C( )A ,ag = CooA and Cqg,ag = CooG- These relations 
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are inserted in the mass balances, which are integrated with the initial con¬ 
dition f=0, Ca = 0, and Cg = 0. The logarithmic functions are obtained: 

- ln(l -CaAooa) = hc H t 

— ln(l — Cg/cqog) = k 2 CH t 

The validity of the proposed model can be checked by plotting the right- 
hand sides of the equations versus the reaction time. Furthermore, division 
of the above equations gives 

ln(l -ca/cooa) = (fei/fe2)ln(l -cgAoog) 

that is, a double logarithmic plot ln(l — c^/ c^a) versus ln(l — r G /Coo G ) should 
give a straight line, if the model is valid. The slope gives the ratio between 
the rate constants k\/k 2 which is independent of the acid catalyst concentra¬ 
tion (c H )-The plots obtained with different acid catalyst concentrations 
coincide as predicted by the model. The test plots gave preliminary values 
for the rate constants. 

The final values of the rate constants, along with their temperature 
dependencies, were obtained with nonlinear regression analysis, which 
was applied to the differential equations. The model fits the experimental 
results well, having an explanation factor of 98%. Examples of the model 
fit are provided by Figs. 4.17 and 4.18. An analogous treatment can be 
applied to other hemicelluloses. 

6.3. Case C: From sugars to sugar alcohols 

Hydrogenation of the carbonyl group of a mono- or disaccharide gives the 
corresponding sugar alcohol (Table 4.1). Sugar alcohols are important ingre¬ 
dients in pharmaceuticals and alimentary products. They have also a great 
potential as platform chemicals for biorefineries. On paper, this reaction is 
simple, and it can schematically be written as 

° ? H 

R-C-H + H 2 — R-C-H 

H 

However, the pattern is complicated by several factors. The sugar mol¬ 
ecules to be hydrogenated mutarotate in aqueous solutions, thus, coexisting 
as acyclic aldehydes and ketoses and as cyclic pyranoses and furanoses, reac¬ 
tion kinetics are complicated and involve side reactions, such as isomeriza¬ 
tion, hydrolysis, and oxidative dehydrogenation reactions. Moreover, 
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catalysts deactivate and external and internal mass transfer limitations inter¬ 
fere with the kinetics, particularly under industrial circumstances. 

Catalytic hydrogenation is typically carried out in slurry reactors, where 
finely dispersed catalyst particles (<100 pm) are immersed in a dispersion of 
gas and liquid. It has, however, been demonstrated that continuous opera¬ 
tion is possible, by using either trickle bed (Gallezot et ah, 1998) or monolith 
technologies. Elevated pressures and temperatures are needed to have a high 
enough reaction rate. On the other hand, too high a temperature impairs the 
selectivity of the desired product, as has been demonstrated by Kuusisto et al. 
(2006) . An overview of some feasible processes and catalysts is provided by 
Table 4.1. 

Kinetic experiments were carried out isothermally in autoclave reactors 
of sizes 300 and 600 ml. The stirring rate was typically 1800 rpm. In most 
cases, the reactors operated as slurry reactors with small catalyst particles 
(45—90 pm), but comparative experiments were carried out with a static bas¬ 
ket using large catalyst pellets. The HPLC analysis was applied for product 
analysis. The experimental details are reported in previous papers of our 
group, for example, by Mikkola et al. (1999) and Kuusisto et al. (2006). 

Catalytic hydrogenation of various sugars, such as lactose, maltose, 
arabinose, galactose, xylose, and mannose, was studied experimentally in 
a pressurized laboratory-scale batch reactor. Ruthenium on active carbon 
was used as a catalyst. The main product was always the corresponding sugar 
alcohol, the selectivity of which typically exceeded 95%. Examples of hy¬ 
drogenation of arabinose and galactose are shown in Figs. 4.19 and 4.20 



Figure 4.19 Modeling results at 120 °C and 40 bar pressure. Ratio 1:1. ■ L-arabinose, 
□ L-arabitol, □ D-galactose, O D-galactitol. Lines denote model predictions. 
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Figure 4.20 Modeling results at 120 °C and 40 bar pressure. Ratio 3.6:1. ■ L-arabinose, 
□ L-arabitol, □ D-galactose, O D-galactitol. Lines denote model predictions. 

(Sifontes, 2012). Based on the experimental data, models were developed for 
simultaneous reaction, diffusion, and catalyst deactivation. 

6.3 .7 Product distribution analysis—Stoichiometry 

Preliminary product distribution plots were prepared based on experimental 
data representing intrinsic kinetics. The hydrogenation of arabinose and ga¬ 
lactose over Ru/C was straightforward: arabinitol and galactitol were the 
absolutely dominating products with the selectivity close to 100%. The ki¬ 
netics was described with a Langmuir—Hinshelwood model including rapid 
competitive reactant adsorption and rate control by the surface reaction be¬ 
tween the adsorbed sugar molecule and hydrogen. The kinetic parameters 
were determined with regression analysis. Examples of the fit of the model 
are provided by Figs. 4.19 and 4.20 (Sifontes, 2012). The model describes 
completely the progress of the reaction. The parameters are well defined 
as shown by the sensitivity plots (Figs. 4.21 and 4.22). 

6.3.2 Intrinsic kinetics and diffusion phenomena 

Rate expressions based on the principle of an ideal surface, rapid adsorption, 
and desorption, but rate-limiting hydrogenation steps, were derived. The 
competitiveness of adsorption and the state of hydrogen on the catalyst sur¬ 
face have been the subject ofintensive discussions in the literature (see, e.g., 
Salmi et al., 2004), but in this case, the simplest possible model was used, 
noncompetitive adsorption of hydrogen and organics along with molecular 
adsorption of hydrogen. Previous comparisons (Salmi et al., 2004) have 
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Ea^J/mol) 

Figure 4.21 Sensitivity analysis for L-arabinose activation energy. 



Figure 4.22 Sensitivity analysis for D-galactose activation energy. 

shown that this approach gives an adequate description of the sugar hydro¬ 
genation kinetics, with a minimum number of adjustable parameters. A 
thorough comparison of experimental data with modeling results indicated 
that the model for intrinsic kinetics is sufficient and can be used for simula¬ 
tion of the reaction—diffusion phenomena in larger catalyst particles. 

For “small” catalyst particles used in sugar hydrogenation (slurry reac¬ 
tors), one might intuitively assume kinetic control. The simulation results 
obtained for sugar hydrogenation strongly suggest that this is not the case. 
The organic molecules are large, having molecular diffusion coefficients 
of the magnitude 4.0 X 10 9 m 2 /s. The porosity-to-tortuosity factor can 
be rather small (<C0.5); thus, the effective diffusion coefficient becomes 
small and internal diffusion resistance becomes an important factor. 







252 


Tapio Salmi 


The concentration profiles inside the porous catalyst particle were 
computed by solving numerically the reaction—diffusion model for a porous 
catalyst layer. Some simulation results are displayed in Fig. 4.23, which 
clearly reveals the strong diffusion limitation inside the catalyst layer, as 
the layer thickness (the catalyst particle diameter) exceeds 0.5 mm. On 
the other hand, if the catalyst layer thickness is 0.2 mm or less, the operation 
at the kinetic regime, the highest possible hydrogenation rate, is guaranteed. 
For fixed beds operated in large scale, the catalyst particle diameter should 
exceed 1 mm, which implies that the process becomes heavily controlled by 
internal mass transfer as shown by Fig. 4.23. For catalyst particles having suit¬ 
able diameters for continuous large-scale operation (>2 mm), in order to 
avoid extensive pressure drop, the internal part of the catalyst is not used be¬ 
cause of strong diffusion limitation. Thus, the development of alternative 
technologies, such as structured reactors, is highly motivated for sugar 
hydrogenation processes. 

In addition, external diffusion resistance is often a crucial factor in sugar 
hydrogenation: due to inappropriate stirrer design and high viscosity, the 
risk for lack of hydrogen in the liquid phase is high. A simulations of the 
hydrogen content in the liquid phase indicated that a complete saturation 
is achieved at high conversions, while the hydrogen concentration is below 
saturation in the beginning of the experiment. By increasing the stirring 
efficiency, the fe L -values can be improved and the role of external mass trans¬ 
fer resistance is suppressed. The hydrogen concentration in the liquid phase 
plays a crucially important role for the production: in the case of external 
mass transfer limitation of hydrogen, the isomerization reaction yielding 
xylulose, which does not need any hydrogen, is favored (Fig. 4.24). 




Center Surface 

Figure 4.23 Numerical simulation of the concentration profiles of L-arabinose in cata¬ 
lyst layers of different thicknesses (0.2-3 mm). Hydrogenation at 90 °C: thick (50 wt%, 
left) and dilute (25 wt%, right) solutions of L-arabinose. 
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Figure 4.24 External mass transfer resistance—xylose hydrogenation to xylitol and by¬ 
products. 



7. CONCLUSIONS AND PERSPECTIVES 


^ The general principles of chemical reaction engineering, based on the 
mathematical description of reaction kinetics, mass transfer, and flow pat¬ 
terns in chemical reactors, are applicable on the design of biorefineries. In 
case that individual molecules originating from biomass undergo chemical 
transformations, the standard approach of chemical reaction engineering 
can be used. The recent progress of kinetic modeling has been advantageous 
for reactions appearing in biomass conversion. Models have been developed, 
which take into account the cluster size effect and the effect of the size of the 
adsorbed molecules in catalytic conversions. These kinds of models are al¬ 
ready successfully applied to molecules originating from biomass. Molecular 
modeling can be used to reveal the adsorption stoichiometry, that is, how 
many active sites on the solid catalyst surface are needed for the adsorption 
of a particular molecule. This issue is crucially important for the treatment of 
biomass, as molecules of very different sizes typically coexist and interact on 
the catalyst surface. 

The real challenge is the description of complex mixtures originating 
from biomass. The reactions of cellulose and hemicellulose have similarities 
(e.g., hydrolysis of macromolecules as well as transformations of sugar 
monomers), while the reactions of lignin fractions and various extractives 
are very different from those of cellulose and hemicelluloses. On the other 
hand, if a selective fractionation procedure is applied to biomass, the issue 
becomes easier from a reaction engineering viewpoint: extractives are 
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removed first from woody biomass by leaching with an organic solvent, 
hemicelluloses can be separated in the next step by hot water extraction, 
and finally, either cellulose is hydrolyzed or lignin is dissolved. 

The dream is that, for instance, the rate constants of the hydrolysis of 
hemicellulose or hydrogenation of sugar monomers could be related to 
the structures of the molecules. The future kinetic approach to biomass con¬ 
version will be based on the reactivities of functional groups in the modeling 
of complex mixtures. Advanced lumping techniques will be needed, as they 
are nowadays applied to hydrocarbon mixtures originating from fossil 
sources. A lot of physical properties for biomass components should be mea¬ 
sured experimentally, such as densities, viscosities, heat conductivities, and 
polarities of solutions containing biomass. These properties are needed in the 
modeling of chemical reactors, particularly diffusion phenomena in bulk 
liquids and porous catalyst layers. 

As many of the molecules appearing in biomass are large, the role of 
internal diffusion is prominent as heterogeneous catalysts are used for chem¬ 
ical transformations. This requires very precise mathematical modeling of 
simultaneous reaction and diffusion in porous structures. Two issues are 
of particular importance: the pore structure of the catalyst and the design 
of the catalyst layer itself. In order to enhance the diffusion of the reactive 
molecules to the active sites of the catalyst, catalysts with large pores should 
be preferred. Molecular modeling is of great help to indicate, whether a 
reactant can fit to the pore structure of a proposed catalyst. 

In order to diminish the diffusion resistance, to improve the effectiveness 
factor, the catalyst layer should be thin. Three principal alternatives exist: the 
conventional slurry reactor technology with finely dispersed catalyst parti¬ 
cles (diameter <0.1 mm), the use of eggshell-type catalyst particles (with 
the active catalyst layer being in the vicinity of the outer surface of the par¬ 
ticle), or to use structured reactors, such as monoliths, fibers, and solid foams. 
The advantage of structured reactors is that the benefit of high catalyst ef¬ 
fectiveness and low pressure drop can be combined, which is not the case 
with eggshell catalysts. The conventional slurry technology enables a very 
high catalyst efficiency, but it is very much limited to batch and semibatch 
reactors. On the other hand, for the manufacture of high-value products, 
structured catalysts can be implemented in batch reactors, too, as proposed 
by the group of Moulijn (De Lathouder et al., 2006). The decision on the 
reactor technology should be based on precise experimental measurements 
and detailed mathematical modeling, as illustrated below. 
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Research strategy 




Many tools exist for a precise description of the reaction kinetics mass and 
heat transfer effects, and they are applicable for biomass conversion, but cat¬ 
alyst deactivation is a dilemma in the treatment of biomass. For instance, the 
deactivation of decarboxylation catalysts (Table 4.1) is very strong—mainly 
due to the decarbonylation reaction proceeding simultaneously—and the 
deactivation hydrogenation catalysts is quite severe, too. Mathematical 
modeling of deactivation is possible, but still not very predictive. This is, 
however, not the main point. Catalyst deactivation should be prevented or 
at least diminished in order to design economically feasible processes based 
on biomass conversion. 

Special techniques, such as ultrasound, can be applied to clean the catalyst 
surface and refresh the active sites, but they are not a general remedy. For 
sponge nickel, ultrasound retards the catalyst deactivation in sugar hydroge¬ 
nation, but for ruthenium catalysts, an opposite effect has been discovered, as 
ultrasound can contribute to the agglomeration of metal nanoparticles on the 
catalyst surface (Sifontes, 2012). 

It is evident that many of the catalysts developed for the treatment of fos¬ 
sil feedstock do not work in an optimal way when they are exposed to com¬ 
ponents from biomass. Fundamental research in the reaction mechanisms 
and catalyst deactivation, including the use of single crystals and other model 
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catalysts, is needed to reveal the chemical and physical reasons for deactiva¬ 
tion. In this way, better catalysts can be developed in the future. Active, se¬ 
lective, and durable catalysts can be used in advanced—and sometimes 
expensive—reactors, such as monoliths, foams, and fiber reactors. The work 
requires a close collaboration between chemists, physicists, and chemical 
engineers. 

Finally, it has to be stated that there should not be any specific chemical 
reaction engineering of biomass, but the general principles of chemical en¬ 
gineering should be applied to molecules and mixtures originating from bio¬ 
mass. Without a precise knowledge of chemistry and detailed mathematical 
modeling of kinetics, thermodynamics, transport phenomena, and flow pat¬ 
tern, a successful biomass conversion, cannot be achieved, but the effort re¬ 
mains Alchemia. 
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Abstract 

Monosaccharides (glucose, xylose, etc.) are valuable platform chemicals that can be 
produced from lignocellulosic (polysaccharide containing) biomasses via hydrolysis. 
Their cost-effective recovery from lignocellulosic biomass hydrolysates and further 
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purification requires sophisticated separation technology. Adsorption and electrolyte 
exclusion chromatography can be used for the fractionation of hydrolysates containing 
mineral acids. The recovered hydrolysis acid can be recycled, which saves and reduces 
chemicals consumption. Chromatographic separation can be done either batchwise, 
using steady-state recycling chromatography, or using continuous simulated moving 
bed chromatography. The latter two process options offer significant increase in produc¬ 
tivity when compared to the batchwise fractionation process. In this chapter, chromato¬ 
graphic and adsorptive fractionation techniques for the treatment of acidic lignocellulosic 
hydrolysates are reviewed. The relevant physical phenomena affecting the separation ef¬ 
ficiency as well as various industrially applicable process options are discussed. 



1. INTRODUCTION 


Monosaccharides (e.g., glucose and xylose) are valuable raw materials for 
biofuel and chemicals manufacturing. Monosaccharides can be obtained from 
different types of biomasses; some of which are mainly used for human nutri¬ 
tion (corn, sugar beet) (Hamelinck et al., 2005; Takerzadeh and Karimi, 2007; 
Taherzadeh and Karimi, 2008). One source for monosaccharides, that does not 
create competition between food manufacturing and chemical production, is 
lignocellulosic biomass (e.g., wood, straws, forest residues) which is the most 
abundant biomass type on Earth (Blommel and Cortright, 2008; Heinonen and 
Sainio, 2010, 2012; Heinonen et al., 2012a; Parikka, 2004; Xie et al., 2005). 

Monosaccharide-based biofuels, such as ethanol and butanol, derived 
from lignocellulosic biomasses can be used to substitute crude oil-derived 
fuels currently used for transportation and other purposes. However, it is 
clear that, on a sustainable level, lignocellulosic biomass-derived fuels are 
not enough to satisfy the need for transportation fuels. Therefore, a better 
option would be to use the monosaccharides derived from lignocellulosic bio¬ 
masses as precursors in manufacturing of chemicals that are currently produced 
by the petrochemical industry (see, e.g., Blommel and Cortright, 2008; Burk, 
2010; Colmenares et al., 2011; Ezeji and Blaschek, 2010; Kunkes et al., 2008; 
van Leeuwen et al., 2012; Nghiern et al., 2010; Pedersen, 2008; Weber 
et al., 2010). This would lead to lower green house gas emissions, waste 
amounts (due to higher level of utilization of the raw materials), and econom¬ 
ical savings. The monosaccharides are highly important and valuable platform 
chemicals due to their high reactivity and oxygen content (Blommel and 
Cortright, 2008; Kunkes et al., 2008; McMurry, 2008). 

Recovery of monosaccharides from lignocellulosic biomasses is a multi- 
step process. This is because these raw materials contain, instead of mono¬ 
saccharides, polysaccharides (cellulose and hemicelluloses) that must be 
cleaved to monosaccharides in a process known as hydrolysis. 
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Hydrolysis of lignocellulosic biomasses can be conducted either as mineral 
acid catalyzed or as enzymatically catalyzed process (Farone and Cuzens, 
1993, 1995; Galbe and Zacchi, 2002; Hamelinck et al., 2005; Heinonen 
and Sainio, 2010; Heinonen et al., 2012a; Iranmahboob et al., 2002; 
Taherzadeh and Karimi, 2008). Enzymatic hydrolysis is a selective process 
in which no by-products are formed. However, it is slow method and typi¬ 
cally only cellulose is hydrolyzed by the enzymes (Camacho et al., 1996; Duff 
and Murray, 1996; Galbe and Zacchi, 2002; Gurgel et al., 2012; Kristensen 
et al., 2009; Sun and Cheng, 2002; Torget et al., 2000). In acid hydrolysis, 
however, both cellulose and hemicellulose chains of the lignocellulosic bio¬ 
mass are cut into monosaccharides. Acid hydrolysis can be catalyzed with ei¬ 
ther dilute or concentrated acid, usually with sulfuric acid as catalyst. The 
negative aspects of acid-catalyzed hydrolysis are high acid consumption 
and corrosion problems in the concentrated acid hydrolysis, and formation 
of by-products mainly in the dilute acid hydrolysis (Clausen and Caddy, 
1993; Duff and Murray, 1996; Farone and Cuzens, 1993, 1995; 
Iranmahboob et al., 2002; Hamelinck et al., 2005; Takerzadeh and Karimi, 
2007; Taherzadeh and Karimi, 2008). 

In order to improve the economics of the acid-catalyzed hydrolysis processes, 
the hydrolysis acid should be recovered and recycled. In addition, the by¬ 
products formed in the hydrolysis, especially in the case of dilute acid hydrolysis, 
should also be recovered selectively because of high value of these chemicals. 

The recovery of the hydrolysis acid and removal of by-products can be 
accomplished successfully using chromatography and adsorption. The sep¬ 
aration is based on a chromatographic technique known as electrolyte (or 
ion) exclusion. In this technique, strong electrolytes are separated from non¬ 
electrolytes and weak electrolytes using a strong ion-exchange resin as a sta¬ 
tionary phase. The strong electrolytes are excluded from the resin due to 
electrostatic repulsion, while the nonelectrolytes and weak electrolytes 
are adsorbed to the resin (Dorfner, 1991; Helfferich, 1995; Wheaton and 
Bauman, 1953). 

In the chromatographic fractionation of concentrated acid lignocellulosic 
hydrolysates, gel-type strong acid PS—DVB cation-exchange resins in acid 
(H + ) form are used as an adsorbent. The hydrolysates formed in the acid hy¬ 
drolysis process are fractionated into hydrolysis acid fraction, monosaccharide 
fraction, and by-products fractions (Heinonen and Sainio, 2010, 2012). The 
hydrolysis acid fraction is led through a concentration step back to the hydro¬ 
lysis. This recycling lowers the chemical consumption (costs) of the process 
considerably because the need for fresh acid is reduced (Heinonen and Sainio, 
2010, 2012; Nanguneri and Hester, 1990). 
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Chromatographic fractionation of lignocellulosic hydrolysates brings 
about interesting phenomena. This is due a cooperative effect of sulfuric acid 
on the sorption of the other components present in the system. This coop¬ 
eration, however, complicates the separation to some extent (Heinonen 
et al., 2012a, 2012b; Neuman et al., 1987). Chromatographic fractionation 
of lignocellulosic hydrolysates can be accomplished using batchwise chro¬ 
matography, steady-state recycling chromatography, or simulated moving 
bed (SMB) chromatography. 

Although the by-products formed in the acid hydrolysis process can be 
separated selectively using electrolyte exclusion chromatography, it may be 
more economical to separate them in a separate adsorption unit (Heinonen 
and Sainio, 2010, 2012; Sainio et al., 2011). Adsorbents such as activated 
carbon, polymeric adsorbents, zeolites, and ion-exchange resins have been 
successfully used in the selective recovery of hydrolysis by-products from lig¬ 
nocellulosic hydrolysates (Chandel et al., 2007; Nilvebrant et al., 2001; Ranjan 
et al., 2009; Sainio et al., 2011; Sun et al., 2011; Weil et al., 2002; Wang and 
Feng, 2010; Xie et al„ 2005). 

After the fractionation steps, the monosaccharides are led to biochemical- 
or thermochemical processing units (see, e.g., Blommel and Cortright, 2008; 
Burk, 2010; Colmenares et al., 2011; Ezeji and Blaschek, 2010; Heinonen 
et al., 2012a, 2012b; Kunkes et al., 2008; van Leeuwen et al., 2012; 
Nghiem et al., 2010; Pedersen, 2008; Weber et al., 2010). However, if there 
is need for selective separation of the monosaccharides, this can also be ac¬ 
complished after the hydrolysate fractionation using chromatography. 
Chromatographic fractionation of sugars is widely used in the sweetener 
industry, for example, for the enrichment of fructose in fructose—glucose 
syrups. Gel-type strong acid PS—DVB cation-exchange resins in calcium 
form are usually used as adsorbents in the sugar separations (Bart et al., 
1996; Bubnik et al., 2004; Farone and Fatigati, 2003; Howard et al., 
1988; Schoenrock, 1991; Lee, 2003; Saari and Hurme, 2011). 

Here, the chromatographic and adsorptive separation techniques that can 
be used for the fractionation of lignocellulosic hydrolysates and recovery of 
monosaccharides from the hydrolysates are reviewed. In order to clarify the 
phenomena occurring during the separation, the main separation principles 
are presented. Short introductions of different process options available for 
the chromatographic/adsorptive fractionation of lignocellulosic hydroly¬ 
sates are given. The effects of different variables on the separation perfor¬ 
mance are discussed. The advantages of using chromatography for the 
purification of concentrated acid lignocellulosic hydrolysates for fermenta¬ 
tive ethanol production are also discussed. In addition, short overviews of 
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the acid hydrolysis processes and the selective separation of monosaccharides 
from each other are provided. 


> > 2. HYDROLYSIS OF LIGNOCELLULOSIC BIOMASS 

^ Lignocellulosic raw materials include wood, forestry industry and agri¬ 
cultural residues (corn and rice straws), bamboo, energy crops (reed canary 
grass and witch grass) processing waste materials, construction waste, and beet 
pulp (Duff and Murray, 1996; Galbe and Zacchi, 2002; Hamelinck et al., 
2005; Sun and Cheng, 2002; Sun et al., 2011; Takerzadeh and Karimi, 
2007; Taherzadeh and Karimi, 2008). These materials consist mainly of cel¬ 
lulose, hemicellulose, and lignin (Table 5.1). In addition to these three main 
components, small amounts of ash, acids, and extractives can be found from 
lignocellulosic raw materials (Duff and Murray, 1996; Hamelinck et al., 2005) . 

Cellulose is the main component oflignocellulosic materials (Table 5. 1). It is a 
linear homopolymer consisting of2000-27,000 cellobiose (a dimer of two glu¬ 
cose monomers) units. The glucose units are linked together with (3—(1,4)— 
glycosidic bonds (Arslan et al., 2012; Duff and Murray, 1996; Takerzadeh and 
Karimi, 2007; Taherzadeh and Karimi, 2008; Xiang et al., 2003a, 2003b). Cel¬ 
lulose chains form numerous intra- and intermolecular hydrogen bonds via the 
hydroxyl groups in the sugar molecules. This results in a highly ordered crystalline 
structure interspersed with less-ordered amorphous regions (Duff and Murray, 
1996; Farone and Cuzens, 1993, 1995; Taherzadeh and Karimi, 2008). 

Hemicelluloses surround the cellulose chains. They are amorphous linear 
heteropolymers with monomeric side chains. Structural units of hemicellu- 
lose chains depend on the lignocellulosic raw material. The chains consist of 
hexose (e.g., glucose, mannose, galactose, and rhamnose) and pentose 


Table 5.1 Fractions of cellulose, hemicellulose, and lignin in lignocellulosic biomasses 
(Hamelinck et al., 2005; Sun and Cheng, 2002; Takerzadeh and Karimi 2008) 



Cellulose (%) 

Hemicelluloses (%) 

Lignin (%) 

Hardwood 

40-75 

10-40 

15-25 

Softwood 

30-50 

25-40 

25-35 

Wheat straw 

30 

50 

15 

Rice straw 

32-47 

19-27 

5-24 

Sugarcane bagasse 

40 

24 

25 

Switch grass 

32-45 

25-32 

12-18 

Grasses 

25-40 

25-50 

10-30 
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(e.g., xylose and arabinose) sugars, acetic acid, and sugar acids (Arslan et al., 
2012; Duff and Murray, 1996; Hamelinck et al., 2005; Takerzadeh and 
Karimi, 2007; Taherzadeh and Karimi, 2008). Like glucose units in cellulose 
chains, also the monosaccharides in hemicelluloses are linked together by 
P-(l,4)-glycosidic bonds (Duff and Murray, 1996; Gonzales et al., 1986; 
Taherzadeh and Karimi, 2008; Xiang et al., 2003a, 2003b). 

The third major constituent of lignocellulosic raw materials is lignin. It is 
an aromatic three-dimensional polymer consisting different kinds of 
phenylpropane units (Duff and Murray, 1996; Takerzadeh and Karimi, 
2007; Taherzadeh and Karimi, 2008). Usually, softwoods contain more lig¬ 
nin than hardwoods (Table 5.1). The role of lignin is to strengthen and shield 
the polysaccharide network (Duff and Murray, 1996). 

The polysaccharides (cellulose and hemicellulose) in lignocellulosic bio¬ 
mass can be utilized in producing monosaccharides. For this purpose, the lig¬ 
nocellulosic biomass must be hydrolyzed, that is, the polysaccharide chains 
must be cleaved to monosaccharides. Hydrolysis can be done using acids 
or enzymes as catalysts (Galbe and Zacchi, 2002; Hamelinck et al., 2005; 
Heinonen and Sainio, 2010; Heinonen et al., 2012a; Iranmahboob et al., 
2002; Sun et al., 2011; Takerzadeh and Karimi, 2007; Taherzadeh and 
Karimi, 2008). In acid-catalyzed hydrolysis, sulfuric acid is usually used as 
a catalyst although the use of hydrochloric acid, sulphurous acid, acetic acid, 
and phosphoric acid has also been studied (Baniel and Eyal, 2011; Farone and 
Cuzens, 1993, 1995; Gonzales et al., 1986; Hamelinck et al., 2005; Hoshino 
et al., 2007; Iranmahboob et al., 2002; Lee et al., 1999; Lenihan et al., 2010; 
Sun et al., 2011; Takerzadeh and Karimi, 2007; Taherzadeh and Karimi, 
2008). The acid hydrolysis can be done with dilute or concentrated acids. 
The lower the acid concentration in the hydrolysis, the higher the reaction 
temperature must be (Lee et al., 1999). Acid-catalyzed hydrolysis is a complex 
heterogeneous reaction scheme depending not only on the hydrolysis 
conditions (temperature, hydrolysis acid concentration) but also on physical 
factors (crystallinity of cellulose, swelling of the lignocellulosic material, 
shearing forces in the hydrolysis reactor) (Xiang et al., 2003a, 2003b). 

In acid hydrolysis, cellulose chains break down into glucose monomers 
which, in turn, degrade to hydroxymethyl furfural (HMF) (Lenihan et al., 
2010; Palmqvist and Hahn-Hagerdahl, 2000a, 2000b; Takerzadeh and 
Karimi, 2007; Taherzadeh and Karimi, 2008). Eventually, the HMF break 
downs into formic and levulinic acids (Mussatto and Roberto, 2004; 
Palmqvist and Hahn-Hagerdahl, 2000b; Taherzadeh and Karimi, 2008). 
The amorphous regions of cellulose are more easily hydrolyzed than the 
crystalline regions (Taherzadeh and Karimi, 2008). 
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Hemicelluloses are more easily hydrolyzed to monosaccharides than 
cellulose due to the completely amorphous structure (Galbe and Zacchi, 
2002; Hamelinck et al., 2005; Lenihan et al., 2010; Takerzadeh and 
Karimi, 2007; Taherzadeh and Karimi, 2008; Torget et al., 2000). As a 
consequence, in acid hydrolysis, monosaccharides derived from hemicellu¬ 
loses are more easily degraded due to longer availability for degradation re¬ 
actions. The degradation products of hemicellulosic pentose and hexose 
sugars are furfural and HMF, respectively (Galbe and Zacchi, 2002; 
Hamelinck et al., 2005; Lenihan et al., 2010; Palmqvist and Hahn- 
Hagerdahl, 2000a, 2000b; Rafiqul and Sakinah, 2012; Takerzadeh and 
Karimi, 2007; Taherzadeh and Karimi, 2008; Torget et al., 2000). These 
can, in turn, degrade to formic and levulinic acids (Lewkowski, 2001; 
Taherzadeh and Karimi, 2008). 

The degradation reactions of the monosaccharides are considerably slower 
than the release rate of the monosaccharides in concentrated acid hydrolysis 
conditions (Gurgel et al., 2012; Heinonen et al., 2012a; Iranmahboob et al., 
2002; Lee et al., 1999; Taherzadeh and Karimi, 2008; Torget et al., 2000). 
In dilute acid hydrolysis conditions, the degradation order of the main 
hemicellulosic monosaccharides is xylose > arabinose > mannose > 
galactose > glucose (Takerzadeh and Karimi, 2007). 

Lignin is highly resistant for chemical and enzymatic modifications and 
therefore breaks down only partially during acid hydrolysis yielding pheno¬ 
lic compounds (Clark and Mackie, 1984; Delgenes et al., 1996; Palmqvist 
and Hahn-Hagerdahl, 2000a, 2000b; Taherzadeh and Karimi, 2008). The 
concentrations of the phenolic compounds in acidic hydrolysates are usually 
very low due to the resistant nature of lignin and low solubility in acidic me¬ 
dium (Clark and Mackie, 1984; Lenihan et al., 2010; Takerzadeh and 
Karimi, 2007; Taherzadeh and Karimi, 2008). 

2.1. Mechanism of acid-catalyzed hydrolysis 

Acid-catalyzed hydrolysis of hemicelluloses is easier than that of cellulose due 
to the amorphous structure of the former polymer (Arslan et al., 2012; Rinaldi 
and Schiith, 2009; Xiang et al., 2003a, 2003b). The crystalline regions of the 
cellulose chains due to the hydrogen bonding between the OH groups com¬ 
plicate hydrolysis: at low temperature and hydrolysis acid concentrations, the 
prevailing reaction mode is endwise hydrolysis (Xiang et al., 2003a). When 
temperature or hydrolysis acid concentration is increased above certain level, 
the crystallinity of cellulose disappears as protons from the acid interfere with 
the inter- and intramolecular hydrogen bonding (Xiang et al., 2003a, 2003b) . 
With sulfuric acid, the limiting concentration is 65 wt% at room temperature 
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and decreases with increasing temperature. When the acid is diluted with wa¬ 
ter, cellulose chains reprecipitate but form an irregular structure (Xiang et ah, 
2003a). Due to the disappearance of the crystallinity of cellulose, the protons 
of the hydrolysis acid can penetrate into inner layers of cellulose chains and 
hydrolysis reactions can occur also in the middle of cellulose chains. This in¬ 
creases the rate of cellulose hydrolysis considerably (Rinaldi and Schiith, 
2009; Xiang et al., 2003a, 2003b). 

The actual hydrolysis reactions in amorphous cellulose and hemicellu- 
loses and in end of crystalline cellulose chains occur as follows (Fig. 5.1). 



Figure 5.1 Mechanism of acid-catalyzed hydrolysisof (3-1,4-glycosidicbondsofpolysaccha- 
rides. Solid lines mark the dominant reaction mechanism. Adapted from Xiang et al. (2003b). 
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Protons from the hydrolysis acid interact with the glycosidic oxygen atoms 
that link two sugar units and a conjugate acid is formed. The C—O bond 
between the sugar molecules in the conjugate acid is then cleaved, and a car- 
bonium ion is formed from the other half of the conjugate acid. The other 
half of the conjugate acid becomes an end of mono-, or oligosaccharide, or 
shortened polysaccharide chain, depending on at which part of the chain the 
cleavage occurred. The carbonium ion reacts rapidly with a water molecule 
and forms a sugar molecule, and a proton is regenerated (Fig. 5.1) (Rinaldi 
and Schiith, 2009; Xiang et al., 2003b). The formation of the carbonium ion 
occurs faster in the end of a polysaccharide chain than in the middle (Xiang 
et al., 2003b). During acid hydrolysis, monosaccharide yield losses can occur 
when the carbonium ions undergo condensation reactions with acid-soluble 
lignin moieties (Xiang et al., 2003a). 

The monosaccharides obtained from cellulose and hemicelluloses can 
undergo further reactions in which furfural and HMF are formed from pen¬ 
toses and hexoses, respectively (Binder et al., 2010; Lenihan et al., 2010; 
Lewkowski, 2001; Lima et al., 2010; Taherzadeh and Karimi, 2008). These 
degradation products are formed when the monosaccharides undergo ther¬ 
mal dehydration reaction in acidic conditions. Protons front the hydrolysis 
acid act as catalysts also in these reactions (Binder et al., 2010; Lewkowski, 
2001). However, temperature, instead of acid concentration, determines the 
rate of the monosaccharide dehydration reactions: the formation of furfural 
and HMF is much slower in concentrated acid hydrolysis at low temperature 
(<100 °C) than in dilute acid hydrolysis at high temperature (>130 °C) 
(Farone and Cuzens, 1993, 1995; Galbe and Zacchi, 2002; Heinonen 
et al., 2012a; Lenihan et al., 2010; Lewkowski, 2001; Takerzadeh and 
Karimi, 2007; Taherzadeh and Karimi, 2008). HMF and furfural can also 
undergo decomposition reactions in acidic conditions and form formic 
(from HMF) and levulinic acids (from furfural and HMF) (Lewkowski, 
2001; Taherzadeh and Karimi, 2008). 

2.2. Concentrated acid hydrolysis 

The most common acid used to breakdown polysaccharide chains in ligno¬ 
cellulosic biomasses is sulfuric acid (Clausen and Caddy, 1993; Farone and 
Cuzens, 1993, 1995; Galbe and Zacchi, 2002; Hamelinck et al., 2005; 
Heinonen and Sainio, 2010; Heinonen et al., 2012a; Hoshino et al., 
2007; Iranmahboob et al., 2002; Janga et al., 2012; Sun et al., 2011; 
Takerzadeh and Karimi, 2007; Taherzadeh and Karimi, 2008; Torget 
et al., 2000). Concentrated acid hydrolysis is an old process first reported 
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already in 1819 by Braconnot (Takerzadeh, 2007). The hydrolysis is usually 
done in two steps at temperatures below 100 °C (Clausen and Caddy, 1993; 
Farone and Cuzens, 1993, 1995; Heinonen et al., 2012a; Hoshino et al., 
2007; Janga et al., 2012; Sun et al., 2011; Taherzadeh and Karimi, 2008). 
In the first step, the lignocellulosic biomass is mixed with 65—85 wt% sulfuric 
acid at a temperature of 30—55 °C in order to break down the crystalline 
structure of cellulose and solubilize the biomass (Clausen and Caddy, 
1993; Farone and Cuzens, 1993, 1995; Hoshino et al., 2007; 

Iranmahboob et al., 2002; Janga et al., 2012; Sun et al., 2011; Ucar and 
Balaban, 2003; Xiang et al., 2003a, 2003b). Usually, the acid to biomass ratio 
by weight is 0.3—5. The duration of the decrystallization step is less than 2 h. 
The actual hydrolysis is commenced after the pretreatment step by diluting 
the hydrolysis acid to 20—30 wt% and increasing temperature to 80—100 °C. 
The reaction is continued for 40—480 min (Farone and Cuzens, 1993, 1995; 
Hoshino et al., 2007; Janga et al., 2012; Sun et al., 2011). 

Concentrated acid hydrolysis gives a high total monosaccharide yield: even 
80% or higher (Clausen and Caddy, 1993; Duff andMurray, 1996; Faroneand 
Cuzens, 1993, 1995; Hamelinck et al., 2005; Iranmahboob et al., 2002; Sun 
et al., 2011). For example, Iranmahboob et al. (2002) obtained 78—82 wt% 
monosaccharide yield from concentrated acid hydrolysis of mixture of soft¬ 
wood and hardwood chips (1:1) with 20—33 wt% H 2 S0 4 , respectively. Sun 
et al. (2011) obtained 81.6 % monosaccharide yield in two-step concentrated 
sulfuric acid hydrolysis of bamboo chips (wood to acid ratio: 0.7). 

In concentrated acid hydrolysis, only small amounts ofby-products (mainly 
acetic acid, furfural, and HMF) are formed (Clausen and Caddy, 1993; Farone 
and Cuzens, 1993,1995; Hamelinck et al., 2005; Heinonen et al., 2012a; Janga 
et al., 2012; Sun et al., 201 1). Acetic acid is formed already at mild conditions 
when the acetylate groups in hemicelluloses are cleaved off, and the acetic acid 
yield does not depend much on the conditions of the hydrolysis. Furfural and 
HMF are the only furans found in significant quantities in the hydrolysates 
(Lenihan et al., 2010; Mussatto and Roberto, 2004; Palmqvist and Hahn- 
Hagerdahl, 2000b; Taherzadeh and Karimi, 2008). 

In addition to the three main by-products, also a variety of phenolic 
compounds originating from lignin and extractives may be formed 
(Delgenes et al., 1996; Palmqvist and Hahn-Hagerdahl, 2000a, 2003b; 
Takerzadeh and Karimi, 2007; Taherzadeh and Karimi, 2008). Most of 
the unreacted lignin precipitates (90% at pH 2.6 (Alen et al., 1985)) during 
the hydrolysis due to low solubility in acidic conditions (Alen et al., 1985; 
Fuhrmann et al., 2002; Iranmahboob et al., 2002; Koljonen et al., 2004) and 
can be separated from the hydrolysates by filtration. 
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The disadvantages of the concentrated acid hydrolysis process are corro¬ 
sion problems related to the high acid concentration and high hydrolysis acid 
consumption. The hydrolysis acid must be removed from the hydrolysate 
prior to fermentation to ethanol (Galbe and Zacchi, 2002; Heinonen 
et al., 2011) or butanol (Shapovalov and Ashkinazi, 2008) or manufacturing 
of other chemicals (Blommel and Cortright, 2012; Burk, 2010; Pedersen, 
2012; Rafiqul and Sakinah, 2012). Traditionally, the acid removal has been 
done by neutralization with Ca(OH) 2 . This, however, results in high chem¬ 
ical costs of the hydrolysis. In addition, high amounts of CaS0 4 are gener¬ 
ated (Clausen and Caddy, 1993; Farone and Cuzens, 1993, 1995; 
Hamelinck et al., 2005), and in the ethanol fermentation, the ethanol yield 
is relatively low (Palmqvist and Hahn-Hagerdahl, 2000b). 

The disadvantages regarding the economy of the concentrated acid hy¬ 
drolysis have made it unpopular. However, the economics of the process can 
be increased considerably if the hydrolysis acid would be recycled and reused 
instead of neutralizing. This can be done by using chromatography as 
has been shown by Farone and Cuzens (1993, 1995), Heinonen and 
Sainio (2010, 2012), Laatikainen et al. (2011), Neuman et al. (1987), and 
Sprinfield and Hester (1999). With chromatography using strong acid 
cation-exchange resins as adsorbents, the monosaccharides in the hydroly¬ 
sates can be separated from sulfuric acid and by-products formed during the 
hydrolysis. This kind of chromatographic separation of electrolytes and non¬ 
electrolytes is known as electrolyte exclusion chromatography (Dorfner, 
1991; Helfferich, 1995; Wheaton and Bauman, 1953). Although the frac¬ 
tionation of concentrated acid hydrolysates can be accomplished in one step, 
it may be more economical to remove the hydrolysis by-products in an ad¬ 
ditional adsorption step prior to the chromatographic monosaccharide—acid 
separation (Palmqvist and Hahn-Hagerdahl, 2000b; Sainio et al., 2011). 

After the chromatographic purification, the monosaccharide fraction and 
the by-product fractions are led to downstream processing. The hydrolysis 
acid fraction is led to a concentration process in which the acid is concen¬ 
trated to 70 wt% (Farone and Cuzens, 1993, 1995), for example, by using 
multiple effect evaporator or vapor compression distillation (Gsell, 2004). 
After the concentration step, the acid is reused in the hydrolysis. 

2.3. Dilute acid hydrolysis 

Hydrolysis of lignocellulosic biomasses can also be done with dilute mineral 
acids. Also in this process option, sulfuric acid is usually used as a catalyst 
(Farone and Cuzens, 1993, 1995; Gurgel et al., 2012; Hamelinck et al., 2005; 
Iranmahboob et al., 2002; Lee et al., 1999; Takerzadeh and Karimi, 2007; 
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Taherzadeh and Karimi, 2008; Torget et al., 2000), although the use of, for 
example, phosphoric acid has also been studied (Lenihan et al., 2010, 
2012). Sulfuric acid concentration in the process ranges between 0.05 and 
6.0 wt% (Gurgel et al., 2012; Hamelinck et al., 2005; Iranmahboob et al., 
2002; Karimi et al., 2006; Lee et al., 1999; Rafiqul and Sakinah, 2012; 
Takerzadeh and Karimi, 2007; Taherzadeh and Karimi, 2008; Torget 
et al., 2000; Xiang et al., 2004). Low sulfuric acid concentration means 
low acid consumption, and therefore, acid recovery is not necessary with this 
process. The dilute acid hydrolysis is operated at high temperatures 
(120—260 °C) and at high pressure (>5 bar) in order to compensate the 
low acid concentration. 

Due to the harsh hydrolysis conditions, the hydrolysis reactions occur 
considerably faster than in the concentrated acid hydrolysis process: reaction 
times vary between 2 and 10 min (Hamelinck et al., 2005; Karimi et al., 
2006; Lee et al., 1999). In traditional one-step dilute acid hydrolysis, the 
overall monosaccharide yield in the hydrolysis is low. In order to hydrolyze 
cellulose, harsher conditions are needed than in the hydrolysis of hemicel- 
luloses. The conditions in the one-step dilute acid hydrolysis have to be set 
so that cellulose chains are hydrolyzed. However, in these conditions, the 
hemicelluloses are very easily hydrolyzed and the released monosaccharides 
degrade rapidly to furfural and HMF, lowering the overall sugar yield con¬ 
siderably. In order to minimize the degradation of the monosaccharides 
originating from the hemicelluloses, the one-step dilute acid hydrolysis is 
not carried out long enough to completely hydrolyze cellulose; this results 
in a low glucose yield (~40—60%) (Farone and Cuzens, 1993, 1995; Galbe 
and Zacchi, 2002; Iranmahboob et al., 2002; Lee et al., 1999; Lenihan et al., 
2010; Takerzadeh and Karimi, 2007; Taherzadeh and Karimi, 2008). The 
monosaccharide yield losses due to degradation reactions can be as high 
as 30% of the maximum yield (Clark and Mackie, 1984). The traditional 
one-step dilute acid hydrolysis method has thus become unpopular. 

To obtain higher total monosaccharide yield, two-step dilute acid 
hydrolysis can be used. In the first step, the hemicellulose chains are hydro¬ 
lyzed with dilute sulfuric acid in “mild” conditions at a temperature between 
120 and 190 °C (Hamelinck et al., 2005; Karimi et al., 2006; Takerzadeh 
and Karimi, 2007; Torget et al., 2000). However, considerable monosaccha¬ 
ride degradation may still occur and the yield of hemicellulosic sugars is typ¬ 
ically 70—95% (Galbe and Zacchi, 2002; Karimi et al., 2006; Lee et al., 1999; 
Takerzadeh and Karimi, 2007). At the end of the first step, the solubilized 
hemicellulosic monosaccharides are separated from the remaining solids 
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which are taken to the second step and fresh acid is added. The cellulose 
hydrolysis is done at a temperature between 200 and 260 °C. Although 
harsher conditions can be used for cellulose hydrolysis in the two-step pro¬ 
cess, the glucose yield still remains low: only 40—60% (Duff and Murray, 
1996; Galbe and Zacchi, 2002; Karimi et ah, 2006; Lee et al., 1999; 
Takerzadeh and Karimi, 2007). 

Karimi et al. (2006) studied the effects of temperature (pressure), reten¬ 
tion time, and hydrolysis acid concentration on the two-step dilute acid hy¬ 
drolysis of rice straw. Highest xylose (78.9% of theoretical) and glucose 
(46.6% of theoretical) yields were obtained when the conditions for the first 
step were 201 °C (15 bar), 10-min retention time, and 0.5 wt% H 2 SO 4 con¬ 
centration, and for the second step, 234 °C (30 bar), 3-min retention time, 
and 0.5 wt% H 2 SO 4 concentration (Karimi et al., 2006). 

Low yield of glucose in dilute acid hydrolysis is mainly due to formation 
of nonhydrolyzable oligomers from cellulose. Using special reactor designs, 
the glucose yield can be improved considerably (Xiang et al., 2003b). Xiang 
et al. (2003b) obtained 90% glucose yield in dilute acid hydrolysis 
(205-235 °C, 0.07 wt% H 2 S0 4 ) of yellow poplar saw dust in a bed- 
shrinking flow-through reactor with a quick quenching heat exchanger at 
the reactor outlet. The high glucose yield was due to quick quenching 
of the reactor effluent (Xiang et al., 2003b). 

Although acid recovery for reuse is not critical in dilute acid hydrolysis, the 
by-products formed in the hydrolysis must be removed from the hydrolysates. 
These compounds include furfural, HMF, acetic acid, and possible phenolic 
compounds (Mussatto and Roberto, 2004; Palmqvist and Hahn-Hagerdahl, 
2000a, 2000b; Takerzadeh and Karimi, 2007; Taherzadeh and Karimi, 
2008). The by-product removal can be accomplished using chromatography 
(Heinonen and Sainio, 2010; Laatikainen et al., 2011; Wooley et al., 1998; Xie 
et al., 2005) or adsorption (Chandel et al., 2007; Nilvebrant et al., 2001; 
Ranjan et al., 2009; Sainio et al., 2011; Sun et al., 2011; Weil et al., 2002). 

2.4. Enzymatic hydrolysis 

Cellulose and hemicelluloses can be hydrolyzed highly selectively using 
enzymes as catalysts. (Duff and Murray, 1996; Galbe and Zacchi, 2002; 
Gurgel et al., 2012; Kristensen et al., 2009; Peng et al., 2011; Saddler et al., 
1983; Sun and Cheng, 2002; Torget et al., 2000). Cellulose hydrolyzing cel- 
lulase enzymes can be obtained from many fungi or bacteria including species 
among Trichoderma, Penidllium, and Aspergillus (Galbe and Zacchi, 2002). The 
structure of the lignocellulosic biomass hinder the access of the enzymes to 
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the polysaccharides, and therefore, the biomass must be pretreated prior to the 
enzymatic hydrolysis (Galbe and Zacchi, 2002; Gurgel et al., 2012; Sun and 
Cheng, 2002) . Biomass pretreatment methods include mechanical commi¬ 
nution, pyrolysis, steam explosion, ammonia fiber explosion, CCB explosion, 
ozonolysis, dilute acid hydrolysis, alkaline hydrolysis, oxidative deli- 
gnification, and biological pretreatment with rot fungi (Duff and Murray, 
1996; Galbe and Zacchi, 2002; Sun and Cheng, 2002). 

The optimal conditions for enzymatic hydrolysis are temperature of 
45—55 °C and pH 4.0—5.0 (Duff and Murray, 1996; Galbe and Zacchi, 
2002; Kristensen et al., 2009; Sun and Cheng, 2002). Enzymatic hydrolysis 
is a slow method when compared to the dilute or concentrated acid-catalyzed 
hydrolysis: 48—84 h is needed to obtain high glucose yield (Camacho et al., 
1996; Duff and Murray, 1996; Kristensen et al., 2009; Sun and Cheng, 2002). 
The solid content in enzymatic hydrolysis must be low in order to obtain high 
cellulose conversion: the conversion decreases with increasing solid concen¬ 
tration. For example, Kristensen et al. (2009) obtained 65% conversion of the 
theoretical value with 5 wt% solid concentration and 43% conversion with 
20wt% solid concentration in 84-h hydrolysis. The decrease in the conver¬ 
sion is mainly due to the inhibitory effect of the hydrolysis products (in cel¬ 
lulose hydrolysis cellobiose as an intermediate product and glucose as an end- 
product) (Galbe and Zacchi, 2002; Kristensen et al., 2009). 



3. PROCESS OPTIONS FOR CHROMATOGRAPHIC 
SEPARATIONS 


This chapter describes the main process options used in industrial scale 


liquid chromatography in fixed beds. The column is filled with adsorbent 


material such as activated carbon, zeolites, polymeric adsorbents, or ion- 
exchange resins (Dorfner, 1991; Guiochon et al., 2006; Heinonen and 
Sainio, 2010; Helffench, 1995; Wang and Feng, 2010; Wankat, 1990; 
Wheaton and Bauman, 1953; Eken-Saracoglu and Arslan, 2000). The solid 
materials used in chromatography and adsorption are usually highly porous 
and have therefore large surface areas for adsorption (Wankat, 1990). The 
pore size distribution affects mass transfer resistance (Helfferich, 1995). 

3.1. Batch chromatography 

The basic implementation mode of chromatography is the batch mode. 
In this method, an eluent (e.g., water, an organic solvent, or a mixture of 
these) is pumped through a column continuously and, at certain time 
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intervals, the mixture that is to be fractionated is injected to the column at 
the column inlet. The components are pushed by the eluent and travel 
through the packed bed. The components in the injected sample travel with 
different velocities because they interact differently with the adsorbent ma¬ 
terial. Components that are strongly adsorbed to the adsorbent propagate 
slower through the column than the components that are weakly adsorbed. 
As a consequence, the components are separated from each other and exit 
the column at different times. The interactions between solute component 
and the adsorbent material are reviewed in Section 4.1. Distribution of spe¬ 
cies between liquid and solid phases is described by adsorption isotherms. 
Components in a mixture can also have cooperative (enhance sorption) 
or competitive (reduce sorption) effects on the sorption of the other com¬ 
ponents in the system (Guiochon et al., 2006; Wankat, 1990). 

Batch chromatography is commonly used on production scale in biotech¬ 
nology, sweetener industry, and phamiaceutical industry (Wankat, 1990). On 
analytical scale, the separation of sample components is complete. This is be¬ 
cause of the small column loadings used in analytical chromatography: the 
concentrations are small, and no interactions between the components occur 
in the column. On preparative scale, however, the column loadings are large 
and there may be interactions between the solute components. Due to these 
reasons, the separation between components on a preparative scale is often 
not complete: the component profiles overlap each other. For fractionation 
of binary mixtures, this results in two or three fractions, depending on the 
purity requirements set for the chromatographic separation. If a mixed frac¬ 
tion (containing both components) is obtained, it can be recycled and fed 
back to the column (see below). 

3.2. Steady-state recycling chromatography 

The purity of the product fractions can be increased substantially if the mid¬ 
dle (unresolved) part of the chromatogram is recycled back to the column 
inlet as shown in Fig. 5.2. If a constant amount of fresh feed is introduced 
to the process on every cycle (e.g., by mixing it with the recycled fraction), 
the mass that leaves the process eventually becomes equal to the mass of fresh 
feed. The process thus operates at a periodic steady state. 

The benefit of SSR chromatography is increased purity with a given pro¬ 
duction rate or, alternatively, increased production rate at a given purity 
level. Flowever, designing such a process is relatively difficult even with 
the help of a numerical simulation tool. There are five independent oper¬ 
ating parameters (the four cut times shown in Fig. 5.2 and the injection 
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Figure 5.2 Operating principle of steady-state recycling chromatography. 


volume) that determine the amount of fresh feed processed per cycle at 
steady state. Nearly optimal values for two of these (f A i and t B2 ) are easily 
chosen, whereas choosing properly the size and position of the recycle frac¬ 
tion (determined by t A2 and f B1 ) is not straightforward. This is because the 
chromatogram at steady state usually differs considerably from that of the first 
cycle, and cut times that initially fulfill the purity requirements fail to do so at 
steady state. A design method that guarantees correct purities under ideal 
conditions (i.e., no axial dispersion or mass transfer resistance) has been de¬ 
rived by Sainio and Kaspereit (2009). In the practically more relevant case of 
significant dispersion, a short-cut design method by Kaspereit and Sainio 
(2011) provides excellent first approximations for the cut times. 

A further improvement in process performance is possible by shortening 
the time between two consecutive pulses such that the front of the second 
pulse overlaps with the tail of the first pulse. At present, there are no design 
methods, other than fully dynamic numerical simulations, available for such 
an operating mode. 

3.3. Continuous SMB chromatography 

There are also continuous countercurrent process schemes for chromato¬ 
graphic separation. When properly optimized, they can yield lower eluent 
consumption, higher productivity, higher product concentrations, higher 
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product purities, and enhanced utilization of the adsorbent (Guiochon et ah, 
2006; Kaspereit, 2009). In addition, continuous chromatographic separation 
process is easy to scale up or down (Guiochon et al., 2006; Katsuo and 
Mazzotti, 2010). 

In practice, a truly continuous chromatographic separation process (true 
moving bed, TMB) is challenging to implement. This is because continuous 
countercurrent movement of the solid and liquid phases is difficult to estab¬ 
lish at high flow rates. For the solid phase, plug flow conditions are impos¬ 
sible to achieve due to back mixing of the solid phase. In addition, severe 
particle abrasion and breakage occurs during the movement of the solid 
phase (Guiochon et al., 2006; Kaspereit, 2009; Wankat, 1990). 

Due to the impracticality of the truly continuous chromatographic sep¬ 
aration process, a process in which the movement of the solid phase is sim¬ 
ulated was developed by Universal Oil Products in 1961 (Broughton and 
Gerhold, 1961). This process is called simulated moving bed (SMB) chro¬ 
matographic separation process, and it was initially developed for separations 
in the petrochemical industry (Broughton and Gerhold, 1961). Today, var¬ 
ious SMB processes can be found from the petrochemical industry 
(Broughton and Gerhold, 1961; Lee and Wankat, 2010; Mata and 
Rodrigues, 2001), the sweetener (sugar) industry (Airaksinen et al., 2010; 
Ando et al., 1990; Giacobello et al., 2000; Heikkila et al., 1989, 1994, 
1997, 2000, 2007; Masuda et al., 1993), and the fine chemicals and pharma¬ 
ceutical industry (Barreto et al., 2008; Goncalves et al., 2008; Juza et al., 
2000; Lee et al., 2010; Lehoucq et al., 2000; Pais et al., 1998; Ribeiro 
et al., 2011; Schulte and Strube, 2001). In this chapter, introductions to 
the operation of the SMB chromatography and some of its variants are given. 

3.3 .7 Operation of a four-zone SMB process for binary fractionations 

In SMB chromatography, the continuous movement of the solid phase is sim¬ 
ulated by periodically shifting the inlet and outlet ports in the direction of the 
liquid flow. This results in a countercurrent movement of the solid and liquid 
phases. If the time between the port switching and the column lengths are 
infinitely short, SMB and TMB processes are equal (Guiochon et al., 2006). 

The principle of a conventional SMB system which can be used to sep¬ 
arate binary mixtures into two fractions is shown in Fig. 5.3. This system con¬ 
sists of four zones which all have different functions (Guiochon et al., 2006). 
Each of the zones in SMB system can contain one or more columns. Zone I 
(Fig. 5.3) is located between the eluent inlet and extract (more retained com¬ 
ponent) outlet ports. Desorption of the more retained component occurs in 
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Figure 5.3 Four-zone simulated moving bed chromatographic system for binary sep¬ 
aration. Eluent, eluent inlet stream; Feed, feed inlet stream; Extract, outlet stream of 
the most retained component; Raffinate, outlet stream of the least retained component. 


this zone as well as the regeneration of the solid phase. Zone I also prevents the 
movement of the more retained component from zone I to zone IV (through 
the recycling stream) and is therefore called buffer zone. 

The actual separation occurs in Zones II and III (Fig. 5.3). Zone II is 
located between the extract outlet and feed inlet ports (Fig. 5.3). Desorption 
of the less retained component occurs in zone II. The columns between the 
feed inlet and raffinate (less retained component) outlet ports belong to zone 
III (Fig. 5.3). Adsorption of the more retained component occurs in this 
zone. Components of a binary mixture have overlapping profiles in zones 
II and III. 

The last zone in the SMB train, zone IV, is for the adsorption of the less 
retained component. It contains the columns between the raffinate outlet and 
eluent inlet ports (Fig. 5.3). It is also a buffer zone: the movement of the less 
retained component from zone IV to zone I is prevented with zone IV. 

The basic four-zone SMB system has two inlet streams (feed and eluent) 
and two outlet streams (extract and raffinate) (Fig. 5.3). The eluent and the 
feed solution are continuously fed to the first column of zones I and III, re¬ 
spectively. The less retained component is continuously taken out from the 
system as raffinate stream at the outlet of the last column of zone III. Sim¬ 
ilarly, the more retained component is taken out from the system as extract 
stream at the outlet of the last column of zone 1. 
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When the ports in an SMB system are shifted toward the liquid flow, the 
solid phase moves to the opposite direction. This means that the first column 
of zone III becomes the last column of zone II and the first column of zone II 
becomes the last column of zone I, etc. The separation of components of a 
binary mixture is achieved by adjusting the flow rates and the port switching 
time so that the more retained component moves with the solid phase 
toward the extract outlet and the less retained component with the liquid 
phase toward the raffinate outlet. In other words, the less retained compo¬ 
nent should be made to propagate faster than the port switching and the 
more retained component slower than the port switching. 

3.3.2 SMB processes for ternary separations 

The standard four-zone SMB can only be used for fractionations of binary 
mixtures. In many applications, however, the mixtures contain at least three 
components that need to be separated selectively. For example, in the chro¬ 
matographic fractionation of lignocellulosic hydrolysates with a strong acid 
cation-exchange resin (sulfonated PS—DVB resin in H + form), three fractions 
are formed (Heinonen and Sainio, 2012): sulfuric acid, monosaccharide, and 
by-product (acetic acid) fractions (see Section 5.2). Due to this, one standard 
four-zone SMB system is not applicable for this fractionation. To overcome 
the limitations of the conventional SMB, modifications of the SMB have been 
developed that can be used for complex fractionations (Heikkila et al., 1989; 
Jermann et al., 2012; Kaspereit, 2009; Kessler and Seidel-Morgenstern, 2006; 
Masuda et al., 1993; Paredes et al., 2004). These modified SMB processes op¬ 
erate continuously, that is, all flows are continuous, or semi-continuously, for 
example, feed is not introduced continuously to the system. The continuous 
SMBs for ternary fractionations use usually large number of columns, whereas 
the semi-continuous SMBs can operate with a relatively small number of col¬ 
umns (Heikkila et al., 1989; Jermann et al., 2012; Kaspereit, 2009; Kessler and 
Seidel-Morgenstem, 2006; Masuda et al., 1993; Paredes et al., 2004). SMB 
systems for ternary or multicomponent separations include a cascade of two 
(or even more) four-zone SMBs (Kaspereit, 2009; Kessler and Seidel- 
Morgenstern, 2006), Japan Organo process (Agrawal and Kawajiri, 2012; 
Masuda et al., 1993; Mata and Rodrigues, 2001), multizone SMBs (more than 
four zones) (Kessler and Seidel-Morgenstern, 2006; Mun, 2011; Paredes et al., 
2004), intermittent SMB (Jermann et al., 2012; Katsuo and Mazzotti, 2010), 
and sequential SMB (see, e.g., Heikkila et al., 1989). 

a. Four-zone cascade SMB. The four-zone cascade SMB consists of two 
SMBs in series: the outlet stream from the first unit containing two 
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components is fed to the second unit. The second unit may be placed 
directly at the outlet of the first unit, or there may be a collection tank 
between the units. In the former option, the feed flow rate of the second 
unit is coupled with the outlet flow rate of the first unit (raffinate or ex¬ 
tract) (Guiochon et al., 2006; Kaspereit, 2009). In this option, the feed to 
the second unit is always more diluted than the feed to the first unit 
(Kaspereit, 2009). When a collection tank is placed between the units, 
the feed to the second unit can be concentrated. With two four-zone 
cascade SMBs, it is more beneficial to do the easier separation in the first 
unit (Kessler and Seidel-Morgenstern, 2006): the concentrations of feed 
to the second unit can be altered, and therefore, the separation in the 
second unit can be made easier. 

b. Multizone SMBs. In multizone SMBs, the number of zones is higher than 
four. Five-zone SMB units have been investigated, for example, by Mun 
(2011) and Paredes et al. (2004). In one option for a five-zone SMB, the 
unit combines both batch and continuous system (Paredes et al., 2004). 
One zone of the unit (zone 0) operates as a batch unit and is not con¬ 
nected to the rest of the SMB system. Desorption of the most retained 
component in the ternary separation system occurs in this zone. The 
other four zones operate like standard four-zone SMB unit. The feed 
is introduced continuously to the system (the first column of zone III). 
Eluent is introduced to the first column of zone I such as in the conven¬ 
tional SMB, and also to zone 0 in order to elute the most retained com¬ 
ponent (Paredes et al., 2004). 

Mun (2011) investigated a five-zone SMB unit for ternary separations, in 
which all the zones operate continuously in countercurrent manner. This 
system has three outlet streams: one raffinate (least retained component) 
and two extract (for the intermediately and most retained components) 
stream. Instead of continuously feeding the system, partial feeding can be 
applied to improve the separation of ternary mixtures. The partial feeding 
can be implemented in numerous ways (Mun, 2011). 

Also, SMB systems with more than five zones have been investigated 
(e.g., Kessler and Seidel-Morgenstern, 2006; Wooley et al., 1998). The cas¬ 
cade of two four-zone SMBs can also be integrated into the same unit cre¬ 
ating an eight-zone SMB. In this configuration, part of the recycle stream 
between the subunits must be taken out of the system in order to accomplish 
ternary separation. In addition, the solid-phase flow rate is fixed. Eight-zone 
SMBs have lower productivity and product mass flow than two coupled four- 
zone SMBs (Kessler and Seidel-Morgenstern, 2006). Wooley et al. (1998) 
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have presented a nine-zone SMB (four- and five-zone SMBs integrated into 
the same unit) for the fractionation of dilute acid lignocellulosic hydrolysates 
into three fractions (see Section 5.4). 

c. Intermittent SMB. The so-called intermittent (or improved) SMB 
(I-SMB) was originally developed in the sweetener industry (Katsuo 
and Mazzotti, 2010) for binary fractionations. It has since been modified 
for ternary separations (Jermann et ah, 2012). 

Intermittent SMB usually has one column in each of its four zones and a 
single switch consists of two steps. Two different configurations exist for 
separation of ternary mixtures. In the first configuration, the unit is operated 
like a conventional SMB in the first step with two inlet (feed and eluent) and 
two outlet (raffinate and extract) streams. However, there is no flow¬ 
through zone IV (Jermann et al., 2012; Katsuo and Mazzotti, 2010). The 
two least adsorbed components are collected in this step from the raffinate 
and extract streams. In the second step, in the separation of binary mixtures, 
all the inlets and outlets are closed and the liquid phase is circulated through 
the columns for adjustment of the relative positions of the concentration 
profiles (Katsuo and Mazzotti, 2010). In the case of ternary fractionation, 
the most retained component is taken out from the system in the second 
step. This component moves with the solid until it is eluted from the column 
in the first position in the second step, thus allowing the regeneration of the 
solid phase (Jermann et al., 2012). 

In the second process configuration for intermittent SMB for ternary sep¬ 
aration, flow passes through all four zones in the first step. However, there is 
no flowbetween zones I and II, and zones II and III. The feed is introduced to 
the first column of zone III, and it is recycled to zone I into which eluent is also 
fed. The most retained component is eluted in the first step from the last col¬ 
umn of zone I, and the intermediately retained component from the last col¬ 
umn of zone II. The least retained component is eluted in the second step 
from the outlet of the last column of zone IV. In this step, zone I is discon¬ 
nected from the SMB unit and regenerated. The other three zones are con¬ 
nected in series, and fresh eluent is fed to the system (to the first column of 
zone II) in order to adjust the relative position of the two most retained com¬ 
ponents and elute the least retained component (Jermann et al., 2012). 

d. Sequential SMB. Also, the sequential SMB system was developed in the 
sweetener industry (Heikkila et al., 1989, 1994). Main applications have 
been in the recovery of betaine from molasses, that is, separation of 
betaine from salts, oligosaccharides, and sucrose. Sequential SMB differs 
considerably from other SMB systems presented above. First of all, the 
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sequential SMB can be operated already with just two columns, while 
typically the column number is from three to eight (Airaksinen et al., 
2010; Heikkila et al., 1989, 1994, 1997, 2000, 2007). 

The most distinct difference between sequential SMB and other SMB sys¬ 
tems for ternary fractionations is that the sequential SMB is operated without 
(simulated) countercurrent movement of the solid and liquid phases. This 
means that the ports are not switched synchronously in the direction of 
the fluid flow during a cycle. In principle, sequential SMB is not an MSB 
system, but a multicolumn batch chromatographic system with recycling. 

Another feature of the sequential SMB is that, according to the available 
patents, the column outlet streams are not split but the whole column outlet 
stream is taken out of the system or led to the next column (Airaksinen et al., 
2010; Heikkila et al., 1989, 1994, 1997, 2000, 2007). In conventional SMB, 
on the contrary, part of an outlet stream goes to collection tank and the rest 
to the next column in the series (Guiochon et al., 2006; Kaspereit, 2009). 

One cycle of sequential SMB system consists of three phases: feeding, elu¬ 
tion, and recycling. Each of these phases is conducted at least once in a cycle. 
One cycle of the sequential SMB consists of four to eight stages with one stage 
being one of the three phases given above (Heikkila et al., 1989, 1994). 

In the feeding phase, the mixture that is to be fractionated is fed to one 
column of the SMB system. Simultaneously, eluent can be fed to another 
column(s), and two or three product fractions are taken out of the system. 
The columns from which the products are withdrawn can be connected to 
the column (or be the column) into which the feeding is conducted or they 
may be disconnected from this column. During the elution phase, no feed¬ 
ing of the mixture to be separated is conducted. Eluent is fed to the system, 
and product fractions are collected from the outlets of various columns in the 
system (Heikkila et al., 1989). 

In the recycling phase, no eluent or fresh feed is introduced to the system 
and nothing is taken out of the system. The component profiles are circu¬ 
lated through the system in order to adjust the positions of the profiles 
relative to the outlet ports. All the columns can be connected in a single 
loop, or there may be two or more loops in which the liquid phase is cir¬ 
culated. There may even be simultaneously one closed loop in which 
recycling occurs and an open loop into which eluent is fed and products 
are taken out: the three phases of the sequential SMB can be done in series 
or they can overlap (Heikkila et al., 1989). 

The eluent consumption of the sequential SMB system can be reduced 
up to 70% by introducing parts of the collected fractions (diluted or mixed) 
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back to the unit as an eluent substitute. In addition, product yield and purity 
may be increased. Proper position and stage of recycling must be determined 
in a way that the components in the reintroduced fractions meet similar 
components (Airaksinen et al., 2010). 

e. Japan Organo process. Another interesting and commercially utilized SMB 
variation for ternary fractionations (or more complex fractionations) is 
the Japan Organo process, which is also known as pseudo SMB. The or¬ 
igins of this process are also in the sweetener industry (Masuda et al., 
1993). The JO process can easily be built from standard four-zone 
SMB unit, and it can be run with four columns (one for each zone) 
(Agrawal and Kawajiri, 2012; Kurup et al., 2006; Lee and Wankat, 
2010; Masuda et al., 1993; Mata and Rodrigues, 2001). 

The operating principle of the JO process is shown in Fig. 5.4. One cycle 
consists of two steps. In the first step, the feed stream is introduced to the 
system and the intermediately retained component is taken out from the sys¬ 
tem. The SMB column train is disconnected between the zones II and III. 
The system is operated like a series of batch columns with the exception that 
eluent is fed to the system from different position than the feed (Fig. 5.4). 
Feeding of the eluent in the first step is not necessary but can improve 
the separation (Masuda et al., 1993). The feed mixture is introduced to 



Step 1 Step 2 

Figure 5.4 Principle of Japan Organo SMB system for ternary fractionations. Eluent, inlet 
stream of eluent; Feed, inlet stream of feed; Intermediate, outlet stream of the interme¬ 
diately retained component; Extract, outlet stream of the most retained component; 
Raffinate, outlet stream of the least retained component. 
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the system through the inlet of the first column of zone III, while eluent is 
typically fed through the inlet of the first column of zone I (Fig. 5.4). Flow 
rates in zones I and II as well as in zones III and IV are equal. The interme¬ 
diately retained component is taken out from the system at the outlet of the 
last column of zone II. In the first step, due to the batchwise operation, more 
than one component can be withdrawn consecutively from the outlet port at 
the end of zone II. In addition, also the raffinate and extract ports can be 
open in the first step allowing the withdrawal of the least and most retained 
components, respectively (Masuda et al., 1993). 

In the second step of the JO process, only eluent is introduced to the 
system (Fig. 5.4). The system is operated like a standard four-zone SMB 
without the feed stream. Due to this, the flow rates in zones II and III 
are equal (Agrawal and Kawajiri, 2012; Masuda et al., 1993). The least 
and most retained components are taken out from the system in raffinate 
and extract streams, respectively (Agrawal and Kawajiri, 2012; Lee and 
Wankat, 2010; Masuda et al., 1993; Mata and Rodrigues, 2001). This is con¬ 
tinued for several SMB switches before the first step is conducted again. In 
the end of step two, the intermediately retained component is located up¬ 
stream from the feed point (in zone II) and can be collected during the next 
cycle (first step) (Lee and Wankat, 2010; Masuda et al., 1993; Mata and 
Rodrigues, 2001). 

The number of switches in the second step can be equal or different to 
the number of columns. If they are equal, the feed in the first step is always 
introduced to the same column (Kurup et al., 2006; Lee and Wankat, 2010). 
As the number of port switches in the second step increases, the feed amount 
in the first step can be increased. This is because the effective column length 
increases with increasing number of port switches, and larger amounts of the 
least and most retained components can be separated from the intermediate 
component. However, if the amount of feed introduced to the system is 
larger than the loading capacity of zone III, the raffinate and extract streams 
may become contaminated with the intermediate component (Lee and 
Wankat, 2010). 

The minimum duration of the first step is the time needed for the 
intermediate component to reach the outlet of the first column of zone 
III. Too short time leads to contamination of the extract stream with 
the intermediate component and too long time to contamination of the 
intermediate component’s outlet stream with the most retained compo¬ 
nent. For the duration of the second step, the effects are opposite (Mata 
and Rodrigues, 2001). 



Chromatographic Fractionation of Lignocellulosic Hydrolysates 


285 


Lee and Wankat (2010) have compared the operation of the JO process 
to that of the steady-state recycling process and a cascade of four-zone SMB 
processes (four or eight columns in one unit) in the case of linear isotherms 
(fractionation of nadolol isomers). The JO process was found to give higher 
productivity than the other two process options. In addition, desorbent to 
feed ratios with the JO process was approximately half of the values obtained 
with the recycling process (Lee and Wankat, 2010). In addition, Agrawal 
and Kawajiri (2012) have shown that in ternary fractionations the JO process 
clearly outperforms multizone SMB units (five and eight zones) and SMB 
cascade of two four-zone SMB units with respect to both productivity 
and eluent consumption. 

3.4. Adsorption 

Besides chromatography, also adsorption can be used to purify lignocellulose 
hydrolysates. The main difference to fixed-bed chromatography is that the 
process is operated with relatively long loading and regeneration steps, sep¬ 
arated by a washing step if needed. Long loading steps are achieved by uti¬ 
lizing stationary phase materials with high capacity and strong interactions 
with the impurity compounds. Regeneration of such materials usually re¬ 
quires special regeneration agents (e.g., organic solvents, acids, or bases) 
and/or higher temperature to be economical. Otherwise, the operation 
and design of adsorption separation is similar to fixed-bed chromatography. 



4. FUNDAMENTAL PHENOMENA IN 
CHROMATOGRAPHIC FRACTIONATION OF 
LIGNOCELLULOSIC HYDROLYSATES 


Implementation of the fractionation of acidic lignocellulosic hydroly¬ 
sates depends on the type of the hydrolysate. With concentrated acid hydroly¬ 
sates, the main issue is the separation of the monosaccharides from the 
hydrolysis acid and recovery of the acid for reuse. In addition, the by-products 
formed in the hydrolysis (acetic acid, furfural, and HMF) must be separated 
from the monosaccharides. Chromatographic separation with strong acid 
cation-exchange resin can be used to fractionate concentrated acid hydrolysates 
in a single step; however, it has been observed that it would be more econom¬ 
ical to do the fractionation in two steps (Heinonen and Sainio, 2010; Heinonen 
et al., 2012a; Sainio et al., 2011; Sun et al., 2011; Xie et al., 2005). In the 
first step, the sugar degradation products (and possible phenolic compounds) 
are removed using adsorption (Chandel et al., 2007; Nilvebrant et al., 2001; 
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Ranjan et al., 2009; Sainio et al., 2011; Sun et al., 2011; Villarreal et al., 2006; 
Weil et al., 2002). In the second step, sulfuric acid and acetic acid are separated 
from the monosaccharides chromatographically using strong acid cation- 
exchange resins as adsorbents (Farone and Cuzens, 1993, 1995; Heinonen 
and Sainio, 2010, 2012; Hester and Farina, 1997; Nanguneri and Hester, 
1990; Neuman et al., 1987; Sprinfield and Hester, 1999, 2001; Sun et al., 
2011; Wooley et al., 1998; Xie et al., 2005). 

With dilute acid hydrolysates, the recovery of hydrolysis acid is not 
essential due to low concentration of the acid in the hydrolysates (Gurgel 
et al., 2012; Hamelinck et al., 2005; Karimi et al., 2006; Lee et al., 1999; 
Takerzadeh and Karimi, 2007; Taherzadeh and Karimi, 2008; Xiang 
et al., 2004). These hydrolysates, however, contain many valuable by¬ 
products formed in hydrolysis which have to be removed prior to down¬ 
stream processing (fermentation to ethanol, etc.) (Galbe and Zacchi, 
2002; Lee et al., 1999; Lenihan et al., 2010; Takerzadeh and Karimi, 
2007; Taherzadeh and Karimi, 2008). The fractionation of dilute acid hy¬ 
drolysates can be accomplished in one step similarly as the fractionation 
of concentrated acid hydrolysates (adsorption and chromatography). 

Lignocellulosic hydrolysates contain strong (sulfuric acid) and weak elec¬ 
trolytes (mainly acetic acid, but may also contain formic acid and levulinic 
acid), and nonelectrolytes (monosaccharides, furfural, HMF). The concentra¬ 
tions of these components can be very different, for example, in concentrated 
acid hydrolysates, the sulfuric acid concentration can be onefold higher than 
the concentrations of the other components (Heinonen and Sainio, 2010). 

Many different separation mechanisms can be observed in the adsorp¬ 
tion/chromatographic fractionation of lignocellulosic hydrolysates. 
Chromatographic fractionation of (concentrated acid) lignocellulosic hy¬ 
drolysates with strong acid cation-exchange resins as adsorbents is based 
on electrolyte exclusion (or ion exclusion) chromatography (Glod, 1997; 
Heinonen and Sainio, 2010; Laatikainen et al., 2011; Nanguneri and 
Hester, 1990; Neuman et al., 1987; Sprinfield and Hester, 1999). In this 
method, first reported by Wheaton and Bauman (1953), the strong electro¬ 
lytes are excluded from the resin phase completely or partially due to electrical 
repulsion caused by the fixed ionic groups in the resin (Dorfher, 1991; Glod, 
1997; Helfferich, 1995; Nanguneri and Hester, 1990; Neuman et al., 
1987; Sprinfield and Hester, 1999; Wheaton and Bauman, 1953). As a 
consequence, the strong electrolytes (sulfuric acid, etc.) propagate fast through 
the column: breakthrough volume of the strong electrolytes corresponds to 
the dead volume of the resin bed (interstitial volume) due to zero sorption 
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at infinite dilution (Glod, 1997; Heinonen and Sainio, 2012; Wheaton and 
Bauman, 1953). Weak electrolytes (acetic acid, etc.) and nonelectrolytes 
(monosaccharides, furfural, HMF, etc.) are not affected by the electrolyte ex¬ 
clusion and propagate slower through the column due to different interactions 
between these components and the adsorbent, and are, therefore, separated 
from the strong electrolytes. As a consequence, the strong electrolytes are sep¬ 
arated from the weak electrolytes and nonelectrolytes. No ion exchange occurs 
in the electrolyte exclusion chromatography and, therefore, no regeneration of 
the resin due to ion exchange is required (Dorfher, 1991; Helfferich, 1995; 
Wheaton and Bauman, 1953). In the sugar industry, electrolyte exclusion 
chromatography is used for the separation of sucrose and betaine from molasses 
using sequential SMB system (see, e.g., Heikkila et al., 1989). 

In the following chapters, the separation mechanisms observed in chro¬ 
matographic separation and adsorption processes are elucidated. Afterwards, 
a simple model, consisting of phase equilibrium models and dynamic col¬ 
umn model, for the chromatographic fractionation of lignocellulosic hydro¬ 
lysates is presented. 

4.1. Sorption mechanisms 
4.7.7 Electrolyte exclusion 

Chromatographic separation of strong electrolytes from weak electrolytes 
and nonelectrolytes is based on the electrolyte exclusion. Strong electrolytes 
are excluded from the resin phase (i.e., the solution phase inside the resin 
pores) due to the electrolyte exclusion, but the weak electrolytes and non¬ 
electrolytes are not affected and are, therefore, adsorbed to the resin. As a 
consequence, the strong electrolyte propagates through the column faster 
than the weak electrolytes and nonelectrolytes and separation occurs. No 
actual ion exchange occurs in the electrolyte exclusion (Dorfner, 1991; 
Helfferich, 1995; Wheaton and Bauman, 1953). 

The electrolyte exclusion can be explained in terms of the Donnan 
potential as follows. When a strong acid cation-exchange resin is put into 
a dilute solution of a strong electrolyte, there exists a large concentration dif¬ 
ference between the phases. Cation (counterion, i.e., exchangeable ion) 
concentration is higher in the resin phase, whereas the mobile anion (coion, 
i.e., ion with same sign of charge as the fixed ionic group in the resin) con¬ 
centration is higher in the bulk solution phase. Diffusion of cations from the 
resin phase to bulk solution phase and the opposite movement of anions 
from the bulk solution phase to the resin phase would erode these concen¬ 
tration differences. However, because these species are ionic, the diffusion 
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would interfere with electroneutrality. The first few ions that try to diffuse 
create a potential difference between the phases known as Donnan potential 
which draws the cations back to the resin phase and anions back to the bulk 
solution phase (Dorfner, 1991; Helfferich, 1995; Wheaton and Bauman, 
1953). Now that the anions of a strong electrolyte cannot diffuse into the 
resin phase, neither can the cations of the electrolyte because electro¬ 
neutrality condition must hold in the bulk solution phase. As a consequence, 
the strong electrolyte is excluded from the resin phase. 

The ions’ tendency to level the concentration differences between the 
phases is counterbalanced by the effects of the electrical field and equilib¬ 
rium, called Donnan equilibrium, is formed. Donnan equilibrium means 
that the electrical potential of each ion is equal in the bulk solution and resin 
phases (Dorfner, 1991; Helfferich, 1995). The consequence of this equilib¬ 
rium is that the counterion (i.e., exchangeable ion in the resin) concentra¬ 
tion in the ion exchanger remains higher and coion concentration lower in 
the resin phase than in the bulk solution phase. The situation is analogous 
with both cation and anion exchangers, but the sign of the Donnan potential 
is different: for cation-exchange resins, Donnan potential is negative, and for 
anion-exchange resins, it is positive (Dorfner, 1991). 

Donnan potential, and therefore also electrolyte exclusion, depends on 
many factors. First of all, it decreases when the electrolyte concentration in 
the bulk solution increases (Dorfner, 1991; Helfferich, 1995; Wheaton and 
Bauman, 1953). Complete electrolyte exclusion can be achieved only at in¬ 
finite dilution. As the electrolyte concentration increases, the exclusion ef¬ 
fect diminishes and eventually vanishes completely. The sorption isotherms 
of strong electrolytes are unfavorable (concave upward) when electrolyte 
exclusion is the main sorption mechanism. In addition, the slopes of the 
sorption isotherms are zero at infinite dilution due to complete exclusion 
(Heinonen and Sainio, 2012; Heinonen et al., 2012b; Helfferich, 1995; 
Laatikainen et al., 2011; Wheaton and Bauman, 1953). 

Although all kinds of ion exchangers (weak and strong, and anionic and 
cationic) can be used in the electrolyte exclusion chromatography, the sep¬ 
aration efficiency is favored by high ionization level of the functional groups. 
Therefore, strong ion exchangers perform better (Helfferich, 1995; Wheaton 
and Bauman, 1953). High ion-exchange capacity (counterion concentration) 
and high degree of cross-linking (i.e., high charge density) increase the 
electrolyte exclusion (Dorfner, 1991; Helfferich, 1995). 

The Electrolyte exclusion is higher for low valence of the counterion 
(exchangeable ion in the resin) due to the fact that the electrostatic force that 
affects the ion is proportional to the charge of the ion. However, high coion 
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(ion with same sign of charge as the fixed ionic groups in the resin) valence 
leads to stronger exclusion of electrolyte (Helfferich, 1995). 

Size of the ions also affects the electrolyte exclusion: large ions are excluded 
from highly cross-linked resin due to the steric effects (Helfferich, 1995). Ion 
association or formation of ionic pairs between the counterions and the ionic 
groups in the resin localizes the counterions and decreases the effectiveness of 
the electrolyte exclusion. For example, when weak cation-exchange resins are 
only partially ionized (depends on solution pH), they do not exclude acids: 
acids are adsorbed to the ion-exchange resin like nonelectrolytes. 

Complex formation between the ions in bulk solution and counterions in 
the resin can also weaken the effect of the electrolyte exclusion. This mech¬ 
anism is known as site sharing (Helfferich, 1995). For example, sulfuric acid is 
sorbed to strong base anion-exchange resin in sulfate form because the sulfate 
counterions can form HSOg - complexes with the protons of sulfuric acid 
which is in the solution. This means that one sulfate counterion (valence 
of—2) is replaced by two HSOg - counterions (valence of — 1) resulting 
in sorption of sulfuric acid. Sorption of strong electrolytes is also enhanced 
by increasing temperature and by various other interactions between electro¬ 
lyte and ion-exchange resin (Dorfner, 1991; Helfferich, 1995). 

The effect of electrolyte exclusion on the sorption of weak electrolytes 
(i.e., acetic acid in lignocellulosic hydrolysates) is very small. This is because 
of the low or nonexistent dissociation of weak electrolytes in the presence of 
the counterions in the resin (Dorfner, 1991; Helfferich, 1995; Wheaton and 
Bauman, 1953). In addition, for example, with acidic lignocellulosic hydro¬ 
lysates (especially, concentrated acid hydrolysates), the high sulfuric acid con¬ 
centration in the solution prevents dissociation of acetic acid (Heinonen et al., 
2012b; Laatikainen et al., 2011). Weak electrolytes are adsorbed to the resin 
like nonelectrolytes (Helfferich, 1995). 

Weak electrolytes and nonelectrolytes do not have a direct effect on the 
electrolyte exclusion (Helfferich, 1995; Wheaton and Bauman, 1953). How¬ 
ever, these components can affect the electrolyte exclusion indirecdy if they 
affect resin swelling/shrinking through activity of water. Resin swelling/ 
shrinking affects electrolyte exclusion because it changes the charge density 
in the resin phase. 

4.7.2 van der Waals interactions 

Adsorption of nonelectrolytes on an ion-exchange resin with a hydrocarbon 
matrix is affected by van der Waals forces (London interactions and 
dipole—dipole interactions) (Dorfner, 1991; Helfferich, 1995; Rieman, 
1961). These interactions favor local adsorption of hydrocarbon groups of 



290 


Jari Heinonen and Tuomo Sainio 


solutes to the resin matrix and enhance the sorption of nonelectrolytes (and as¬ 
sociated electrolytes). London interactions between the solute molecules and 
resin matrix are weak interactions. Dipole—dipole interactions between polar 
solvent molecules and between solvent and solute molecules are strong inter¬ 
actions (Dorfner, 1991; Helfferich, 1995). As a consequence of dip ole—dipole 
interactions, organic solutes tend to coagulate or to be squeezed out of the polar 
solution onto the resin—solution phase boundary (Helfferich, 1995). 

London interactions depend on the molecular structure of the hydrocar¬ 
bon chains of the solutes and the matrix: if these are of similar type, stronger 
sorption occurs (Helfferich, 1995). For example, aromatic hydrocarbons or 
other hydrocarbons containing ring structures are more strongly adsorbed 
on a PS—DVB resin than aliphatic hydrocarbons. 

With ion-exchange resins, interactions between polar solute groups and 
fixed ionic groups and counterions may be the strongest factor enhancing or 
reducing adsorption. Due to the ionic groups, ion-exchange resins are strongly 
polar adsorbents and tend to adsorb polar substances more strongly than non¬ 
polar (Dorfner, 1991; Rieman, 1961). Repulsive forces may also exist between 
the polar fixed ionic groups and nonelectrolytes (Rieman, 1961). In addition, 
solvation of fixed ionic groups with the solute molecules can be one adsorption 
mechanism with ion-exchange resins (Section 4.1.5) (Dorfner, 1991). 

Naturally, the concentration of adsorbing component in the bulk solution 
phase affects sorption: the higher the concentration, the higher the adsorbed 
amount. However, with components having favorable (concave downward 
shaped) isotherms, the distribution coefficients become smaller when their 
concentration increases due to the fact that a limited amount of substance 
can be adsorbed to a certain volume/mass of adsorbent. With components 
having unfavorable isotherms, the distribution coefficients increase with in¬ 
creasing concentration at least in the concentration range that is normally 
used. Usually, the adsorption isotherms of nonelectrolytes are favorable at least 
to some extent (Dorfner, 1991; Helfferich, 1995); however, exceptions can be 
found. For example, sorption isotherms of monosaccharides on a strong acid 
cation-exchange resin are slightly unfavorable. This is due to nonidealities in 
the liquid phase (Ching et al., 1987; Nowak et al., 2007, 2010; Vente et al., 
2005), which in turn result from the large size of the solvated monosaccharide 
molecules (size exclusion, see below) (LAHDE). 

4.1.3 Size exclusion 

Molecular size of the adsorbing components also affects sorption. Large mol¬ 
ecules might not be adsorbed because their size prevents their diffusion into 
the pores of the adsorbent (Helfferich, 1995; Wankat, 1990). Resin pore size 
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distribution is not uniform, and therefore, there are no clear limits for how 
large molecules can fit into the pores of an adsorbent (Helfferich, 1995). With 
resins that swell and shrink considerably, due to changes in the solution-phase 
composition, the pore size, and therefore also the effect of size exclusion to 
sorption, depends on resin swelling. Those components that cause strong 
swelling (increase in pore size) are more easily adsorbed (Dorfner, 1991). 

In addition to the size exclusion effect, degree of resin cross-linking 
affects the sorption of solute molecules of different size also through swelling 
pressure (see Section 4.2). Inside a swollen resin is a rather large swelling 
pressure that tends to squeeze solvent and solute molecules out of the resin 
phase. Large molecules are more strongly affected than small ones. The im¬ 
portance of the swelling pressure effect increases as the degree of resin cross- 
linking and solute molecule size increases. Therefore, with resins having a 
moderate degree of cross-linking, the effect of swelling pressure on the sorp¬ 
tion of small molecules is rather small (Helfferich, 1995). 

4.1.4 Partition 

Partition means that the chromatographic separation is based mainly on the 
differences between the solubilities of the solutes in the mobile and station¬ 
ary phases (IUPAC, 2012). The latter means here the solution inside the 
pores of a porous adsorbent. In partition chromatography, ion-exchange 
resins are used as adsorbents and a salt (NaCl, etc.) or an organic solvent 
(ethanol, etc.) is added to the aqueous bulk solution phase. The role of 
the additive is to either increase or decrease the distribution coefficient of 
the adsorbing components between the bulk solution phase and the solution 
phase inside the resin pores (Hunter and Carta, 2001; Mirica et al., 2012; 
Nfor et al., 2011; Ng and Snyder, 2012; Rieman, 1961; Sargent and 
Rieman, 1956; Tiihonen et al., 2002b). 

Salting out is a special case of partition chromatography: addition of salt 
to a bulk solution decreases the solubility of organic nonelectrolytes (and 
weak electrolytes) to the bulk solution. These components are salted out 
from the bulk solution phase to the solution phase inside the resin pores. 
In other words, the salt has a cooperative effect on the sorption of these or¬ 
ganic nonelectrolytes. Salting out chromatography has been used, for exam¬ 
ple, in the fractionation of alcohols, aldehydes and ketones, ethers, and 
amines (Rieman, 1961; Sargent and Rieman, 1956). 

The salting out mechanism can be explained as follows. Only “free 
water,” that is, the water (or other solvent) that is not bound to ionic sol¬ 
vation shells, is available for dissolving nonelectrolytes and associated weak 
electrolytes (if these solutes do not displace solvation water, see below). 
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Inside the pores of an ion-exchange resin, the “free water” content is low 
due to solvation of the fixed ionic groups and the counterions. Due to this, 
the nonelectrolytes are salted out from the resin phase to the bulk solution 
phase where the “free water” content available for dissolution of the non¬ 
electrolytes is higher (Helfferich, 1995). 

However, salting out works in two ways. If a strong electrolyte is added 
to the bulk solution, the “free water” content in the bulk solution decreases 
because water molecules form solvation shells with the ions of the strong 
electrolyte. This leads to salting out of the nonelectrolytes and associated 
weak electrolytes from the bulk solution phase to the resin phase (solution 
inside the pores of the resin) and the sorption of these species increases. This 
is the case, for example, when sulfuric acid is added to a solution of mono¬ 
saccharides and acetic acid in the presence of a strong acid cation-exchange 
resin (Heinonen and Sainio, 2010, 2012). 

The salting out phenomenon has been observed in the chromatographic 
fractionation of lignocellulosic hydrolysates with strong acid cation-exchange 
resins in acid form (Heinonen and Sainio, 2012; Laatikainen et al., 2011; 
Neuman et al., 1987; Spriniield and Hester, 2001). In this case, the sorption 
of the nonelectrolytes and weak electrolytes in the hydrolysates (monosaccha¬ 
rides, acetic acid, furfural, and HMF) is enhanced by sulfuric acid: the higher 
the sulfuric acid concentration, the stronger the sorption of the organic com¬ 
ponents (Heinonen and Sainio, 2010, 2012; Laatikainen et al., 2011; Neuman 
et al., 1987; Sprinfield and Hester, 2001). Due to this, very peculiar elution 
profiles of the organic solutes have been reported in the chromatographic frac¬ 
tionation of concentrated acid lignocellulosic hydrolysates (see Section 5.2). 

4.7.5 Complex formation 

Sugars can be separated from each other using cation-exchange resins with 
metal ions as counterions because sugar molecules can form donor—acceptor 
complexes with metal counterions (Angyal, 1973; Helfferich, 1995; Howard 
et al., 1988; Reeves, 1949a, 1949b; Saladini et al., 2001; Stefansson and 
Westerlund, 1996; Tiihonen et al., 2002a, 2002b). This kind of complex 
formation is called ligand exchange: no ion-exchange occurs, but the resin 
functions solely as a solid carrier for the metal ions (Helfferich, 1995; Howard 
et al., 1988). Strong acid cation-exchange resins with PS—DVB matrix are 
usually used as stationary phase in ligand-exhange chromatography 
(Stefansson and Westerlund, 1996), and water as eluent (Helfferich, 1995; 
Howard et al., 1988; Saladini et al., 2001; Stefansson and Westerlund, 
1996; Tiihonen et al., 2002a, 2002b). 
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Cations capable of forming complexes with ligands include Ca 2+ , Cu + , 
Ni 2+ , Pb 2+ , Sr 2+ , Ba 2+ , Y 3+ , La 3+ , Pr 3+ , and Ag 2+ (Helffench, 1995; 
Howard et al., 1988; Stefansson and Westerlund, 1996). Higher valence 
of the metal ion leads to more stable complexes (Angyal, 1973). Complexes 
formed by univalent cations (Na , etc.) are usually very weak, and therefore, 
these ions are considered noncomplexing (Tiihonen et al., 2002a). Ca 2+ is 
the most suitable for sugar separation purposes. With Pb 2+ , for example, the 
sugar—metal complexes are too strong, which leads to increased retention 
times in chromatographic separations (Stefansson and Westerlund, 1996). 

Ligand exchange is a highly selective chromatographic separation 
method, and there is a strong driving force for the sorption of ligands 
because the ligands are efficiently sequestered by the metal ions. The se¬ 
lectivity depends usually on the solution concentration. When the solution 
concentration is low, ligands with higher coordinative valence are favored. 
At high solution concentrations, however, ligands with lower coordinative 
valences are favored. In addition, the metal ions prefer ligands that have the 
strongest tendency to form complexes, enabling the separation of different 
ligands. Complexes are formed already when the bulk solution-phase 
concentration of the organic component is very low; this property can 
be efficiently used in the separation of ligands and nonligands 
(Helfferich, 1995). 

In ligand exchange, water (solvent) molecules in the hydration (solva¬ 
tion) spheres of metal counterions are replaced by hydroxyl groups (or other 
highly polar groups like carboxylic groups) of the organic molecules 
resulting in complex formation (Angyal, 1973; Helfferich, 1995; Howard 
et al., 1988; Saladini et al., 2001). The number of water molecules in the 
hydration sphere of the metal ion and, therefore, also the number of ligands 
that can complex with the metal ion depend on the coordination number of 
the ion and the type of the ligand (mono-, bi—, or tridentate ligand) 
(Helfferich, 1995; Stefansson and Westerlund, 1996). The ligands can also 
be replaced by other ligands. Organic compounds that can act as ligands in¬ 
clude polyols (sugars and sugar alcohols), anions of carboxylic and amino 
acids, ammonia, and aliphatic amines (Helfferich, 1995). 

Fomiation of metal—ligand complexes requires that the polar functional 
groups of the organic ligands are attached to adjacent carbon atoms and prop¬ 
erly oriented (and spaced): confomiation of the organic molecules (functional 
groups) determines their relative affinity for the metal ions, their distribution 
coefficients, and the stability of the complexes (Angyal, 1973; Howard et al., 
1988; Reeves, 1949a, 1949b; Stefansson and Westerlund, 1996). 
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The conformation of the ligands determines the distance (sterically 
favorable) between adjacent hydroxyl groups. If the distance is close to an 
optimal distance for complex formation, or the energy required to move 
the hydroxyl groups to optimal distance from each other is small, a complex 
is formed. The optimal distance between the adjacent hydroxyl groups is 
determined by the ionic radius of the metal ion. With the axial—equatorial 
sequence of hydroxyl groups, the optimal ionic radius is approximately 1 A 
(Ca 2+ 0.99 A, Na + 0.97 A, La 3+ 1.02 A) (Angyal, 1973; Stefansson and 
Westerlund, 1996; Tiihonen et ah, 2002a, 2002b). 

Complex formation requires at least two functional groups in adjacent 
positions and in right conformation: monohydric alcohols (e.g., ethanol) 
do not form complexes with metal ions (Angyal, 1973; Stefansson and 
Westerlund, 1996; Tiihonen et al., 2002a, 2002b). Complex formation be¬ 
tween metal ion and a monosaccharide with six-carbon atom rings occurs if 
the hydroxyl groups are in axial—equatorial sequence (Angyal, 1973; Howard 
etal., 1988; Stefansson and Westerlund, 1996). For example, a- and (3-glucoses 
can be separated from each other with Ca 2+ form strong acid PS—DVB 
resin because the former has hydroxyl groups in axial—equatorial sequence 
but the latter does not (Howard et al., 1988). Complex formation with 
ligands containing five-carbon atom rings occurs if the hydroxyl groups 
are in cis—cis sequence (Angyal, 1973; Stefansson and Westerlund, 1996). 

Generally, carbohydrate complexes in neutral and acidic aqueous solutions 
have a low stability due to the poor donor ability of the hydroxylic oxygen 
atoms (Saladini et al., 2001). In alkaline conditions, the carbohydrate com¬ 
plexes are relatively strong, because of the dissociation of carbohydrates which 
are weak acids (pK a in order of 12—14) (Angyal, 1973; Stefansson and 
Westerlund, 1996). In addition, the selectivity of the ligand exchange for car¬ 
bohydrates increases in alkaline conditions because common ligands such as 
amino acids, hydroxy acids, and amines stay unbound. However, increase 
of pH beyond the limit value of full ionization of carbohydrates leads to de¬ 
crease in the complex stability due to competition for complex formation with 
the increasing amount of hydroxyl ions (Stefansson and Westerlund, 1996). 

4.2. Resin swelling and shrinking 

Ion-exchange resins sorb solvents in which they are placed and swell due to 
this. The swelling results from the osmotic pressure difference between the 
external solution and the resin phase (solution inside resin pores): the ion 
concentration is considerably higher in the resin than in the external solu¬ 
tion. Solvent is taken up in order to decrease the osmotic pressure difference 
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between the two phases, that is, to dilute the ion concentration in the resin 
phase (Dorfner, 1991; Helfferich, 1995). When ion-exchange resins swell, 
the solvent molecules form solvation shells with the ionic groups and coun¬ 
terions of the resin. If the resins would not be cross-linked, the solvation of 
the ions and ionic groups would lead to dissolution of the polymers 
(Helfferich, 1995). However, due to the cross-linked structure of the resins, 
swelling continues only until an equilibrium is attained. In this equilibrium, 
the solvation of the ions which causes stretching of the resin matrix (i.e., the 
dissolution tendency) is balanced by the elastic forces of the resin matrix (i.e., 
resistance for the stretching of the matrix) (Dorfner, 1991; Helfferich, 1995). 

The solution inside the pores of a resin is under higher pressure than the 
external solution due to the contradictive forces of the resin matrix. This 
pressure difference between the external solution and the solution in the 
resin pores is known as swelling pressure. It affects the solvent uptake and 
therefore also the solvent activity in the resin. The swelling pressure in¬ 
creases when the resin swells due to an increase in the elastic forces opposing 
the swelling. The swelling pressure also increases when the degree of resin 
cross-linking increases due to stronger forces opposing the swelling. On the 
other hand, swelling tendency of a resin also decreases with increasing de¬ 
gree of cross-linking due to more rigid polymer network. Swelling pressure 
affects also the sorption of solutes, especially larger solutes (see Section 4.1.3) 
(Helfferich, 1995). 

Many forces contribute to resin swelling. First of all, the formation of 
solvation shells for the counterions and ionic groups, and the decrease in 
the osmotic pressure difference. Decrease in the osmotic pressure difference 
occurs when ion concentration in the bulk solution increases. The electro¬ 
static repulsion between the ionic groups in the resin contributes to resin 
swelling as well as the interactions between the solvent and the resin matrix 
especially if the solvent is organic (Dorfner, 1991; Helfferich, 1995). 

Polar solvents are better swelling agents than nonpolar solvents due to 
stronger interactions between the solvent and the ions and ionic and polar 
groups of the resin. Complete ionization of ionic groups also increases swell¬ 
ing because of greater solvation. Ion pair fomiation and association of the 
counterions and ionic groups decrease the solvation tendency and, therefore, 
also the swelling. Affinity ofthe fixed ionic groups toward the solvent also affects 
the swelling: the greater the affinity, the larger is the swelling. In addition, nature 
of the ionic groups affects the swelling: resins containing sulfonic acid groups 
swell more than resins that contain acetate groups. Ion-exchange resins with 
high ion-exchange capacity swell more than resin with small capacity due to 
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the higher ion concentration in the resin which results in higher osmotic pres¬ 
sure difference (Dorfher, 1991; Helfferich, 1995). 

Increasing solute concentration decreases resin swelling (Dorfner, 1991; 
Helfferich, 1995). This is particularly clear with strong electrolytes which 
cause considerable decrease in swelling at high concentrations. This shrink¬ 
ing is due to decreasing osmotic pressure (activity) difference. In other 
words, water is drawn from the resin to solvate the electrolyte ions in the 
bulk solution. 

The effect of the nature of the counterions to resin swelling is more com¬ 
plex than the effects listed above. With moderately and highly cross-linked 
resins, the swelling is affected by the solvation tendency and size of the coun¬ 
terion: ions with large hydrated ionic volume result in greater swelling. 
However, in highly cross-linked resins, the solvation of the ions may be in¬ 
complete (steric obstructions), and in this case, resin swelling depends on the 
size of the actual ion (Helfferich, 1995). 

With weakly cross-linked resins (gel-type resins), the valence of the 
counterion is important for resin swelling. These resins contain large 
amounts of free water, that is, solvent not bound to the solvation shells of 
the ionic species in the resin. The amount of free water depends on the num¬ 
ber of the counterions which, in turn, depends on the valence of the ions. 
When univalent counterions are replaced with bivalent ions, the number of 
counterions is cut to half which, in turn, results in lower swelling of the gel- 
type resins (Dorfner, 1991; Helfferich, 1995). For example, swelling of gel- 
type sulfonated PS—DVB resins decreases according to the sequence 
Na + > Ca 2+ > Al 3+ (Dorfner, 1991). In addition, if the counterions are ex¬ 
changed for ions with larger hydrated radius, free water is squeezed out of 
the resin due to increased swelling pressure (Helfferich, 1995). 

The effect of temperature on swelling of common ion-exchange resins 
used in separation applications is not very significant. Usually, resin swelling 
increases with increasing temperature (Dorfner, 1991). 

Resin volume changes affect diffusion coefficients and dispersion coef¬ 
ficients in chromatographic separation. When resin swells, the pore size of 
the resin increases and therefore also the diffusion rates are increased. The 
opposite is true when resin shrinks. Resin shrinking increases also dispersion 
and favors channeling especially at the column walls (Helfferich, 1995). 
When resin swelling or shrinking is considerable, it must be taken into ac¬ 
count in the modeling of the chromatographic separation or ion exchange. 
Usually, this complicates the modeling considerably. 
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4.3. Phase equilibrium models 

Accurate modeling of phase equilibria is essential for rigorous modeling of 
chromatographic separation processes. The phase equilibrium models include 
the sorption isotherm models and the possible resin swelling/shrinking model. 

In the earliest studies regarding the chromatographic fractionation of lig- 
nocellulosic hydrolysates, the phase equilibrium was modeled simply with 
constant distribution coefficients (Nanguneri and Hester, 1990; Neuman 
et al., 1987). With these simple phase equilibrium models, the correlation 
between the experimental and calculated results was inadequate. Wooley 
et al. (1998) and Xie et al. (2005) modeled the phase equilibrium in the case 
of dilute acid lignocellulosic hydrolysates with linear and Langmuir iso¬ 
therms depending on the adsorbent used. In the relatively narrow concen¬ 
tration ranges used in these studies, satisfactory correlation between the 
experimental and calculated results was obtained. 

The modeling of the phase equilibria in the case of chromatographic 
fractionation of dilute acid lignocellulosic hydrolysates with gel-type ion- 
exchange resins is relatively easy due to low sulfuric acid concentration in 
these hydrolysates (Wooley et al., 1998; Xie et al., 2005). The situation is 
somewhat more complicated when fractionation of a concentrated acid lig- 
nocellulosic hydrolysate using a gel-type strong acid cation-exchange resin 
in acid (H + ) form is studied (Heinonen and Sainio, 2010, 2012; Heinonen 
et al., 2012a, 2012b; Laatikainen et al., 2011). In these systems, the concen¬ 
tration of sulfuric acid is considerably high, and it therefore affects the sorp¬ 
tion of the other solutes present in the system (salting out, see Section 4.1.4) 
as well as the resin volume (resin swelling, see Section 4.2). In addition, due 
to high concentration and electrolyte exclusion, the sorption of sulfuric acid 
cannot be modeled with linear isotherm model as was done by Wooley et al. 
(1998) and Xie et al. (2005) in the fractionation of dilute acid hydrolysates. 
Heinonen and Sainio (2012) successfully used simple empirical nonlinear 
correlations to describe the phase equilibria in a system of concentrated acid 
lignocellulosic hydrolysate and gel-type strong acid cation-exchange resin in 
H + form. Simple isotherm models were derived for the main components of 
concentrated acid lignocellulosic hydrolysates: sulfuric acid, monosaccha¬ 
rides (glucose and xylose), and acetic acid (Heinonen and Sainio, 2012). This 
modeling approach is reviewed here in detail. 

In chromatographic fractionation of lignocellulosic hydrolysates with 
strong acid cation-exchange resin in acid form, sulfuric acid sorption is af¬ 
fected by electrolyte exclusion (Dorfner, 1991; Laatikainen et al., 2011): 



298 


Jari Heinonen and Tuomo Sainio 


at infinite dilution, the sorption of sulfuric acid is zero because of complete 
electrolyte exclusion. As the sulfuric acid concentration increases, the acid 
sorption also increases as the electrolyte exclusion effect diminishes. For 
these reasons, the slope of the sulfuric acid isotherm model has to be zero 
at infinite dilution and increases with concentration. The simplest expression 
which can be used to describe accurately sulfuric acid sorption on a strong 
acid cation-exchange resin in acid form is (Heinonen and Sainio, 2012) 

<1h 2 so 4 = a H 2 so 4 (CH 2 so 4 )^ H2S04 , [5-1] 

where q and C are solid phase and liquid-phase concentrations, respectively, 
and a and [3 are positive constants. Physical constraints (finite volume of el¬ 
uent during column regeneration) require that /I is larger than unity. 

Monosaccharide sorption isotherms on a strong acid cation-exchange 
resin in acid form are slightly unfavorably shaped (concave upward) 
(Heinonen and Sainio, 2012; Laatikainen et al., 2011). Similar isotherms 
for monosaccharides have also been obtained also earlier with strong acid 
cation-exchange resin in calcium form (Ching et al., 1987; Nowak et al., 
2007, 2010; Vente et al., 2005) and acid form (Nanguneri and Hester, 
1990). The unfavorable shapes of the monosaccharide isotherms originate 
from nonidealities in the liquid phase (Ching et al., 1987; Nowak et al., 
2007, 2010; Vente et al., 2005). 

Neuman et al. (1987) first noted that glucose sorption is enhanced by the 
presence of sulfuric acid. This was later verified for glucose, xylose, acetic 
acid, furfural, and HMF by Heinonen and Sainio (2012), Laatikainen 
et al. (2011), and Sainio et al. (2011). This cooperative effect is due to salting 
out phenomenon (see Section 4.1.4). The glucose and xylose sorption on a 
strong acid cation-exchange resin in H + form can be described with a simple 
anti-Langmuir type isotherm model in which the Henry constant depends 
linearly on liquid-phase concentration of sulfuric acid (Heinonen and 
Sainio, 2012) 

_ («k + /4 C H 2 so 4 )Ck r , 

'Ik — 1 n > P-2J 

1 - L,j=iVjCj 


where subscript k stands for glucose and xylose, y is a positive constant, and the 
sum term in the nominator stands for the total monosaccharide concentration. 

Acetic acid is a weak electrolyte (FC a ~ 1.6 X 10 5 mol/L at 50 °C 
(Harned and Ehlers, 1933)). In acidic conditions, for example, in concen¬ 
trated acid hydrolysates and in the presence of strong acid cation-exchange 
resin in acid form, acetic acid is associated and can be treated as 
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nonelectrolyte. Due to the association of acetic acid, electrolyte exclusion 
does not affect its sorption. Cooperative effect of sulfuric acid also on acetic 
acid sorption has been observed (Heinonen and Sainio, 2012; Laatikainen 
et al., 2011; Sainio et al., 2011). In the concentration range in which acetic 
acid is found on lignocellulosic hydrolysates, the sorption of acetic acid on a 
strong acid cation-exchange resin in acid form can be described with a linear 
isotherm model with the Henry constant depending on liquid-phase sulfuric 
acid concentration (Heinonen and Sainio, 2012) 

<ZAcOH = (“AcOH + /?AcOH Ch 2 so 4 ) CacOh • [5.3] 

The modeling of chromatographic fractionation of lignocellulosic hy¬ 
drolysates with a gel-type strong acid cation-exchange resin in H + form 
is complicated due to changes in resin volume. These changes occur when 
the solution-phase composition changes during the separation. Accurate 
modeling of these volume changes is crucial in order to precisely model 
the aforementioned separation process. 

Many approaches to model resin volume changes in adsorption processes 
have been applied (Durao et al., 1992; Marra and Cooney, 1973, 1978; 
Mazzotti et al., 1997; Sainio and Paatero, 2007; Tiihonen et al., 2002a, 
2002b). In aqueous solutions, the activity of water is the main solution prop¬ 
erty of interest (Helfferich 1952). In studies concerning the modeling of 
chromatographic fractionation of concentrated acid lignocellulosic hydroly¬ 
sates, Heinonen and Sainio (2012) demonstrated that the volume changes of 
the strong acid cation-exchange resin particles can be directly related to the 
sorbed amount of sulfuric acid if such experimental data are available. The 
effect of the other adsorbates present in these systems to resin volume 
changes is insignificant. A simple empirical correlation for the extent of resin 
shrinking was applied (Heinonen and Sainio, 2012) 

0 _ kbed,acid _ | ^1 ^H>SQ 4 ^ 

kbed ,water + 'iHoSCy 

where 9 is extent of resin shrinking, that is, the ratio of resin bed volume 
(V b e d) in acid to resin bed volume in water, g H .so 4 is the adsorbed amount 
of sulfuric acid, and di and d 2 are positive constants. Eq. (5.4) is scaled so that 
0 is unity in pure water, and decreases with increasing (Jh 2 S0 4 - 

In this chapter, a review was given of simple empirical correlations used 
to describe the phase equilibrium in a system of lignocellulosic hydrolysate 
and a gel-type strong acid cation-exchange resin. If the reader is interested in 
other modeling approaches which have been used for the aforementioned 
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system, these can be found in studies by Heinonen et al. (2012b) and 
Laatikainen et al. (2011). These models can also be applied for other chro¬ 
matographic separations of electrolytes and nonelectrolytes. 


4.4. Dynamic column model for the fractionation 
of lignocellulosic hydrolysates 

Several dynamic column models have been used in the modeling of chro¬ 
matographic fractionation of lignocellulosic hydrolysates (Heinonen and 
Sainio, 2012; Laatikainen et al., 2011; Nanguneri and Hester, 1990; 
Neuman et al., 1987; Wooley et al., 1998; Xie et al., 2005). The first models 
used for this purpose were an equilibrium-dispersive model used by 
Neuman et al. (1987) and a plate model used by Nanguneri and Hester 
(1990). A more accurate column model, the VERSE (VErsatile Reaction 
and SEparation) model which includes column mass balances for both bulk 
solution and resin pore solution, and the possibility for chemical reaction, 
was used by Wooley et al. (1998) and Xie et al. (2005). The aforementioned 
column models are applicable for the modeling of chromatographic frac¬ 
tionation of dilute hydrolysates, but they are not adequate for fractionation 
of concentrated acid hydrolysate with gel-type strong acid cation-exchange 
resins. This is because the models do not take into account volume changes 
of the gel-type resin caused by sulfuric acid in the concentrated acid hydro¬ 
lysates. Heinonen and Sainio (2012) presented a column model that takes 
into account the resin volume changes as changing local resin bed porosity. 
This model is well applicable for the modeling of chromatographic fraction¬ 
ation of concentrated acid hydrolysates. The column model by Heinonen 
and Sainio (2012) is reviewed below. 

In the model by Heinonen and Sainio (2012) the resin particles are assumed 
to be attached to a fixed two-dimensional grid (Mazzotti et al., 1997). Change 
in the sulfuric acid concentration causes a change to the resin particle diameter 
(resin volume) and therefore also to the void volume (bed porosity). 

The mass balance in the chromatographic column for component i over a 
small volume element oflength Az was given by Heinonen and Sainio (2012) as 


dQ 

V 

dQ t q, — C, ds 

1 8 Oc[i £^ax,i 

9 { 

dt 

^^col 

dz ' £ dt 

£ dt £ 

dz \ 



[5.5] 


where £ is local bed porosity, V is volumetric flow rate, A co \ is column cross- 
sectional area, D ax is axial dispersion coefficient, t and z are temporal and 
spatial coordinates, respectively. In Eq. (5.5), Q, and £ are functions of 
both t and 2 . The second term on the right-hand side of Eq. (5.5) takes into 
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account the influence of changing phase ratio due to resin volume changes 
on the liquid-phase concentration. 

Danckwert’s boundary conditions were used at the column inlet and 
outlet: 


dC, 

dz 


v (c; n - q) 

A co \G x. I 


dQ 

,. 0) Z rl c ol, 

dz 


, 2 = 0 , 


[5.6] 

[5.7] 


where C[ n is the concentration at the column inlet and h co i is the column 
height. The initial condition was 


Q(z,t= 0)=0, 0 <z<L. 


[5.8] 


Resin bed porosity £ was calculated from 


£ =l-0(l-£ ref ), [5.9] 

where £ re f is bed porosity in reference state, which is a column equilibrated 
with pure water in the current case (Heinonen and Sainio, 2012). The rate of 
bed porosity change is obtained through differentiation of Eq. (5.9) with re¬ 
spect to time: 


da 

dt 


d6 

~dt 


(1-Sref), 


[5.10] 


from which, by using chain rule and Eq. (5.4) , an equation for the rate ofbed 
porosity change depending on the rate of sulfuric acid sorption is obtained: 


da _ dqii 2 SO 4 /, x 

dt ~ (Pe + qH 2 sof dt [ refj 


[5.11] 


Heinonen and Sainio (2012) took into account the effect of adsorption 
kinetics on the resin shrinking by relating the extent of resin shrinking to the 
adsorbed amount of sulfuric acid. 

Solid film linear driving force model (Guiochon et al., 2006) was used to 
describe mass transfer between the phases: 


<9ft _, / * -1 d£ 

g ( km,i ft) + 1 _„ At ’ 


1 — £ dt ’ 


[5.12] 


where fe m>i is intraparticle mass transfer coefficient, is solid phase concen¬ 
tration of i at equilibrium with liquid-phase concentration Q, and is 
average solid-phase concentration of i. The second term on the right-hand 






302 


Jari Heinonen and Tuomo Sainio 


side ofEq. (5.12) originates from a change in the phase ratio due to resin 
volume change. 

The intraparticle mass transfer coefficient can be calculated from 
(Heinonen and Sainio, 2012) 

, 60D f 

— 17 


where D P is diffusion coefficient which depends on resin shrinking. Diffu¬ 
sion coefficient can be calculated from the correlation ofMackie and Meares 
(Laatikainen et al., 2011; Mackie and Meares, 1955): 

(i-fp)(i+n,^f 2 

(i+f' p )(i-f p ,„f) 

where D P re f is diffusion coefficient in the reference state, W p volume fraction 
of the polymer, and f'p re f volume fraction of the polymer in reference state. 
Volume fraction of the polymer can be calculated from 

•e r =^f- [ 5 . 15 ] 

The volume fraction of the polymer in reference state for water swollen 
gel-type strong acid cation-exchange resin (sulfonated PS—DVB resin, 8 wt% 
DVB content) in acid form (e.g., CS16GC, Finex Oy, Finland) is 0.391 
(Laatikainen et al., 2011). Particle diameter d p can be calculated, when taken 
into account that the total volume of a volume element remains constant, 
from 


D P = D P f 

i i,ref 


ifp dp. ref 


1 -£ 

1 5'ref 


1/3 


[5.16] 


where rf p re f is particle diameter in the reference state (here: water swollen 
resin). 

The partial differential equations in Eq. (5.5) in the column model pres¬ 
ented in this chapter can be easily solved numerically using the Method of 
Lines (Schiesser, 1991). In the study by Heinonen and Sainio (2012), the 
diffusion coefficients in reference state in Eq. (5.14) and the axial dispersion 
coefficients (same value for all components) in Eq. (5.5) were estimated 
by fitting the simulated elution profiles to the experimentally obtained 
profiles. 
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5. CHROMATOGRAPHIC FRACTIONATION 
OF LIGNOCELLULOSIC HYDROLYSATES 


Chromatographic fractionation of lignocellulosic hydrolysates has been 
studied with three types of adsorbents: strong acid cation-exchange resins in 
acid (H + ) form (Farone and Cuzens, 1993, 1995; Heinonen and Sainio, 
2010, 2012; Heinonen et al., 2012a, 2012b; Nanguneri and Hester, 
1990; Neuman et al., 1987; Sprinfield and Hester, 1999, 2001; Wooley 
et al., 1998; Xie et al., 2005), weakly basic poly-4-vinyl-pyridine resin 
(PVP, Reillex HP, Reilly Industries Inc.) (Xie et al., 2005), and basic 
anion-exchange resin (DIAION MA03SS, Mitsubishi Chemical Co.) in sul¬ 
fate form (Sun et al., 2011). In all cases water was used as eluent. The strong 
acid cation-exchange resin has received most attention because no regenera¬ 
tion of the resin is needed (Farone and Cuzens, 1993, 1995; Heinonen 
et al., 2012a, 2012b; Heinonen and Sainio, 2010, 2012; Nanguneri and 
Hester, 1990; Neuman et al., 1987; Sprinfield and Hester, 1999, 2001; 
Wooley et al., 1998; Xie et al., 2005): the separation of the components in 
the hydrolysates is based on electrolyte exclusion, sorption, partition, and size 
exclusion. 

The need for adsorbent regeneration is avoided also if anion-exchange 
resin in sulfate form is used as an adsorbent for the fractionation of lignocel- 
lulosic hydrolysates (Sun et al., 2011). The separation is also based on same 
principles as with strong acid cation-exchange resin in acid form. However, 
the exclusion of sulfuric acid from the resin phase is not as efficient as with 
strong acid cation-exchange resin in acid form: larger counterion (sulfate 
ion) leads to less efficient exclusion and, in addition, sulfuric acid is sorbed 
to the resin by site sharing mechanism (see Section 4.1.1). Use of basic 
anion-exchange resins for the fractionation of lignocellulosic hydrolysates 
(Xie et al., 2005) is discouraged if ion exchange is involved due to the need 
for regeneration of the adsorbents. 

5.1. Phase equilibrium 

The phase equilibrium in a system of concentrated acid lignocellulosic 
hydrolysate and a gel-type strong acid cation-exchange resin in acid (H + ) 
form were determined by Heinonen and Sainio (2012) and Laatikainen 
et al. (2011). Sorption isotherms of the main components of concentrated 
acid hydrolysates (sulfuric acid, glucose, xylose, acetic acid) and resin volume 
changes due to the changes in the liquid-phase composition are shown here. 
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Figure 5.5 Sorption of sulfuric acid from water on a gel-type strong acid cation- 
exchange resin (sulfonated PS-DVB resin, 8 wt% DVB content, d p 246 pm, H + capacity 
1.93 meq/mL (Heinonen and Sainio, 201 0)) in acid (H + ) form. Experimental details: mea¬ 
surement of the isotherm with pulse on a plateau method (Guiochon et al., 2006); flow 
rate = 0.2 cm/min, d co | = 2.5cm, h col = 20 cm, top-down flow, water as eluent, and 
7=50 °C. Line is the fit of the empirical isotherm model ((Eq. 5.1), see Section 4.3). Model 
parameters are given in Table 5.2. Reprinted with permission from Heinonen and Sainio 
(2012). Copyright: 2012. John Wiley and Sons. 

The sorption of sulfuric acid on a gel-type strong acid cation-exchange 
resin (sulfonated PS—DVB resin, 8 wt% DVB content, CS16GC, Finex Oy) 
in acid form is shown in Fig. 5.5. Sulfuric acid sorption is affected by elec¬ 
trolyte exclusion. The shape of the sulfuric acid isotherm (Fig. 5.5) is clearly 
unfavorable (concave upward). This is typical for strong electrolytes when 
electrolyte exclusion (see Section 4.1.1) affects their sorption at low concen¬ 
trations. The Henry constant of the isotherm at infinite dilution is zero be¬ 
cause complete electrolyte exclusion prevents all HSO 4 - and SC> 4 2_ ions 
from entering the pores of the resin. As a consequence, the whole electrolyte 
is excluded due to electroneutrality condition. 

As the sulfuric acid concentration increases, the effect of electrolyte ex¬ 
clusion on sulfuric acid sorption diminishes and eventually vanishes 
completely. The weakening of the exclusion is seen from the increasing 
slope of the isotherm (Fig. 5.5). The isotherm shape becomes linear when 
the effect of the electrolyte exclusion vanishes: in the case presented here, 
this occurs when the sulfuric acid concentration in solution is higher than 
3 mol/L. The correlation between the simple empirical sorption isotherm 
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model for sulfuric acid ((Eq. 5.1), see Section 4.3; model parameters are 
given in Table 5.2) and the experimental results is good (Fig. 5.5). 

Lignocellulosic hydrolysates contain many monosaccharides originating 
from cellulose and hemicelluloses. However, it has been observed that with 
a gel-type strong acid cation exchange resins in acid form they behave very 
similarly, and general sorption behavior can be characterized by studing only 
a few monosaccharides (Heinonen and Sainio, 2010; Xie et al., 2005). Only 
the sorption of glucose and xylose on a gel-type strong acid cation-exchange 
resin (sulfonated PS—DVB resin, 8wt% DVB content, CS16GC, Finex Oy) 
in acid form is presented in here. 

Glucose and xylose sorption isotherms (Fig. 5.6) on strong acid PS—DVB 
resin are slightly unfavorable (concave upward) due to the nonidealities in 
the solution phase (Ching et al., 1987; Nowak et al., 2007, 2010; Vente 
et al., 2005). Sulfuric acid has a considerable cooperative effect on the sorp¬ 
tion of the monosaccharides. For glucose, this kind of behavior was first ob¬ 
served by Neuman et al. (1987). The effect results from the salting out effect 
(see Section 4.1.4 for details). The monosaccharide sorption on a strong acid 
cation-exchange resin is almost doubled when the sorption occurs from 




0.0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 ' 0.0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 

^Glucose,eq (mol/L) ^Xylose,eq (mol/L) 

Figure 5.6 Sorption of glucose (A) and xylose (B) from water and various sulfuric acid 
solutions on a gel-type strong acid cation-exchange resin (sulfonated PS-DVB resin, 
8 wt% DVB content, d p = 246 pm, H + capacity= 1.93 meq/mL (Heinonen and Sainio, 
2010)) in acid (H + ) form. Experimental details: measurement of the isotherm with batch 
method (Guiochon et al., 2006), m resin = 5 g, 1/ S oiution = 7 mL, 7=50 °C. Symbols: (•) wa¬ 
ter, (<>) 0.97 mol/L H 2 S0 4 , (a) 1.84 mol/L H 2 S0 4 , and (□) 3.46 mol/L H 2 S0 4 . Lines are the 
fit of the empirical isotherm model ((Eq. 5.2), see Section 4.3). Model parameters are 
given in Table 5.2. Reprinted with permission from Heinonen and Sainio (2012). Copyright: 
2012. John Wiley and Sons. 
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3.5 mol/L of H 2 SO 4 instead of pure water. The curvatures of the monosac¬ 
charide isotherms do not change in the presence of sulfuric acid, although 
the Henry constant increases with increasing acid concentration. 

Heinonen and Sainio (2012) described the monosaccharide sorption 
with a simple empirical isotherm model ((Eq. 5.2), see Section 4.3; model 
parameters are given in Table 5.2) which gives a good correlation between 
the experimental and calculated results. Linear dependency of the Henry 
constant on the sulfuric acid concentration is adequate to describe the co¬ 
operative sorption effect of sulfuric acid on the monosaccharides. 

Sorption of acetic acid on a gel-type strong acid cation-exchange resin in 
acid form is also enhanced by sulfuric acid due to salting out (Fig. 5.7). Acetic 
acid sorption is not significantly affected by electrolyte exclusion due to the 
high proton concentration in the resin and in the solution which keeps acetic 
acid in associated form: acetic acid behaves like a nonelectrolyte. The sorption 
isothemi on strong acid PS—DVB resin is linear in the concentration range stud¬ 
ied by Heinonen and Sainio (2012) and Laatikainen et al. (2011) (Fig. 5.7). 
The linear isothemi model presented by Heinonen and Sainio (2012) 



Figure 5.7 Sorption of acetic acid from water and various sulfuric acid solutions on a 
gel-type strong acid cation-exchange resin (sulfonated PS-DVB resin, 8 wt % DVB con¬ 
tent, d p = 246 pm, H + capacity = 1.93 meq/mL (Heinonen and Sainio, 2010)) in acid (H + ) 
form. Experimental details: measurement of the isotherm with frontal analysis method 
(Guiochon et al., 2006), see caption of Fig. 5.5 for other details. Symbols: (•) water, (O) 
0.96 mol/L H 2 S0 4 , and (□) 3.92 mol/L H 2 S0 4 . Lines are the fit of the empirical isotherm 
model ((Eq. 5.3), see Section 4.3). Model parameters are given in Table 5.2. Reprinted with 
permission from Heinonen and Sainio (2012). Copyright: 2012. John Wiley and Sons. 
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((Eq. 5.3), see Section 4.3; model parameters are given in Table 5.2) describes 
adequately the acetic acid sorption on strong acid PS—DVB resin. 

Changes in the liquid-phase composition may lead to changes in the vol¬ 
ume of an elastic adsorbent (see Section 4.2). This is especiahy true with 
gel-type ion-exchange resins, and the system presented in this chapter is 
no exception from this. Basicahy, ah the components in the lignocellulosic 
hydrolysates can affect the volume of the gel-type strong acid cation- 
exchange resin used as an adsorbent. However, it has been observed by 
Heinonen and Sainio (2012) that resin volume changes are due to sulfuric 
acid in the case of concentrated acid lignocellulosic hydrolysates. 

The effect of sulfuric acid on the shrinking of the gel-type resin studied 
by Heinonen and Sainio (2012) (sulfonated PS—DVB resin, 8 wt% DVB 
content, in acid form) is significant (Fig. 5.8). Obviously, such large volume 
change must be taken into account in the modeling of the chromatographic 
fractionation of concentrated acid lignocellulosic hydrolysates. As observed 
in Fig. 5.8, the shrinking of the resin due to sulfuric acid is well described by 
the empirical model ((Eq. 5.4), see Section 4.3; model parameters are given 
in Table 5.2). 



Figure 5.8 Effect of sulfuric add loading on the shrinking of a gel-type strong acid 
cation-exchange resin (sulfonated PS-DVB resin, 8 wt % DVB content, d p = 246 pm, 
H + capacity= 1.93 meq/mL (Heinonen and Sainio, 2010)) in acid (H + ) form. Results from 
two independent experiments are presented (filled and open symbols). Experimental 
details: equilibrium measurements in a column, T= 50 °C, h co \ in pure water = 20cm, 
d co i = 2.5cm. Line is the fit of the empirical resin shrinking model ((Eq. 5.4), see 
Section 4.3). Model parameters are given in Table 5.2. Reprinted with permission from 
Heinonen and Sainio (2012). Copyright: 2012. John Wiley and Sons. 




308 


Jari Heinonen and Tuomo Sainio 


5.2. Fractionation using batch chromatography 

Neuman et al. (1987) studied experimentally the effects of column loading 
and temperature on the separation of glucose (1.0 wt%) and sulfuric acid 
(7.7 wt%) with a sulfonated gel-type strong acid PS—DVB cation-exchange 
resin in acid form (Amberlite IR-118, 4.5 wt% DVB, Rohm and Haas Co.) 
in a batch column. Water was used as an eluent. The separation efficiency 
was found to increase with decreasing column loading, and the highest ef¬ 
ficiency was obtained at a temperature of 55 or 68 °C. Neuman et al. (1987) 
noted that the sulfuric acid profile had a diffuse front and a shock layer at the 
back of the profile. Neuman et al. (1987) observed also fronting of the glu¬ 
cose profile: a phenomenon resulting from the cooperative effect of sulfuric 
acid on the monosaccharide sorption. 

Nanguneri and Hester (1990) studied experimentally and numerically 
the chromatographic fractionation of sulfuric acid (8.0 wt%) and glucose 
(17.35 wt%) with a sulfonated gel-type strong acid PS—DVB cation- 
exchange resin in acid form (Amberlite IR-122, 10 wt% DVB content, 
Rohm and Haas Co.). The unsymmetrical shape of the sulfuric acid profile 
was clearly seen also in these experiments. Fronting of the glucose profile 
due to sulfuric acid was also observed (Nanguneri and Hester, 1990). 

Xie et al. (2005) compared two adsorbents for the chromatographic frac¬ 
tionation of dilute acid (1 wt% sulfuric acid) corn stover hydrolysate at a 
temperature of 60 °C. The adsorbents used in this study were Dowex 99 
(a sulfonated gel-type strong acid PS—DVB resin in acid form, Dow 
Chemicals Co.) and a weakly basic PVP (Reillex HP, poly-4-vinyl pyridine 
resin, Reilly Industries Inc.). Both adsorbents were able to fractionate the 
hydrolysate into sulfuric acid, monosaccharide, and various by-product 
(acetic acid, HMF, furfural) fractions. With Dowex 99, no additional regen¬ 
eration was needed and the components of the hydrolysate eluted in the fol¬ 
lowing order: sulfuric acid, monosaccharides, acetic acid, HMF, and 
furfural. PVP resin exchanged the sulfate ions of sulfuric acid to hydroxide 
ions, and therefore, an additional regeneration phase with a base was re¬ 
quired to elute sulfate from the resin (Xie et al., 2005). 

The aforementioned studies do not discuss chromatographic fractionation 
of concentrated acid lignocellulosic hydrolysates. Some patents (e.g., Farone 
and Cuzens, 1993, 1995; Hester and Farina, 1997) describe this particular 
application. Farone and Cuzens (1993, 1995) investigated the recovery of 
monosaccharides (23.0 wt%) from concentrated acid hydrolysate (33.6 wt% 
sulfuric acid) using a gel-type strong acid cation-exchange resin in acid form 
(CS16GC, Finex Oy). 90% pure sulfuric acid and 94% pure monosaccharide 
streams were obtained (Farone and Cuzens, 1993, 1995). Heinonen 
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et al. (2012a), Heinonen and Sainio (2010, 2012), and Laatikainen et al. (2011) 
have investigated the chromatographic fractionation of concentrated acid lig¬ 
nocellulosic hydrolysates with gel-type strong acid PS—DVB cation-exchange 
resins in acid fomi (CS09GC, CS12GC, CS16GC, and Fin ex Oy). 

Heinonen and Sainio (2012) used a synthetic solution representing con¬ 
centrated acid lignocellulosic hydrolysate and a sulfonated gel-type PS—DVB 
resin (8 wt% DVB content, CS16GC, Finex Oy). The solution used con¬ 
tained sulfuric acid (20wt%), glucose, xylose, and acetic acid (Heinonen 
and Sainio, 2012). HMF and furfural were not included because it was 
deemed uneconomical to separate these components from the monosaccha¬ 
rides simultaneously with sulfuric acid and acetic acid due to very strong 
sorption on the resin studied (Heinonen and Sainio, 2010; Sainio et al., 
2011; Xie et al., 2005). Instead, a separate adsorption unit can be used for 
the recovery of HMF and furfural prior to the monosaccharide—acid sepa¬ 
ration (Chandel et al., 2007; Nilvebrant et al., 2001; Ranjan et al., 2009; 
Sainio et al., 2011; Villarreal et al., 2006; Weil et al., 2002). 

Pulse elution profiles of synthetic solution containing sulfuric acid (20 wt%), 
glucose, xylose, and acetic acid in a column filled with a gel-type strong acid 
cation-exchange resin in acid form (CS16GC, Finex Oy) are shown in 
Fig. 5.9. In addition to the experimental profiles obtained by Heinonen 
and Sainio (2012), the profiles calculated with the model presented in 
Section 4.4 are also included. 

Heinonen and Sainio (2012) obtained the values for the diffusion coef¬ 
ficients in reference state and dispersion coefficients by fitting the calculated 
column profiles to the experimental ones. The averaged value of axial dis¬ 
persion coefficient was 6.0 X 10 8 m 2 /s for all components. Intraparticle 
diffusion coefficients in reference state were 3.0x10 10 m 2 /s, 
1.5 X 10~ 10 nV/s, 1.5 X 10 _lo m 2 /s, and 4.0 X 10 10 m 2 /s for sulfuric acid, 
glucose, xylose, and acetic acid, respectively. 

Sulfuric acid sorption on a strong acid cation-exchange resin is affected 
by the electrolyte exclusion: at infinite dilution, the exclusion is complete 
and sulfuric acid is not adsorbed to the resin. Due to this, the breakthrough 
of sulfuric acid is at void volume of the resin bed (Fig. 5.9). As the sulfuric 
acid concentration increases, the strength of the electrolyte exclusion de¬ 
creases and sulfuric acid sorption increases (see sulfuric acid isotherm in 
Section 5.1). Each concentration is associated with a propagation velocity 
(Guiochon et al., 2006) 
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where u is the interstitial velocity (V/sA co i), u c \ is the velocity associated to a 
particular concentration Q, F is the phase ratio ((1 — s)/s), and ddQ is the 
slope of the isotherm at Q. With unfavorable isotherms, the slope of the iso¬ 
therm increases as the liquid-phase concentration increases. As a result, the 
propagation velocity of concentration Q of component i (u c J) decreases. 
Sulfuric acid isotherm on a strong acid cation-exchange resin in acid form 
is unfavorable due to electrolyte exclusion. Therefore, the propagation of sul¬ 
furic acid slows down as the liquid-phase concentration increases and the dif¬ 
fuse front of the sulfuric acid profile is formed (Fig. 5.9). In the rear of the 
sulfuric acid profile, a shock layer exists: the low sulfuric acid concentrations 
propagate faster than the high ones, but due to physical reasons, the low con¬ 
centrations cannot pass the high ones, and a shock layer is formed (Fig. 5.9). 

The model derived by Heinonen and Sainio (2012) (see Section 4) can 
describe the elution of sulfuric acid with reasonable accuracy (Fig. 5.9). 
Sulfuric acid sorption appears to be not affected by the other components 
present in the system. This is evident front the good correlation between 
the experimental and calculated results: the sulfuric acid sorption isotherm 
model does not include interactions with other components. 
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Figure 5.9 Elution profiles of 0.101 BV (BV = resin bed volume) (A) and 0.204 BV (B) pulses 
of synthetic hydrolysate solution with a gel-type strong add cation-exchange resin 
(sulfonated PS-DVB resin, 8 wt % DVB content, d p =246 pm, H + capacity = 1.93 meq/mL 
(Heinonen and Sainio, 2010), CS16GC, Finex Oy) in acid form. Feed composition: 
2.22 mol/L (20 wt%) sulfuric acid, 0.24 mol/L glucose, 0.38 mol/L xylose, and 0.16 mol/L 
acetic acid. Experimental details: flow rate = 2.454 mL/min, £ = 0.395, d co | = 2.5cm, 
h co | = 20 cm, top-down flow, water as eluent, and 7=50 °C. Symbols: (•) sulfuric acid, 
(O) glucose, (▲) xylose, and (V) acetic acid. Lines are the results calculated with the model 
presented in Section 4; dotted line is the calculated s. Isotherm model parameters are given 
in Table 5.2 and other parameters in the text (Section 5.2). Reprinted with permission from 
Heinonen and Sainio (2012). Copyright: 2012. John Wiley and Sons. 
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Heinonen and Sainio (2012) described the resin shrinking as changing 
bed porosity. This property is also shown in Fig. 5.9. The profile of resin 
bed porosity near the column outlet is similar to the profile of sulfuric acid 
because it is linked to the sorbed amount of the acid. 

Monosaccharides (glucose and xylose) elute after sulfuric acid on a strong 
acid PS—DVB cation-exchange resin in acid (H + ) form (Fig. 5.9). The coop¬ 
erative effect of sulfuric acid on the sorption of the monosaccharides results in 
interesting phenomena seen in the elution. The outlet profiles of these com¬ 
ponents have elongated fronts under the sulfuric acid profile: sulfuric acid slows 
down the propagation of the monosaccharides. The effect becomes stronger as 
the sulfuric acid concentration increases (Fig. 5.9). As a result, the front parts of 
the monosaccharide profiles under the sulfuric acid profile spread and become 
more diffuse. The phenomenon is opposite to the tag-along effect (Guiochon 
et al., 2006) often seen in chromatographic separations. 

If no sulfuric acid would be present in the hydrolysate, the monosaccha¬ 
rides would elute close to the breakthrough point of the profiles (approxi¬ 
mately 0.45 BV in Fig. 5.9). Elongation of the monosaccharide profiles 
reduces the economy ofbatchwise separation because part of the monosaccha¬ 
rides is lost to the sulfuric acid fraction. FFowever, as the sulfuric acid fraction is 
recycled back to the hydrolysis, the monosaccharides eluting under the sulfu¬ 
ric acid are also recycled (see Section 5.2.2) and therefore are not lost product. 

Another interesting phenomenon arising from the cooperative effect of 
sulfuric acid on the monosaccharide sorption is the focusing of the mono¬ 
saccharides at the rear of the sulfuric acid profile (Fig. 5.9). The monosac¬ 
charide concentrations increase above the feed values instantly after the 
elongated fronts. This kind of focusing effect can occur when some thermo¬ 
dynamic variable (in the present case, sulfuric acid concentration) is changed 
causing a large change in the sorption of the adsorbates (Wankat, 1990). 
After some separation has been achieved, the front parts of the monosaccha¬ 
ride profiles are still slowed down by sulfuric acid. The molecules eluting 
behind the sulfuric acid zone, however, are not affected by the cooperative 
sorption and therefore propagate faster. This results in the focusing of the 
monosaccharides at the rear of the sulfuric acid profile (Fig. 5.9). Focusing 
of later eluting components is rarely seen in chromatography, but it is ben¬ 
eficial for the separation efficiency in this case. 

The elution of the monosaccharides is also correctly predicted (Fig. 5.9) 
by the simple model (see Section 4) of Heinonen and Sainio (2012). The 
effects of sulfuric acid on the monosaccharide elution are accurately de¬ 
scribed. From the good correlation between the experimental and calculated 
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profiles, it is clear that acetic acid does not affect the sorption of the mono¬ 
saccharides (Fig. 5.9): the monosaccharide isotherm models do not include 
interactions with acetic acid. 

Acetic acid elutes after sulfuric acid and monosaccharides with a strong 
acid PS—DVB cation-exchange resin in acid form as adsorbent (Fig. 5.9). 
The cooperative effect of sulfuric acid on the acetic acid sorption is not 
clearly seen in the elution profiles due to largely different sorption strengths 
of these components (see Figs. 5.5 and 5.7). Only the retention time of the 
acetic acid is slightly increased by sulfuric acid. The model presented in 
Section 4 predicts correctly the elution of acetic acid (Fig. 5.9). 

5.2 .7 Effect of resin cross-linking on separation 

The degree of resin cross-linking contributes significantly to resin properties. 
For example, in the fractionation of lignocellulosic hydrolysates, the degree of 
resin cross-linking affects electrolyte exclusion and swelling as well as the sorp¬ 
tion of components (through size exclusion and swelling pressure effects). 

The effect of the cross-linking degree of a gel-type sulfonated strong acid 
PS—DVB cation-exchange resins on the fractionation of authentic concen¬ 
trated acid (30 wt% FI 2 SO 4 ) lignocellulosic hydrolysates (spruce and birch) 
has been investigated by Fleinonen and Sainio (2010). Three resins 
(Table 5.3) with different degrees of cross-linking (4.5, 6 , and 8 wt% DVB 
content) were used. 

The resin cross-linking does not affect the breakthrough of sulfuric acid 
because of the complete electrolyte exclusion at infinite dilution (Fig. 5.10). 
Otherwise the sulfuric acid profiles are different. Sulfuric acid sorption is high 
in resins with low degree of cross-linking, and the concentration profiles at 
column outlet are wider and more dilute. This originates from the less effec¬ 
tive electrolyte exclusion (see Section 4.1.1). Although the resins shrink in 


Table 5.2 Parameters of the phase equilibrium models used in the modeling 
of chromatographic fractionation of concentrated acid lignocellulosic hydrolysates 
(see Section 4.3) 



h 2 so 4 

Glucose 

Xylose 

Acetic acid 

Swelling 

Gt 

0.072 

0.164 

0.205 

0.57 

0.226 

P 

2.03 

4.854 x 10 -2 

5.812 x 10“ 2 

0.117 

0.442 

y 

- 

0.114 

0.114 

- 

- 


Adsorbent: a gel-type strong acid cation-exchange resin (sulfonated PS—DVB resin, 8 wt% DVB content) 
in acid (H + ) form. 

Reprinted with permission from Heinonen and Sainio (2012). Copyright: 2012. John Wiley and Sons. 
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Table 5.3 Properties of the resins (Finex Oy, Finland) used in the investigation of the 
effect of resin cross-linking on the chromatographic fractionation of concentrated acid 


lignocellulosic hydrolysates 

Resin 

CS09GC 

CS12GC 

CS16GC 

Matrix 

PS-DVB 

PS-DVB 

PS-DVB 

Functional group 

Sulfonic acid 

Sulfonic acid 

Sulfonic acid 

Crosslinking density (wt%) 

4.5 

6.0 

8.0 

Particle diameter (pm) 

211.0 

217.0 

217.5 

Vol. capacity (H + ) (mequiv/mL) 

1.07 

1.51 

1.93 


Reprinted with permission from Heinonen and Sainio (2010). Copyright: 2010. American Chemical Society. 


the presence of sulfuric acid (which leads to increased charge density and 
more efficient electrolyte exclusion), the charge density is lower with less 
cross-linked resin. Tailing of the sulfuric acid profile also increases with de¬ 
creasing cross-linking due to the increased dispersion caused by the larger 
changes in the height of the packed bed (Fig. 5.10). 

The degree of cross-linking does not affect the width of the front part of the 
monosaccharide profile (Fig. 5.10). However, sorption of monosaccharides is 
higher in resins of low degree of cross-linking because of diminished size ex¬ 
clusion. As a consequence, the propagation velocity of the monosaccharides 
behind the sulfuric acid profile is lower and the focusing effect of the mono¬ 
saccharides less strong (Fig. 5.10) when the degree of cross-linking is low. 

Also, acetic acid sorption increases as the degree of resin cross-linking 
decreases (Fig. 5.10). The phenomenon is not very strong due to smaller 
molecular dimensions. 

HMF and furfural are completely separated from the other components 
regardeless of the resin cross-linking (Fig. 5.10). The sorption of these com¬ 
ponents increases when resin cross-linking is increased from 4.5 to 6.0 wt%, 
but additional increase does not result in increased sorption. 

The effect of resin cross-linking on monosaccharide yield is shown in 
Fig. 5.11 and productivity of the separation process with respect to the 
monosaccharides in Fig. 5.12 for authentic concentrated acid spruce and 
birch hydrolysates (Table 5.4). The constraints used to determine the cut 
points of the monosaccharide fraction were the desired sulfuric acid yield 
in the H 2 S0 4 fraction Yh-,so 4 > and the maximum allowed inhibitor concen¬ 
tration in the monosaccharide fraction Ca°ohI n practice, the only inhib¬ 
itor eluting near the monosaccharides is acetic acid and the inhibitors’ 
concentration corresponds to the acetic acid concentration (see Fig. 5.10). 
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Figure 5.10 Effect of resin cross-linking on the chromatographic recovery of monosac¬ 
charides from concentrated acid spruce hydrolysate. Degree of resin cross-linking: 
4.5 wt% (A), 6.0 wt% (B), and 8.0 wt% (C). All monosaccharides are shown as one 
pseudocomponent. Feed composition: see Table 5.4. Experimental details: flow 
rate = 2.655 mL/min, d co | = 2.6cm, h co | = 20cm, top-down flow, water as eluent, 
and T= 50 °C. Symbols: (•) sulfuric acid, (O) monosaccharides, (A) acetic acid, 
(V) FIMF, and (■) furfural. Lines are presented to guide the eye. 
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A 



Resin cross-linkage (wt%) 


B 



Resin cross-linkage (wt%) 


Figure 5.11 The effect of a gel-type sulfonated PS-DVB cation-exchange (in acid form) 
resin cross-linkage on the monosaccharide yield. (A): Vh 2 so 4 is varied and CTolTiskept 
constant at 1.0 g/L: (•) = 90%, (■) = 95%, and ( a) = 98% H 2 S0 4 yield; (B): Cacoh 01 is varied 
and VhjSo, is kept constant at 95%: (•) = 0.5 g/L, (■) = 1.0 g/L, and (A) = 1.5 g/L acetic 
acid. Hydrolysate compotisions: see Table 5.4. Filled symbols, spruce; open symbols, birch 
hydrolysate. Lines are presented to guide the eye. Reprinted with permission from 
Heinonen and Sainio (2010). Copyright: 2010. American Chemical Society. 



Figure 5.12 The effect of a gel-type sulfonated PS-DVB cation-exchange (in acid form) 
resin-cross-linkage on the productivity of the separation process with respect to the 
monosaccharides. (A): Vh 2 so 4 is varied and is C^oh” kept constant at 1.0 g/L: (•) = 
90%, (*) = 95%, and (A) = 98% H 2 S0 4 yield; (B): Cacoh*' i s varied ar| d Vh 2 so 4 is kept con¬ 
stant at 95%: (•) = 0.5 g/L, (■) = 1.0 g/L, and (A) = 1.5 g/L acetic acid. Hydrolysate com¬ 
potisions: see Table 5.4. Filled symbols, spruce; open symbols, birch hydrolysate. Lines 
are presented to guide the eye. Reprinted with permission from Heinonen and Sainio 
(2010). Copyright: 2010. American Chemical Society. 
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Table 5.4 Compositions of concentrated acid spruce and birch hydrolysates used in 
the investigation of the effect of resin cross-linkage density on chromatographic 
fractionation of the hydrolysates with a gel-type sulfonated strong acid PS-DVB cation- 


exchange resin in acid form 

C (g/L) 



Spruce hydrolysate 

Birch hydrolysate 

h 2 so 4 

340.75 

329.77 

Glucose 

47.16 

48.73 

Xylose 

7.40 

29.03 

Galactose 

4.70 

1.01 

Mannose 

16.20 

3.73 

Arabinose 

2.42 

6.44 

Total sugars 

77.88 

88.94 

Acetic acid 

2.04 

9.07 

HMF 

0.10 

0.12 

Furfural 

0.30 

1.28 


Reprinted with permission from Heinonen and Sainio (2010). Copyright: 2010. American Chemical Society. 


The effect of resin cross-linking on the monosaccharide yield with spruce 
hydrolysate is small (Fig. 5.11), although a weak maximum is observed at 
6.0 wt% cross-linking. Electrolyte exclusion becomes more effective when 
the cross-linking density is increased. This leads to lower sorption of sulfuric 
acid (see Fig. 5.10), and therefore, the separation between sulfuric acid and 
monosaccharides should improve. However, at the same time, the sorption 
of monosaccharides decreases due to stronger size exclusion. As a conse¬ 
quence, the monosaccharide yield obtained with the 6.0 wt% cross-linking 
resin is somewhat higher than with the other degrees of cross-linking. The 
low amount of acetic acid in the spruce hydrolysate does not significantly 
affect the yield (Fig. 5.11). 

In the fractionation of birch hydrolysate, the monosaccharide yield is more 
dependent on the resin cross-linking due to higher acetic acid concentration 
(Fig. 5.11). Sorption of acetic acid increases with decreasing cross-linking al¬ 
though it is not as much affected as the sorption of the monosaccharides (see 
Fig. 5.10). Due to this, the monosaccharide—acetic acid separation efficiency 
as well as the monosaccharide yield increases when the degree of cross-linking 
is increased (Fig. 5.11). With both hydrolysates, the yield of monosaccharides 
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decreases as Yh 2 so 4 increases (at constant Ca°oh) or as CaToh* decreases 
(at constant Yh 2 so 4 ) (Fig. 5.11). 

The productivity of the batchwise chromatographic separation process 
with respect to the monosaccharides (Pr sugal ) can be calculated from 
(Heinonen and Sainio, 2012) 


Pr = 

'sugar 


y /^feed T/feed 
1 sugar '-'sugar v 

Vbed ^cycle 


[5.18] 


where Y sugar is monosaccharide yield, Cfu gar is monosaccharide concentra¬ 
tion in the feed, F feed is feed (injection) volume, is resin bed volume, 
and f cyc ie is cycle time. 

The productivity of the separation process with respect to the mono¬ 
saccharides increases with increasing resin cross-linking due to decreasing 
cycle time (Fig. 5.12). Decrease in the cycle time results from the weaker 
sorption of the components. Heinonen and Sainio (2010) obtained highest 
productivity with 8.0 wt% cross-linked resin (Fig. 5.12). The effect of resin 
cross-linking on the productivity is more significant with the birch hydro¬ 
lysate than with the spruce hydrolysate due to differences in the monosac¬ 
charide yields. The productivity of the batchwise chromatographic 
separation process decreases as Yh 2 so 4 increases (at constant Cacoh') or 
as CaToh 1 decreases (at constant Yh 2 so 4 ) due to the lower monosaccharide 
yield (Fig. 5.12). 


5.2.2 Process performance 

Economical evaluations of the chromatographic fractionation of authentic 
concentrated acid hydrolysates have not been done in academic literature. 
However, Nanguneri and Hester (1990) made a cost analysis based on 
the binary fractionation of sulfuric acid and glucose. Recovery of sulfuric 
acid using chromatography was calculated to be 40% cheaper than Ca(OH) 2 
neutralization (Nanguneri and Hester, 1990). This naturally depends on the 
way the separation step is designed and operated. The sensitivity of the pro¬ 
cess performance to operating parameters (column loading), the concentra¬ 
tion of sulfuric acid in the hydrolysis reactor, as well as coupling of streams 
within the process (recycling of sulfuric acid) were investigated by Heinonen 
and Sainio (2012). 

a. Stand-alone separation process. Heinonen and Sainio (2012) investigated 
the process performance of a stand-alone batchwise chromatographic 
fractionation of concentrated acid lignocellulosic hydrolysate using the 
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model presented in Section 4. Stand-alone means here that recycling of 
fractions from the separation step to the hydrolysis reactor was not con¬ 
sidered. HMF and furfural were omitted from the investigation: these 
were assumed to be removed prior to the monosaccharide—acid separa¬ 
tion. The column loading (vol% of resin bed volume) was varied from 
0.1 vol% to 20 vol%. 

The cutpoints were defined as follows. The first cut point (i.e., the beginning of 
the sulfuric acid fraction) was set to the point of sulfuric acid breakthrough. 
Beginning of the monosaccharide fraction (end ofthe sulfuric acid fraction, sec¬ 
ond cut point) was defined such that the ratio ofthe total amount of monosac¬ 
charides to the amount of sulfuric acid in moles (»sugar/ttH 2 S 0 4 ) i n the 
monosaccharide fraction was at least 8.0 while simultaneously maximizing 
the productivity. Due to this, the obtained « sug ar/« h,S 0 4 was always close to 
eight. The monosaccharide yield was not taken as a constraint for the cut points 
as the monosaccharides eluting under the sulfuric acid profile are collected to 
the sulfuric acid fraction and recycled back to the reactor. Therefore, these 
monosaccharides are not lost product (Heinonen and Sainio, 2012). 

End point of the monosaccharide fraction (beginning of the acetic acid 
fraction, third cut point) was defined by Heinonen and Sainio (2012) by set¬ 
ting a maximum for the allowed acetic acid concentration in the monosac¬ 
charide fraction: 6.7 mmol/L (0.4 g/L). Due to this, a small fraction of the 
monosaccharides ends up to the acetic acid fraction and can be regarded as 
lost product. The last cut point (end point of the acetic acid fraction) was set 
to the point where acetic acid concentration decreases below 0.2 mmol/L 
(0.01 g/L). The cycle time ofthe process was defined as a difference between 
the first and the last cut point (Heinonen and Sainio, 2012). 

The productivity of the batchwise monosaccharide recovery process 
with respect to the monosaccharides (-Pr sugar ) was calculated using 
Eq. (5.18). Eluent consumption ( EC) for the batchwise chromatographic 
separation process was calculated from (Heinonen and Sainio, 2012) 


fcycleF- V** 

Y /'“’feed T/feed ' 
1 sugar ^sugar v 


[5.19] 


Pr sugar as a function of column loading goes through a maximum 
(Fig. 5.13 A). Maximum Pr sugar is obtained for 10, 20, and 30 wt % hydrolysis 
acid concentrations with loadings 15.1, 11.5, and 5.5 vol%, respectively, 
with the hydrolysate composition used by Heinonen and Sainio (2012). 
EV sugar is not significantly affected by the loading in a wide range of loadings 
around the loading giving the maximum value (Fig. 5.13A). 
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Although Y sugar decreases with increasing loading (Fig. 5.13B), the 
amount of monosaccharides treated during one cycle increases, and there¬ 
fore also FV sugar increases until a certain limit. Eventually, with higher col¬ 
umn loadings, Y sugar becomes so low that Pr sugar begins to decrease 
rapidly. With column loadings smaller than a certain limit, fY sugar is lower 
than the maximum value, due to small amount of monosaccharides treated 
per cycle, although Y sugar is higher than with the loading giving the maxi¬ 
mum productivity (Fig. 5.13B). Interestingly, the maximum productivity 
for the monosaccharides is achieved at relatively low yield. 

Flydrolysis acid concentration has a significant effect on FV sugar 
(Fig. 5.13A) due to the overlapping of the monosaccharide and sulfuric acid 
profiles and due to the cooperative effect of sulfuric acid on the monosac¬ 
charide sorption. Fligher productivity of monosaccharides can be achieved 
with lower feed concentration of sulfuric acid. As sulfuric acid concentration 
is increased, larger fraction of the monosaccharides elutes under the sulfuric 
acid profile and end up to the sulfuric acid fraction. This lowers Y sugar 
(Fig. 5.13B), and, therefore, also P»' sugar . Increase in cycle time with increas¬ 
ing column loading and feed concentration of sulfuric acid has also a negative 
effect on the productivity, but its influence is overshadowed by that of the 
column loading and feed concentration. 

The dependence of 1 h,so 4 on the column loading is opposite to that of 
Y sugar (Fig. 5.13B). With increasing column loading, the overlapping of 
monosaccharide and sulfuric acid profiles increases and the second cut point 
has to be moved to the right so that the limiting « SU g ar /tt H2 so 4 value in mono¬ 
saccharide fraction is achieved. The sulfuric acid yield increases as a larger 
part of the sulfuric acid shock layer is taken into the sulfuric acid fraction. 
High sulfuric acid yield is beneficial for the process economy because lower 
amount of fresh sulfuric acid is needed for the hydrolysis of lignocellulosic 
biomass. 

Eluent consumption decreases first as the column loading increases as the 
amount of monosaccharides collected in the monosaccharide fraction 


Figure 5.13 The effects of column loading and sulfuric acid feed concentration on 
Pr sugar (A), F SU gar (solid) and Vh 2 so 4 (dashed) in their target fractions (B), and EC (C). Feed 
composition: 10 wt% (I), 20 wt% (II), or 30 wt% (III) sulfuric acid, and 0.3 mol/L glucose, 
0.3 mol/L xylose, and 0.16 mol/L acetic acid. Operational conditions: h co | = 20cm, 
d co i = 2.5 cm, flow rate = 2.454 mL/min. Model parameters are given in Table 5.2 (iso¬ 
therm parameters, Section 5.1) and Section 5.2 (D p and D ax values). For fractionation 
constaints, see the text (Section 5.2.2). Reprinted with permission from Heinonen and 
Sainio (2012). Copyright: 2012. John Wiley and Sons. 
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increases (Fig. 5.13C). However, the eluent consumption begins to increase 
rapidly as the monosaccharide yield approaches zero (Fig. 5.13C). A de¬ 
crease in the feed concentration of sulfuric acid has a positive effect also 
on the eluent consumption, due to higher amount of monosaccharides re¬ 
covered. Around the minimum value of the eluent consumption, it is only 
slightly affected by column loading: EC at the column loading giving the 
maximum productivity is only a little higher than the minimum value 
(Fig. 5.13C). 

Sulfuric acid is diluted during the elution regardless of the column load¬ 
ing due to the thermodynamics. However, this unwanted dilution decreases 
with decreasing feed concentration of sulfuric acid and increasing column 
loading (Fig. 5.14). 

At low column loadings, dilution of the monosaccharide fraction also oc¬ 
curs (Fig. 5.14). However, as column loading is increased, the monosaccha¬ 
ride concentration increases and eventually becomes higher than the feed 



Figure 5.14 The effects of column loading and sulfuric acid feed concentration on the 
average concentrations of sulfuric acid (solid) and monosaccharides (dash) in their tar¬ 
get fractions. Feed composition: 10 wt% (I), 20 wt% (II), or 30 wt% (III) sulfuric acid, and 
0.3 mol/L glucose, 0.3 mol/L xylose, and 0.16 mol/L acetic acid. Operational conditions: 
h co | = 20cm, d co | = 2.5cm, flow rate = 2.454 mL/min. Model parameters are given in 
Table 5.2 (isotherm parameters, Section 5.1) and Section 5.2 (D p and D ax values). For 
fractionation constaints, see the text (Section 5.2.2). 
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concentration. This is due to the cooperative effect of sulfuric acid on the 
monosaccharide sorption (focusing effect, see Section 5.2). 
b. Chromatographic separation coupled with biomass hydrolysis and recycling of sul¬ 
furic acid. Investigation of the stand-alone separation process rarely gives 
an adequately realistic picture of the separation performance if recycling 
from the separation unit to preceding unit operations exists. These 
additional unit operations should be included to the process performance 
evaluation and the evaluation should be done at steady-state conditions. 
The process scheme investigated by Heinonen and Sainio (2012) is 
shown in Fig. 5.15. 


Lignocellulosic biomass 



Monosaccharide fraction Acetic acid fraction 

Monosaccharides Acetic acid 

H 2 S0 4 Monosaccharides 

Acetic acid 

Figure 5.15 The streams and main unit operations of a process consisting of two-step 
concentrated acid hydrolysis, batchwise chromatographic separation, and concentra¬ 
tion and recycling of sulfuric acid fraction. Reprinted with permission from Heinonen 
and Sainio (2012). Copyright: 2012. John Wiley and Sons. 
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As seen in Fig. 5.15, the concentrated acid hydrolysis is conducted in two steps 
(see also Farone and Cuzens, 1993, 1995; Hoshino et al., 2007). In the first 
step, the biomass is treated with 70 wt% sulfuric acid (decrystallization of 
cellulose). After the pretreatment, the hydrolysis acid is diluted to 20 wt% 
and the actual hydrolysis is conducted. Filtration is used to separate the con¬ 
centrated acid hydrolysate from the remaining solids after the hydrolysis. The 
hydrolysate is led to the chromatographic separation step and fractionated into 
sulfuric acid, monosaccharide, and acetic acid fractions. The monosaccharide 
and acetic acid fractions are taken to downstream processing, but the sulfuric 
acid fraction (with all the other components in this fraction) is recycled back to 
the hydrolysis reactor through a concentration step. In the concentration step, 
the sulfuric acid is concentrated to 70 wt% (Farone and Cuzens, 1993, 1995), 
for example, by using multiple effect evaporator or vapor compression distil¬ 
lation (Gsell, 2004). 

Heinonen and Sainio (2012) evaluated the process performance using 
the following parameters. In the acid hydrolysis, 1 ton of wood chips and 
70 wt% of sulfuric acid were mixed in a way that after the second hydrolysis 
step the wood to liquid mass ratio was 1:6. In the second hydrolysis step, 
sulfuric acid was diluted to 20 wt% concentration with water. Wood was 
assumed to contain 70 wt% polysaccharides (40% cellulose and 30% hemi- 
celluloses) (Sun et al. 2002; Taherzadeh and Karimi, 2008; Hamelinck et al., 
2005). In the hydrolysis, polysaccharides were presumed to be cleaved only 
into glucose from cellulose and xylose from hemicelluloses with 80 wt% 
yield (Farone and Cuzens, 1993, 1995; Hoshino et al., 2007). This is a 
realistic simplification because practically all monosaccharides would behave 
as these two in the chromatographic fractionation. In addition to the mono¬ 
saccharides, acetic acid was also formed in the hydrolysis in such amounts 
that the concentration of acetic acid after the hydrolysis was 0.16 mol/L 
(Heinonen and Sainio, 2010). The formation of other by-products (mainly 
furfural and HMF) was neglected in the calculations because their amounts 
were expected to be low (Heinonen and Sainio, 2010), and they can be 
effectively removed in a separate adsorption unit (Chandel et al., 2007; 
Nilvebrant et al., 2001; Ranjan et al., 2009; Sainio et al., 2011; Villarreal 
et al., 2006; Weil et al., 2002). The volume of the hydrolysate was calcu¬ 
lated with the density of 20 wt% aqueous H 2 S0 4 . After the hydrolysis, the 
solids were separated from the hydrolysate with filtration: 6.5 vol% of the 
hydrolysate was lost, concentrations remained unchanged. The amount 
of hydrolysate after the filtration was 5000 L and remained constant 
throughout the process. 
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The batchwise chromatographic separation was simulated using 4-m 
high column and a flow rate of 4 BV/h. The flow rate and column were 
chosen only for demonstration purposes, and no optimization was con¬ 
ducted. Heinonen and Sainio (2012) defined the cut points for the separa¬ 
tion process in same manner as in the investigation of the stand-alone 
chromatographic separation (see Section 5.2.2. a). 

Six cycles were required for the process shown in Fig. 5.15 to reach 
steady-state regardless of the loading (Heinonen and Sainio, 2012). With 
the recycling of the sulfuric acid fraction, the column loading giving the 
maximum productivity (18.2 vol%) is considerably higher than in the single 
pass operation (13.0 vol%). In addition, in the case studied by Heinonen 
and Sainio (2012), recycling of the sulfuric acid fraction increases the pro¬ 
ductivity about 160% from the maximum obtained without the recycling 
(Table 5.5). The large increase in the productivity is due to the increased 
amount of monosaccharides in the feed to the chromatographic separation 
unit (Table 5.6). The additional monosaccharides are recycled with sulfuric 
acid from the chromatographic separation back to the hydrolysis reactor. 

Without the recychng of sulfuric acid fraction, the productivity is close 
to the maximum value in a wide range of loadings. With the recycling, max¬ 
imizing the productivity requires more careful optimization. Change in the 
column loading from 18.2 vol% quickly decreases the productivity consid¬ 
erably (Fig. 5.16). 

The sulfuric acid is concentrated in the concentration step to 70 wt% 
(11.5 mol/L, Table 5.6) by removing water. Approximately 90% of the wa¬ 
ter in the sulfuric acid fraction has to be removed. This water can be reused as 


Table 5.5 Performance of the chromatographic separation in a process shown in 
Fig. 5.15 without H 2 S0 4 fraction recycling and with H 2 S0 4 fraction recycling in steady 
state 



Separation with a single pass 

Separation with recycling 

Pr s ugar (mol/ (m 3 h)) 

212.89 

546.31 

f sugar (%) 

32.0 

90.6 

Th 2 so 4 (%) 

99.0 

97.0 

EC (L/mol) 

13.91 

5.42 


Model parameters are given in Table 5.2 (isotherm parameters, Section 5.1) and Section 5.2 (D p and D ^ 
values). For fractionation constaints, see the text (Section 5.2.2). 

Reprinted with permission from Heinonen and Sainio (2012). Copyright: 2012. John Wiley and Sons. 
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Table 5.6 Volumes and concentrations in a lignocellulosic biomass conversion and 
purification process (see Fig. 5.15) without H 2 S0 4 fraction recycling and with FI 2 S0 4 
fraction recycling in steady state 

Feed to H 2 S0 4 fraction 

separation H 2 S0 4 after Monosaccharide Acetic acid 

column fraction concentration fraction fraction 

Separation with a 

single pass 





V (L) 

5000 

9897 

1000 

1259 

8096 

Ch 2 so 4 (mol/L) 

2.379 

1.162 

11.494 

0.099 

0 

^Glucose (mol/L) 

0.332 

0.121 

1.2 

0.338 

4.2 x 10 -3 

Cxylose (mol/L) 

0.299 

0.081 

0.8 

0.476 

11.7 x 10“ 3 

CacOh (mol/L) 

0.16 

0 

0 

6.6 x 10 -3 

97.6 x 10“ 3 

Separation with H 2 S0 4 fraction 

recycling 

in steady state 



V (L) 

5000 

9767 

982 

1434 

8050 

Ch 2 so 4 (mol/L) 

2.379 

1.156 

11.494 

0.228 

0 

^Glucose (mol/L) 

0.742 

0.224 

2.229 

0.978 

13.7 x 10“ 3 

^Xylose (mol/L) 

0.474 

0.096 

0.953 

0.854 

25.9 x 1CT 3 

CacOh (mol/L) 

0.16 

0 

0 

6.6 x 10 -3 

98.2 x 10“ 3 


Model parameters are given in Table 5.2 (isotherm parameters, Section 5.1) and Section 5.2 (D p and D ffl 
values). For fractionation constaints see Section 5.2.2. 

Reprinted with permission from Heinonen and (2012). Copyright: 2012. John Wiley and Sons. 


eluent in the chromatographic separation: the fresh water consumption is 
decreased by approximately 61% in the case investigated by Heinonen 
and Sainio (2012). Through the acid recycling, 91.3% of the acid needed 
in the hydrolysis is obtained. 

Sulfuric acid concentration in the feed to the separation unit remained 
constant with the recycling (Table 5.6) because of a constant amount of sul¬ 
furic acid used in the hydrolysis on each cycle. However, the amount of 
monosaccharides in the feed is increased (Table 5.6) due to the recycling 
of the sulfuric acid fraction which contains also monosaccharides. The in¬ 
crease of the monosaccharide amount in the feed affects the position of 
the second cut point which is defined as the ratio of monosaccharides to sul¬ 
furic acid in the middle fraction. The second point is shifted slightly toward 
smaller value. Due to this, the sulfuric acid yield and concentration in the 
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Figure 5.16 Pr sugar in the chromatographic separation in a process shown in Fig. 5.15 as 
a function of column loading: without sulfuric acid fraction recycling (dashed) and in 
steady state with sulfuric acid fraction recycling (solid). Feed composition: see 
Table 5.6. Operational conditions: h co | = 20 cm, d co \ = 2.5 cm, flow rate = 2.454 mL/min. 
Model parameters are given in Table 5.2 (isotherm parameters, Section 5.1) and 
Section 5.2 (D p and D ax values). For fractionation constaints, see the text 
(Section 5.2.2). Reprinted with permission from Heinonen and Sainio (2012). Copyright: 
2012. John Wiley and Sons. 

acid fraction decreases slightly while the sulfuric acid concentration in the 
monosaccharide fraction is doubled (Table 5.6). 

Recycling of the sulfuric acid fraction increases also the monosaccharide 
yield (Table 5.5). In the case studied by Heinonen and Sainio (2012), 
recycling enables 90.6% of the monosaccharides that are fed to the separation 
column to be taken out for the downstream processing. The rest of the 
monosaccharides are taken out from the process in the acetic acid fraction. 
The monosaccharide yield from the whole process (yield in the hydrolysis: 
80%) with the recycling is 72.5%. 

Recycling of the sulfuric acid fraction increases the glucose and xylose 
concentrations in the product fraction approximately by a factor of 2.9 
and 1.8, respectively (Table 5.6). This kind of increase in the monosaccha¬ 
ride concentrations would be highly beneficial for the downstream 
processing. 

Acetic acid is removed completely from the system in the monosaccha¬ 
ride and acetic acid fractions, and therefore, its amount in the feed to the 
separation column was not affected by the recycling. 
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5.2.3 Fermentation of chromatographically purified 
lignocellulosic hydrolysates 

Fermentative production of ethanol is a good way to test the effectiveness of the 
chromatographic fractionation of concentrated acid lignocellulosic hydroly¬ 
sates. Xie et al. (2005) investigated the efficiency of chromatographic purifica¬ 
tion of dilute acid corn stover hydrolysate by fermentations using Saccharomyces 
cerevisiae yeast. Hydrolysates purified with a gel-type strong acid PS—DVB 
cation-exchange resin (Dowex 99, Dow Chemicals Co.) in acid form and with 
a weak base PVP (poly-4-vinyl pyridine, Reillex HP, Reilly Industries Inc.) 
resin were used as substrates. The highest monosaccharide consumption rate 
was obtained with the PVP-purified hydrolysate: 89% of the monosaccharides 
were utilized in 24 h. According to Xie et al. (2005), this is close to the 
fermentability of a synthetic solution of pure monosaccharides: 90% in 24 h. 
With the Dowex-purified hydrolysate, 52% of the monosaccharides were uti¬ 
lized in the same time (48 h was required to utilize 85% of the monosaccha¬ 
rides). Ca(OH) 2 -neutralized hydrolysate was used as reference: 48% of the 
monosaccharides were utilized in 24 h (64% in 48 h) (Xie et al., 2005). 

Sun et al. (2011) investigated the fermentation of chromatographically 
purified concentrated sulfuric acid bamboo hydrolysates using S. cerevisiae 
yeast. Glucose was well converted into ethanol by S. cerevisiae, but the yeast 
was unable to consume xylose properly. From glucose, 92% ethanol yield 
was obtained in continuous fermentation with a tower-type reactor. The 
ethanol productivity was 8.2 g/L/h (Sun et al., 2011). 

Also, Heinonen et al. (2012a) have studied the fermentative ethanol pro¬ 
duction from chromatographically purified concentrated acid lignocellulosic 
hydrolysates (Table 5.7). S. cerevisiae (genetically modified to utilize pen¬ 
toses) and Pichia stipitis (naturally pentose utilizing) yeasts were used for 
the fermentation. Fermentation of Ca(OH) 2 -neutralized hydrolysate was 
studied as a reference (Heinonen et al., 2012a). 

According to Heinonen et al. (2012a), ethanol productivity from chro¬ 
matographically purified and Ca(OH) 2 -neutralized concentrated acid hydro¬ 
lysates were comparable (Fig. 5.17A). The chromatographic purification 
removes all HMF and furfural from the hydrolysates, and only a slight amount 
of acetic acid remains in the purified solution (Table 5.7). This is not the case 
with Ca(OH) 2 neutralization: in particular, acetic acid is unaffected (Chandel 
et al., 2007; Palmqvist and Hahn-Hagerdahl, 2000a). This, however, has a 
very limited effect on the fermentation of the hydrolysates with S. cerevisiae 
(Fig. 5.17A). S. cerevisiae can tolerate inhibitory components rather well. 
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Table 5.7 Compositions of concentrated acid spruce hydrolysate prior and after 
chromatographic purification (Heinonen et al., 2012a) 

Component C (g/L) 

Unpurified hydrolysate 

h 2 so 4 

340.8 


Glucose 

47.2 


X+G+M+A 

30.7 


AcOH 

2 


HMF 

0.1 


Furfural 

0.3 

Purified hydrolysate 

h 2 so 4 

14.7 


Glucose 

33.7 


X+G+M+A 

22.3 


AcOH 

0.3 


HMF 

0 


Furfural 

0 


X+G + M+ A —combined amount of xylose, galactose, mannose, and arabinose. 




Figure 5.17 Ethanol production from concentrated acid spruce hydrolysate in shake 
flask cultivations with S. cerevisiae (A) and P. stipitis (B). Experimental conditions: 
fyeast~ 1.0 g/L, ^solution = 50 mL, 7=30 °C, pH 0 = 5.0. Symbols: (•) chromatographically 
purified hydrolysate, final pH adjustment with Ca(OH) 2 ; (O) Ca(OH) 2 -neutralized hydro¬ 
lysate. Concentrations are average values from two parallel experiments. Lines are pres¬ 
ented to guide the eye. Reprinted with permission from Heinonen et at. (2012a). Copyright: 
2012. John Wiley and Sons. 


P. stipitis strain gave substantially lower ethanol productivity than the 
S. cerevisiae (Fig. 5. 17B). This is due to its higher sensitivity of the yeast for in¬ 
hibitory compounds (Du et al., 2010; Heinonen et ah, 2012a; Ladisch and 
Svarczkopf, 1991; Matsushika et al., 2009). This is clearly seen when ethanol 
productivity from the chromatographically purified and Ca(OH) 2 -neutralized 
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hydrolysates are compared (Fig. 5.17B): Ca(OH) 2 treatment is not sufficient 
for inhibitor removal. The chromatographically purified hydrolysate con¬ 
tained only a small amount of acetic acid, whereas the Ca(OH) 2 -neutralized 
hydrolysate contained HMF, furfural, and high amounts of acetic acid. Similar 
results have been observed by Chandel et al. (2007) in fermentation experi¬ 
ments with Candida shehatae. P. stipitis is also known to be sensitive also to eth¬ 
anol (Du et al., 2010; Ladisch and Svarczkopf, 1991; Matsushika et al., 2009) 
which also explains the slow ethanol productivity obtained. 

Chromatographic purification of lignocellulosic hydrolysates provides a 
significant increase in the ethanol yield over Ca(OH) 2 neutralization 
although the ethanol concentrations achieved with both purification 
methods are comparable (Table 5.8). 

5.3. Fractionation using steady-state recycling 
chromatography 

As discussed above, the purity of monosaccharides in a concentrated acid 
hydrolysate could be increased from as low as 20% up to 80% in a single step 
using fixed-bed chromatography. Fligher purities are certainly possible, but 
the yield and thus productivity would decrease significantly. The use of 
steady-state recycling chromatography (see Section 3.2) to increase produc¬ 
tivity while maintaining high purity (95%) of the monosaccharide fraction 
has been investigated by Fdellsten and Sainio (2012) using a binary model 
system of sulfuric acid and glucose. 

Table 5.8 Ethanol yields from total sugars and ethanol concentrations from purified 


spruce hydrolysate after 120-h fermentation 

Chromatographically purified 

Ca(OH) 2 -neutralized 

Yeast 

S. cerevisiae 

Y(EtOH) (%) 

74.3 

61.3 

C(EtOH) (g/L) 

14.9 

14.8 

P. stipitis 

Y(EtOH) (%) 

34.1 

19.4 

C(EtOH) (g/L) 

7.1 

5.1 


Yields are expressed as percentage of theoretical ethanol yield: 0.51 g(EtOH)/g(monosaccharides) 
(Takerzadeh and Karimi, 2007). Dilution of the samples due to the addition of the yeasts to the solution 
is taken into account in the calculation. 

Reprinted with permission from Heinonen et al. (2012a). Copyright: 2012. John Wiley and Sons. 
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Figure 5.18 Chromatographic separation of H 2 S0 4 and glucose in batch mode (A) and SSR 
mode (B-D) with a gel-type strong acid cation-exchange resin (sulfonated PS-DVB resin, 
8 wt% DVB content, CS16GC, Finex Oy) in acid form. Injection volume: (A) 0.9 mL, (B) 
3 mL,(C)6 mL,(D)9.0 mL. Flow rate: 2.655 mL/min.h co | = 20 cm,d co | = 2.5 cm. Filled circles, 
H 2 S0 4 ; open circles, glucose. Solid lines represent simulation results. Dashed vertical lines 
show the fraction cuts (A and B are product fractions, R is the recycle fraction). Reprinted 
with permission from Hellsten and Sainio (2012). Copyright: 2012. Taylor and Francis. 


Experimental and calculated chromatograms of batch separation and 
SSR at steady state are presented in Fig. 5.18. The figure shows also the 
cut times applied in the experiments. The cut times were determined be¬ 
forehand using a short-cut design method (Kaspereit and Sainio, 2011). 
The cycle time of the batch process was approximately 28 min, and the 
cut time between the sulfuric acid fraction (fraction A) and the glucose frac¬ 
tion (fraction B) occurred at 45.2 min. In the SSR mode, the steady-state 
was reached after 6 cycles. 
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As seen in Fig. 5.18, significantly higher product concentrations can be 
obtained when SSR is used instead of batch chromatography. For example, 
the concentration of glucose in product fraction B is 3.6 times higher when 
SSR with the injection width of 9 mL is used instead of the batch separation 
with injection width of 0.9 mL. The optimal injection volume is 6 mL, 
yieding a productivity 0.41 mol/Lt, e d/h with the eluent consumption of 
3.3 L/mol. The increase in productivity compared to the batch process 
was 59% (Hellsten and Sainio, 2012). 

5.4. Fractionation using SMB chromatography 

The potential of continuous chromatography has not been fully explored 
for fractionation of lignocellulose hydrolysates. Sprinfield and Hester (1999) 
investigated experimentally continuous separation of sulfuric acid (10 wt%) 
and glucose (10 wt%). A standard four-zone SMB with 18 columns was used. 
The fractionations were conducted using two different gel-type strong acid 
cation-exchange resins (sulfonated PS—DVB resin) in acid form: Dowex 
monosphere 99 (6 wt% DVB content, Dow Chemicals Co.) and U.S. Filter 
SM38 (4 wt%DVB content U.S. Filter Co.). Waterwas used as eluent. Dowex 
resin was found to be better suited for the glucose—sulfuric acid separation due 
to higher degree of cross-linking (affects resin volume changes, electrolyte ex¬ 
clusion, and size exclusion as discussed in Section 4). Using the Dowex resin 
and a column setup 5:4:6:3, 98% of sulfuric acid was collected to the raffinate 
stream and 96% of the glucose to the extract stream. Weak focusing effect was 
also noted for glucose in the experiments. Also, a nine-column setup (combin¬ 
ing two columns as one) was investigated, and it was found to be sufficient for 
the separation (Sprinfield and Hester, 1999). 

Sprinfield and Hester (2001) also studied modeling of the aforemen¬ 
tioned continuous acid—sugar separation system using a plate model (mixing 
cell model). The sorption of glucose and sulfuric acid was described using 
distribution coefficients with values depending on the degree of resin 
shrinking. The value of the glucose distribution coefficient also depended 
on the sulfuric acid concentration, that is, the cooperative effect of sulfuric 
acid on the glucose sorption was included in the model. A reasonable cor¬ 
relation between the experimental and calculated results was obtained. 

Continuous fractionation of an authentic dilute acid yellow poplar 
hydrolysate (sulfuric acid, glucose, xylose, and acetic acid) using a nine-zone 
SMB system of 20 columns has been investigated by Wooley et al. (1998). 
Dowex 99 (sulfonated PS—DVB resin, 6 wt% DVB content, Dow 
Chemicals Co.) in acid form was used as adsorbent and water as eluent. 
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The nine-zone SMB was constructed by coupling a four-zone SMB with a 
five-zone SMB. In the first unit, the hydrolysate feed was splitted into three 
streams. Sulfuric acid was taken out from the system through raffinate 
stream. Sugars and most of the acetic acid were led through the bypass stream 
into the second unit. Part of the acetic acid was taken out from the first SMB 
unit in the extract stream. In the second unit, the sugar—acetic acid mixture 
was separated into two fractions. The sugars were taken out from the system 
in raffinate stream of the second unit, and acetic acid in extract stream of the 
second unit. Good separation efficiency was achieved with the nine-zone 
SMB: recoveries of glucose and xylose in the raffinate stream of the second 
unit were 88% and 83%, respectively. The purity of sugar stream was 100% 
(Wooley et al., 1998). 

Sun et al. (2011) investigated the use of Intermittent SMB (I-SMB) (see 
Section 3.3.2) for the fractionation of concentrated sulfuric acid (27 wt%) 
hydrolysates of bamboo chips. In this case, only a binary fractionation of 
the hydrolysate was required: the hydrolysate contained mainly sulfuric acid 
and monosaccharides (glucose and xylose). Anion-exchange resin (DIAION 
MA03SS, Mitsubishi Chemical Co.) in sulfate form was used as adsorbent 
and water as eluent (Sun et al., 2011). With the I-SMB process, Sun 
et al. (2011) obtained 90.5% pure sulfuric acid and 98.4% pure monosaccha¬ 
ride streams in steady-state conditions. 

Japan Organo process (see Section 3.3.2) is an attractive process option 
for the continuous chromatographic fractionation of concentrated acid lig— 
nocellulosic hydrolysates. The JO process can be used for ternary (or more 
complex) fractionations and, unlike the nine-zone SMB or other multizone 
SMB systems, it can be run with fewer columns (Masuda et al., 1993; Mata 
and Rodrigues, 2001). 

Previously unpublished simulation results for separation of sulfuric acid 
(20 wt% or 2.32 rnol/L), glucose (0.35 mol/L), xylose (0.35 mol/L), and 
acetic acid (0.16 mol/L) with the JO process are presented below. The 
model used is presented in Section 4. With strong acid PS—DVB cation- 
exchange resin in acid form as adsorbent and water as eluent, sulfuric acid 
as the least adsorbed component is collected from the raffinate outlet, the 
monosaccharides as the intermediately adsorbed components are collected 
from the intermediate outlet, and acetic acid as the most adsorbed compo¬ 
nent is collected from the extract stream (see Fig. 5.4). 

The same purity constraints were used in the calculations as in the process 
performance evaluation of the batchwise fractionation process (see 
Section 5.2.2): purity constraints were given only for the monosaccharide 
outlet stream. 
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Investigation of eluent consumption was excluded from thej O process per¬ 
formance study, and internal recycling stream was not utilized. Due to these 
reasons, the JO process was simulated without zone IV. Due to this, sulfuric 
acid (in raffinate) was collected also in the first step (compare to Fig. 5.4). Five 
columns were connected in configuration 1:2:2. The inlet flow rates to the sys¬ 
tem in steps one and two were defined as the maximum possible flow rates 
when the pressure loss from system inlet to system outlet A p was 4 bar. The 
flow rates were calculated using the simple Kozeny— Carman equation 
(McCabe et al., 2005): 

Ap 150^/t (1 — e) _ 

h m i £ 3 


[5.20] 


where v is superficial flow velocity (i. e., fluid velocity through an empty col¬ 
umn), p is fluid viscosity, and 0 is particle sphericity (one for spherical resin 
beads). 

In step one oftheJO process, two inlet streams exist: eluent stream and feed 
stream. The flow rates of the outlet streams in the first step were the same as the 
inlet flow rates (calculated with Eq. (5.20)) because no recycle stream was uti¬ 
lized. In the second step, the only inlet stream is the eluent stream (see Fig. 5.4) . 
Two oudet streams exist in step two (extract and raffinate). The effect of the 
flow rates of the outlet streams in the second step on the separation performance 
was evaluated by changing the ratio of these streams <^(D e xtract/^raffinate) • Due 
to the dependence of the flow rates from the maximum pressure drop, the 
eluent flow rate in step two changed slightly as the value of tp was changed. Also, 
the durations of the first step and one switch in the secondstep, t\ (1.0—2.2 min) 
and to (3.0—3.7 min), respectively, were varied. 

The effects of the outlet flow rate ratio in the second step and the durations 
of the first and one switch in the second step on the productivity of the JO 
process with respect to the monosaccharides were investigated. The produc¬ 
tivity of the process with respect to the monosaccharides was calculated from 


Pr = 
x 'sugar 


(J out,I 

sugar 


t^col Dcol (1 Fi ) (?i Tub,yf:) 


[5.21] 


where »°J]^ is the amount of monosaccharides in the intermediate outlet 
stream (I) (see Fig. 5.4), n co \ is the number of columns in the SMB train (five 
in this case), and w su b ,2 is the number of SMB port switches in the second 
step. n su b ,2 was set to five in this study, that is, in the second step, one full 
SMB cycle was performed, that is, the duration of step two is M su b, 2 t 2 - Other 
investigated performance parameters were the purities Pit and recovery 
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yields Re of the components in their target outlet streams. Purity of compo¬ 
nent i in outlet stream X can be calculated with 


Pu x = 


Q,> 



[5.22] 


where the summation in the denominator stands for the total concentration 
in the outlet stream X. Recovery yield of acetic acid in the extract outlet 
stream (E) is calculated from 


-R^AcOH.E 


.-.step 2 
^AcOH,E 


V eluent,2 V^sub,2^2 


/'"•feed 

^AcOH 


V feed,l H 


100 %, 


[5.23] 


recovery yield of the monosaccharides in the intermediate outlet stream from 


Re, 


sugar, I 


/'-.step 1 tV 
'"-''sugar,! v eluent,! 


^sugar fheed, 1 


100 %, 


[5.24] 


and recovery yield of sulfuric acid in the raffinate outlet stream from 


Re 


_ ChoS 0 4 ,R ^feedpO + C h ,S0 4 ,r(1 P) ^eluent,2«sub,2*2 

’H 2 S0 4 ,R --feed r>-i- 100/ °’ 

C H 2 S0 4 V feed, 1 0 

[5.25] 


where Cpt is the average concentration of component i in the outlet 
stream X in step k, C[ Ltd is the feed concentration of component i, Rf ee d,i 
is the feed flow rate in step 1, and K e i uen t,k is the eluent flow rate in step k. 

15 cycles were needed for the system to reach steady-state. The spatial 
profiles of the fractionation of concentrated acid lignocellulosic hydrolysate 
with the Japan Organo SMB in steady-state at the end of the first and second 
(number of switches equal to fi su t, 2 ) steps are shown in Fig. 5.19. 

The spatial sulfuric acid profile in the Japan Organo SMB system 
(Fig. 5.19) is similar to the outlet profile of sulfuric acid in batch chromatog¬ 
raphy system with diffuse front and rear shock layer (see Fig. 5.9). Due to the 
cooperative effect of sulfuric acid on their sorption, the monosaccharides 
have extensive fronts eluting under the sulfuric acid profile. In addition, fo¬ 
cusing of the monosaccharides can be noted at the rear of the sulfuric acid 
profiles (Fig. 5.19): the maximum concentrations are approximately three 
times larger than those in the feed solution. Acetic acid is well separated from 
sulfuric acid and the monosaccharides also in the Japan Organo SMB system 
(Fig. 5.19). 
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Spatial coordinate (m) 



Figure 5.19 Calculated spatial steady-state profiles of sulfuric acid, glucose, xylose, and 
acetic acid inside a five-column (1:2:2 setup) Japan Organo SMB process without recycle 
stream at the end of the first step (A) and at the end of the second step (B). Feed com¬ 
position: 2.32 mol/L sulfuric acid, 0.35 mol/L glucose, 0.35 mol/L xylose, and 0.16 mol/L 
acetic acid. Simulation parameters: h co \ = 2 m, d co \ = 2 m, q =2.0 min, f 2 = 3.59 min, feed 
flow rate in step 1 = 123.1 m 3 /h, eluent flow rate in step 1 =82.1 m 3 /h, eluent flow rate 
in step 2=73.5 m 3 /h, and <p = 0.216. Symbols: ▼ and v indicate the inlet positions of el¬ 
uent and feed streams, respectively, and ♦, O, and A indicate the outlet positions of ex¬ 
tract, raffinate, and intermediate streams, respectively. The model used is presented in 
Section 4. Isotherm parameters are given in Table 5.2, and other parameters in Section 5.2. 


The productivity of the JO process with respect to the monosaccharides 
was found to increase as the duration of the first step increased until t 1 was so 
large that the front of the acetic acid profile reached the second column of 
zone III. Increasing the value of t 1 beyond this threshold quickly decreased 
Pr sugar to zero with the given purity constraints. This is because the amount 
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of acetic acid in the monosaccharide outlet stream becomes too large when 
the acetic acid front reaches the second column of zone III. 

Maximum Pr sugar (296 mol/m 3 h) was found with the duration of the first 
step as 2.0 min. By varying f 2 and the ratio of the outlet flow rates in the second 
step, p, it was found that Pr sug3I stays on a relatively constant level as ip is in¬ 
creased (i.e., the flow rate through zones II and III decreases) and t 2 is increased. 
The maximum Pr sug3r was obtained with t 2 value of 3.37 min and p value of 
0.01 (i.e., 1% of the eluent stream is taken out in the extract stream). With 
batchwise fractionation using a column with similar dimensions as in the 
SMB calculations, maximum Pr sug3I obtained was 50% smaller than the one 
obtained with the JO process. This clearly indicates that theJO process is more 
effective for the fractionation oflignocellulosic hydrolysates than batch process. 

With the 0, t 2 , and p values giving the maximum FY sugar , the recovery 
yields of sulfuric acid, monosaccharide, and acetic acid outlet streams were 
97.4%, 60.9%, and 4.6%, respectively. The recovery yield of acetic acid was 
very low, and therefore, the t 2 and p giving the maximum productivity is 
not optimal for the recovery yield of acetic acid: most of acetic acid circulates 
to the sulfuric acid outlet stream because of the low p value. The purities of the 
sulfuric acid, monosaccharide, and acetic acid outlet streams were 84.0%, 
89.5%, and 100%, respectively. The relatively low purity of sulfuric acid stream 
is due to the coelution of monosaccharides and acetic acid in this stream. 

Recovery yield of acetic acid can be increased considerably without sig¬ 
nificant impact on Pr sug3r by increasing the values of t 2 and p. For example, 
with t 2 and p values of 3.59 min and 0.216 (Fig. 5.19), respectively, acetic acid 
recovery yield is 93.5% while Pr sugar (283 mol/m 3 h) remains close to the 
maximum value (296 mol/nr h). At this point, the recovery yields of sulfuric 
acid and monosaccharides were 97.3% and 61.7%, respectively. Most of these 
components ended up to their target oudet streams. Those monosaccharides 
that elute under the sulfuric acid profile (38.3% with 0 2.0 min, t 2 3.59 min, 
and p 0.216) are taken out from the system in the sulfuric acid outlet stream. 
Similarly, a small portion of sulfuric acid (2.7% with 0 2.0 min, t 2 3.59 min, 
and p 0.216) elutes in the monosaccharide outlet stream. 

Purities of outlet streams with t 1 2.0 min, t 2 3.59 min, and p 0.216 were 
89.0%, 88.7%, and 100% for sulfuric acid, monosaccharides, and acetic acid, 
respectively. In this case, the relatively low purity of the sulfuric acid stream is 
only due to the monosaccharides eluting under the sulfuric acid profile. On the 
other hand, sulfuric acid eluting in the monosaccharide oudet stream decreases 
the purity of the monosaccharide stream. Acetic acid is easily separated from 
the other components and elutes pure from theJO process. 
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Table 5.9 Average concentrations in steady state in the outlet streams of the 
five-column Japan Organo SMB process 

Average concentrations in steady state (mol/L) 



Extract 

Intermediate 

Raffinate 

h 2 so 4 

0 

0.08 

0.44 

Sugars 

0 

0.65 

0.05 

Acetic acid 

0.13 

3.36 x 10 -3 

1.6 x 10 -3 


For simulation parameters see caption of Fig. 5.19. 


Average concentrations in each outlet streams in steady state are given in 
Table 5.9. All components are diluted in their target outlet streams: the most 
diluted component is the sulfuric acid for which the outlet concentration is 
approximately 20% of the feed concentration (Table 5.9). For the monosac¬ 
charides and acetic acid, the dilution is much smaller: the average total 
monosaccharide outlet concentration is only approximately 7% smaller than 
the feed concentration. Monosaccharide dilution is decreased by the focus¬ 
ing effect caused by sulfuric acid (Fig. 5.19). 



ADSORPTIVE REMOVAL OF INHIBITORY COMPOUNDS 


^ While concentrated acid hydrolysis produces harmful by-products in 
smaller quantities than dilute acid hydrolysis (Sun and Cheng, 2002; 
Takerzadeh and Karimi, 2007), harmful compounds should still be removed 
before further processing such as fermentation. As demonstrated in 
Section 5.2 (see Fig. 5.10), the sugar decomposition products that act as fer¬ 
mentation inhibitors can be separated from the monosaccharides using batch 
chromatography. Although such a process would consist of only a single 
step, it may not be economical because of long cycle times caused by strong 
affinity of furans to polystyrene-based ion-exchange resins. 

Several techniques have been proposed for the hydrolyzate detoxifica¬ 
tion, including overliming (Larsson et al., 1999), adsorption (Nilvebrant 
2001; Villarreal et al., 2006; Weil et al., 2002; Xie et al., 2005), evaporation 
(Larsson 1999), and enzyme or microorganism treatment (Larsson 1999). 
Effectiveness of the detoxification methods depends on the type of hydro¬ 
lyzate and the concentration of inhibitors. A comprehensive review of de¬ 
toxification methods was recently given by Wang and Feng (2010). 
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The literature on detoxification of biomass hydrolyzates for bioethanol 
production mostly considers solutions produced with the dilute acid process. 
Sainio et al. (2011) compared three adsorbents for removal of furfural and 
HMF from a concentrated acid hydrolysate in a fixed-bed adsorption col¬ 
umn. The adsorbents were a granulated activated carbon (GAC), a neutral 
styrenic polymer (XAD—16), and a strong acid cation-exchange resin (Finex 
CS16GC) in acid (H + ) form. 

According to experimental adsorption equilibrium isotherm data mea¬ 
sured in the presence of 20 wt% H 2 S0 4 , monosaccharides are not signifi¬ 
cantly adsorbed on any of these adsorbents (Sainio et al., 2011). Furfural 
and HMF showed very high affinities toward GAC and XAD—16 (distribu¬ 
tion coefficient at low concentration in the order of several hundreds or 
thousands) and moderate affinity toward the ion-exchange resin (distribu¬ 
tion coefficient in the order of 3). It was therefore expected that GAC 
and XAD—16 would allow processing a larger amount of feed before regen¬ 
eration is required. This was indeed observed in the adsorption column ex¬ 
periments that are summarized in Table 5.10. 

Unfortunately, long breakthrough or saturation times are associated with 
extensive regeneration times, and regeneration with water is not an econom¬ 
ically feasible option. Considerably reduced regeneration times were 
obtained by using an aqueous ethanol solution instead (Sainio et al., 2011). 


Table 5.10 Characteristic properties of column outlet profiles during loading, 
regeneration with water, and regeneration with 50 wt% EtOH(aq) 


Adsorbent Compound 

f(Breakthrough) 

t(Saturation) 

t(reg.) 

water 

t(reg.) 

EtOH 

max(C/C feed ) 

EtOH 

CS16GC 

Glucose 

1.7 

6.5 

1.9 

3.7 

1.05 


Acetic acid 

2.2 

9 

2.2 

4.1 

1 


HMF 

4.1 

8.6 

4.4 

4.7 

2.7 


Furfural 

6.0 

10.3 

7.1 

4.7 

5.5 

XAD-16 

Glucose 

0.7 

1.9 

3 

2.5 

1 


Acetic acid 

1.2 

12.5 

3.2 

2.5 

1 


HMF 

3.8 

13.5 

15 

4 

3.9 


Furfural 

8.5 

14 

53 

6.5 

6.8 

GAC 

Glucose 

1.5 

4 

8 

5 

1 


Acetic acid 

3.1 

5.5 

10 

5 

1 


HMF 

39 

75 

210 

35 

8.4 


Furfural 

42 

75 

>300 

40 

8.7 


/(Breakthrough) evaluated at C/C? eed — 0.1; /(reg.) evaluated at C/Cf eed — 0.03. Times are dimensionless. 
Reprinted with permission from Sainio et al. (2011). Copyright: 2011. Elsevier. 
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As observed in Table 5.10, an almost 10-fold decrease in cycle time is 
obtained with 50 wt% EtOH(aq) in the case of activated carbon adsorbent. 
Decreaseding adsorption in the presence of ethanol was reported also by 
Weil et al. (2002). They studied the short-chain aliphatic alcohols (meth¬ 
anol to M-butanol) for desorbing furfural from XAD-4, but no quantitative 
data were given. They recommended ethanol for desorption because of the 
possibility of significant adsorption of K-propanol and H-butanol on the 
hydrophobic adsorbent. 

Sainio et al. (2011) calculated the productivity of the adsorption process 
based on experimental data by considering the total length of a cycle con¬ 
sisting of loading, regeneration, and washing steps. The influence of the 
required extent of inhibitor removal on productivity is shown in 
Fig. 5.20. Productivity is here scaled in a way that the value corresponds 
to the duration of the loading step relative to the complete loading- 
regeneration—washing cycle. 

When no organic desorbent is used, an ion-exchange resin yields the 
highest productivity (Fig. 5.20A). This is because it is faster to regenerate 
with water than the more hydrophobic adsorbents. The process is not very 
cost-effective, however, because the adsorption column spends more time 
in regeneration than in operation if more than 60% of furfural and HMF are 
to be removed. Using an organic desorbent shortens the cycle time in all 



Figure 5.20 Influence of required product purity and type of adsorbent on the produc¬ 
tivity of fixed-bed adsorptive detoxification of a (synthetic) concentrated acid of ligno- 
cellulose. (A) Desorption with water; (B) desorption with 50 wt% EtOH(aq). Reprinted 
with permission from Sainio et al. (201 1). Copyright: 2011. Elsevier. 
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cases (Fig. 5.20B), but the effect is the strongest for GAC and XAD—16. The 
hydrophobic adsorbents yield nearly identical productivity, unless very high 
extent of detoxification is required. The activated carbon was found to be 
the best option for almost complete removal of furfural and HMF. 



7. SELECTIVE SEPARATION OF MONOSACCHARIDES 


Separation of individual monosaccharides from their mixture using 
chromatography is an established technology. Sulfonated gel-type strong 
acid cation-exchange PS—DVB resins in metal ion form are used as adsor¬ 
bents (Bart et ah, 1996; Farone and Cuzens, 1993, 1995; Floward et al., 
1988; Lee, 2003; Saari and Flurme, 2011; Schoenrock, 1991). The frac¬ 
tionation of monosaccharides is based on the complex formation between 
the monosaccharides and the metal counterions of the resin. In 
other words, the mechanism is predominantly ligand exchange (see 
Section 4.1.5). Larger sugars (e.g., sucrose, oligosaccharides) are separated 
from each other mainly due to size exclusion: larger molecules are ex¬ 
cluded totally or partially from the resin and interact only very weakly with 
the metal counterions of the resin (Howard et al., 1988; Stefansson and 
Westerlund, 1996). 

Metals from groups I and II can be used as complexing counterions in 
chromatographic fractionation of sugars. Most commonly, Ca -+ ions are 
used as counterions in sugar separations, although at least Na + , K + , Pb -+ 
ions can also be used (Farone and Cuzens, 1993, 1995; Howard et al., 
1988). The monosaccharides are separated from each other because the 
complexes formed with the metal counterions vary in strength due to dif¬ 
ferent molecular structures of the monosaccharides. In purification ofligno- 
cellulosic hydrolysates (hydrolysis acid removal), complex formation 
between the monosaccharides and protons in the resin does not occur, be¬ 
cause protons do not form complexes (Angyal, 1973; Helfferich, 1995; 
Howard et al., 1988; Reeves, 1949a, 1949b; Saladini et al., 2001; 
Stefansson and Westerlund, 1996; Tiihonen et al., 2002a, 2002b). 

In the sweetener (sugar) industry, chromatography is widely used for the 
separation of individual sugars from sugar syrups derived from sugar cane or 
sugar beet (Howard et al., 1988). The most common chromatographic 
separation process in the sugar industry is the enrichment of fructose in 
fructose—glucose syrups using SMB chromatography. This syrup is a product 
from hydrolysis of sucrose to fructose and glucose. Sulfonated gel-type 
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strong acid PS—DVB cation-exchange resin in calcium form is used as an 
adsorbent in the separation (Bart et ah, 1996; Howard et al., 1988; Lee, 
2003; Saari and Hurme, 2011; Schoenrock, 1991). 

Other chromatographic sugar separations in the sweetener industry in¬ 
clude, for example, the separation of galactose from lactose hydrolysates; 
the separation of lactulose from lactose and galactose (Dendene et ah, 
1995; Saari et ah, 2010; Saari and Hurme, 2011); and the separation of fruc¬ 
tose, sorbitol, and mannitol (Bart et ah, 1996). The first mentioned separation 
can be accomplished with a sulfonated PS—DVB resin in calcium form (Saari 
et al., 2010; Saari and Hurme, 2011). In the second separation mentioned 
above, two steps are needed. First, galactose is separated form 
lactulose—lactose mixture with a resin in potassium or sodium form at high 
temperature. In the second step, lactulose and lactose are separated with a resin 
in calcium form at low temperature (Dendene et al., 1995; Saari and Hurme, 
2011). When fructose is hydrogenated in the presence of a heterogeneous cat¬ 
alyst, sorbitol and mannitol are produced in equimolar amounts. Chromatog¬ 
raphy with sulfonated PS—DVB resin in calcium form as adsorbent can be used 
to fractionate fructose, sorbitol, and mannitol (Bart et al., 1996). 

Farone and Fatigati (2003) have patented a process in which glucose and 
xylose from purified lignocellulosic hydrolysates are separated using chro¬ 
matography. This separation is also done using sulfonated gel-type strong 
acid PS—DVB cation-exchange resin in Ca 2+ form as an adsorbent. Most 
preferably, the separation of glucose and xylose is done using SMB chroma¬ 
tography: 94% pure xylose stream (86.4% recovery yield) and 76% pure glu¬ 
cose stream (88.3% recovery yield) can be produced with a feed containing 
19% glucose and 39% xylose (Farone and Fatigati, 2003). 

The recovery of xylose from lignocellulosic hydrolysates can also be ac¬ 
complished using strong basic PS—DVB anion-exchange resin in SO 4 2- 
forrn (Saari et al., 2010; Saari and Hurme, 2011). 



8. CONCLUSIONS 


^ Acid-catalyzed hydrolysis of lignocellulosic biomasses is an efficient 
way to obtain monosaccharides for use as precursors for biofuel or chemicals 
production. Recovery of monosaccharides can be efficiently accomplished 
using chromatographic separation and adsorption. 

Using chromatography, lignocellulosic hydrolysates can be fraction¬ 
ated selectively to obtain sulfuric acid, monosaccharides, acetic acid, and 
other by-product fractions. The sulfuric acid can then be recycled to be 
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reused in the hydrolysis process, and the other fractions can be led to 
downstream processing. 

Gel-type strong acid PS—DVB resin in acid (H + ) form is preferred as an 
adsorbent because no regeneration of the resin is required. Sulfuric acid has 
a cooperative effect on the sorption of the other components in the lignocel- 
lulosic hydrolysates which brings about some interesting phenomena: the 
fronts of the monosaccharide profiles are elongated, and at the rear of the sul¬ 
furic acid profile so-called focusing of the monosaccharides occurs. These 
phenomena have both negative (elongated fronts) and positive effects (focus¬ 
ing) on the separation performance. 

The process performance of a stand-alone chromatographic fractionation 
unit for concentrated acid lignocellulosic hydrolysates seems not very prom¬ 
ising because oflow monosaccharide yield. However, since the sulfuric acid 
fraction (and hence the monosaccharides in this fraction) can be recycled 
back to the hydrolysis reactor, the entire process should be considered when 
carrying out a performance evaluation. When recycling is properly included 
in the analysis, it is concluded that chromatographic separation becomes an 
efficient method for the fractionation of lignocellulosic hydrolysates. 

There are several process options for chromatographic fractionation of 
lignocellulosic hydrolysates: batch chromatography, steady-state recycling 
chromatography, or continuous SMB chromatography. A basic four-zone 
SMB is inadequate for this fractionation due to the fact that more than 
two fractions have to be obtained, but there are more advanced SMB var¬ 
iants (JO, I-SMB, etc.) that can be used. 

Also, removal of by-products formed during acid hydrolysis can be 
accomplished using chromatographic separation. However, due to strong 
sorption of these components on common PS—DVB resins, it would be 
more economical to separate them in a separate adsorption unit prior to 
the chromatographic acid—monosaccharide separation. Adsorption using 
activated carbon, zeolites, polymeric adsorbents, or ion-exchange resins as 
adsorbents can be used for the recovery of the valuable by-products. 
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and RSO, 151-152, 151? 
temperature dependence 
density, 153—154, 153/ 153? 
hydrogen diffusivity, 155—157, 156/ 
hydrogen solubility, 155, 156f 
kinematic viscosity, 152, 152/ 152?, 
153 

surface tension, 154—155, 154/ 
Moisture content, reactor design 
advantages, 96—97 
bio-oil, 96 

catalytic effects, 96—97 
HHV, 97 
mass flows, 97 
water, 96 
Monomeric sugars 

biofuel production, 14—15 
“cellulose/wood dissolution”, 14 
chemical pulping, 13 
chemical stability, ILs, 14—15 
enzymatic hydrolysis, 12 
glucosides, 15 

homogenous and heterogeneous catalysts, 
15 

ionic liquids (ILs), 13—14 
ot- or (3-anomers, 15—17, 16/ 
pentoses, 15—16 
“zigzag” formulae, 15—16, 16/ 
Monosaccharides 
based biofuels, 262 
description, 262 
hydrolysis, 263 

recovery, lignocellulosic biomasses, 

262 

separation, 340—341 
source, 262 
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N 

NexBTL process 

classification, 179—180, 179 f 
deoxygenation, 180 
description, 174 
and Ecofining, 183, 190 
feedstock portfolio, 180 
green diesel, 182 
hydrogen sulfide, 176—177 
neste oil, 182 

Nonuniform catalyst surfaces, 212—213 

o 

ODEs. See Ordinary differential equations 
(ODEs) 

Ordinary differential equations (ODEs) 
coupled, 231 
description, 230—231 

P 

Packed bed reactor (PBR) 
continuous, 32 
recycling method, 32 
Z. mobilis, 32—33 

Partial differential equations (PDEs), 
230-231, 234-235 

PBR. See Packed bed reactor (PBR) 

PDEs. See Partial differential equations 
(PDEs) 

Phase equilibrium models 

acetic acid, 298—299, 306—307, 306 f 
aqueous solutions, 299 
constant distribution coefficients, 297 
electrolyte exclusion, 304—305 
empirical correlation, resin shrinking, 299 
gel-type strong acid cation-exchange 
resin, 299 

glucose and xylose sorption isotherms, 
305-306, 305/ 
glucose sorption, 298 
liquid-phase composition, 303, 307 
monosaccharide sorption isotherms, 298, 
306 

strong acid cation-exchange resin, 
297-298 

sulfuric acid, 297, 304, 304/, 307, 

307/ 


Polysaccharides, bioethanol production 
arabinogalactans, 10 
cellulose, 6—8 

chains comparison, cellulose starch and 
chitin, 5/ 
chitin, 12 

hemicelluloses and pectin, 5 
heteropolysaccharides, 8—9 
lignin, 5—6 
lignosulfonates, 5—6 
mannans, 9 
pectins, 10 

ratios, softwoods and hardwoods, 6, 7/ 
starch, 10—12 
xylans, 9—10 

Polysaccharides hydrolysis 
AG hydrolysis 

arabinose and galactose, 244—245 
kinetic curves, 245/ 
pH effect, 246/ 

arabinogalactane (AG) acid hydrolysis, 
244-245 

arabinose and galactose, 247—248 
constant-volume batch reactor, 247 
kinetic model, 246—247 
validity, model, 248 
Porous catalyst structures, biomass 
conversion 
external mass transfer 
agitation rate, 224 
energy dissipation, 224—225 
fixed bed reactors, 223—224 
liquid-solid mass transfer coefficient, 223 
Reynolds number, 223 
vigorously stirred slurry reactors, 224 
gas-liquid diffusion, 220 
internal mass transfer 

bulk-phase concentration, 222 
diffusion resistances, 220—221 
molecular diffusion coefficients, 223 
porosity and tortuosity, 221/ 
random pore model, 221, 222 
reaction, porous particle, 221 
separable deactivation functions, 222 
mass and heat transfer effects, 219—220 
physical transport processes, 220 
Pressure swing adsorption (PSA), 177, 
186-187, 188-189 
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PSA. See Pressure swing adsorption (PSA) 
Pseudocomponent models 
description, 87—88 
hemicellulose, 88—89 
Koufopanos model, 87—88, 88 f 88 1 
Pyrolysis 

Broido model, 84, 84 f 
Broido—Shafizadeh reaction model 
(see Broido—Shafizadeh reaction 
model) 

catalysis, 92—93 
competitive reaction model 

(see Competitive reaction model) 
condensed tar vapors, 80—81 
Di Blasi—Lanzetta model (see Di 
Blasi—Lanzetta model) 
economic feasibility, 133 
fast (see Fast pyrolysis reactors) 
global one-step model, cellulose, 83—84, 8 3f 
heat transfer and reaction 
char/torrefied biomass, 91 
dimensionless Biot number, 90—91 
DSC, 89-90, 89/ 
external and internal, 90 
intrinsic reaction rate, 91 
sawdust, 91 

and torrefaction, 89—90 
wood and biomass constituents, 89—90, 
90 ? 

mass and energy balance, wood 
torrefaction, 81, 81/ 
mass transfer, 91—92 
pseudocomponent models, 87—89 
reaction kinetics 

Arrhenius equation, 82 
dimensionless extent, 82 
homogeneous reaction theory to 
heterogeneous process, 82 
quantification, 83 
rate, solid mass loss, 82 
slow (see Slow pyrolysis reactors) 

TGA, 80-81, 80/ 

R 

Rapeseed oil (RSO) 

and AGO, 151-152, 151; 
temperature dependence, kinematic 
viscosity, 151—152, 152f 


Raw tall oil diesel (RTD), 185, 186 
Reactor design 
biomass 

conveying, mixing and 
hydrodynamics, 113 
residence time, 112 
bio-oil (see Bio-oil) 
char (see Char) 
feed preparation, 113—114 
feed properties 

analyses, typical biomass materials, 93, 
94; 

ash content, 97—99 

biological constituent content, 94—96, 
94; 

moisture content, 96—97 
morphology, 99—100 
heating rate, 112 
noncondensable gases, 100, 101; 
pressure, 111—112, 111; 
product handling 

bulk density and particle size 
distribution, 114 

char particle size distribution, 115 
densification process, 114, 115 
fast pyrolysis process, 115 
organic binders and pelletization, 114 
temperature, 110, 110 f 
vapor residence time, 113 
Reactor technology development 

fast pyrolysis (see Fast pyrolysis reactors) 
slow pyrolysis (see Slow pyrolysis reactors) 
torrefaction (see Torrefaction reactors) 
Resin cross-linking, batch chromatography 
acetic acid sorption, 313 
electrolyte exclusion, 312—313 
HMF and furfural, 313 
monosaccharides, 313, 314/ 315/ 
productivity, 317 
properties, 312, 313; 
spruce and birch hydrolysates, 316—317, 
316; 

Resin swelling and shrinking, 

chromatographic fractionation 
diffusion and dispersion coefficients, 296 
electrostatic repulsion, 295 
highly cross-linked resins, 296 
ion-exchange resins, 294—295 
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Resin swelling and shrinking, 

chromatographic fractionation 
( Continued ) 

polar solvents, 295—296 
pressure, swelling, 295 
solute concentration, 296 
temperature, 296 
weakly cross-linked resins, 296 
RSO. See Rapeseed oil (RSO) 

RTD. See Raw tall oil diesel (RTD) 

s 

Simulated moving bed (SMB) 
chromatography 

average concentration, outlet stream, 337 
calculated spatial steady-state profiles, 335/ 
continuous 

four-zone, binary fractionations, 
277-279 

ternary separations, 279—285 
true moving bed (TMB), 277 
Dowex resin, 331 
glucose and sulfuric acid, 331 
I-SMB, 332 
JO process, 332, 333 
maximum Pr sugar , 336 
purity constraints, 332 
recovery yield, 333-334, 336 
yellow poplar hydrolysate, 331—332 
Sitosterol hydrogenation process 
batch reactor, 237 

campesterol and sitosterol, 236, 237/ 
catalyst deactivation 
campesterol, 241 
deactivation model, 243 f 
liquid-phase components, 241 
mass balance equations, 242 
mathematical modeling, 242 
Pd-based catalyst, 241—242 
semianalytical models, 244 
standard statistical analysis, 244 
thermodynamic calculations, 241 
cholesterol, 236 

efficiently stirred tank reactors, 240 
hydrogen flow rate, 238 
kinetic model, 240 

mass balance, liquid-phase component, 
238-239 


parameter estimation, 239—240 
phytosterols, 236 

plant reactor simulation, 240, 24 Of, 241/ 
plant sterols, 236 
rate equations, 238 
steady state, 237 

Size-dependent kinetics, biomass conversion 
cluster size 

irreversible two-step sequence, 215 
Laplace—Young equation, 214 
oxidation, arabinose, 214/ 
structure sensitivity, 213—214 
thermodynamic analysis, 214—215 
reactant size 

heterogeneous catalysis, 215—216 
semicompetitive adsorption, 216 
Slow pyrolysis reactors 
kilns 

casamance mound, 120, 121/ 
disadvantage, 120—121 
heat transfer, 120—121 
minimal infrastructure, 120 
pit and mound, 120 
reaction times, 120—121 
retorts 

Arkansas retort, 122 
description, 121—122 
Lambiotte process, 123—125, 124/ 
Reichert process, 122—123, 123 f 
sealed metal containers, 122 
Sorption mechanisms, chromatographic 
fractionation 
complex formation 

axial-equatorial sequence, hydroxyl 
groups, 294 

carbohydrate complexes, 294 
functional groups, 294 
higher valence, metal ion, 293 
ligand exchange, 293 
metal-ligand complexes formation, 293 
strong acid cation-exchange resins, 292 
sugars, 292 

electrolyte exclusion, 287—289 
partition 

description, 291 
salting out, 291—292 
size exclusion 

molecular size, 290—291 
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resin cross-linking degree, 291 
van der Waals interactions 

adsorption isotherms, nonelectrolytes, 
290 

dipole-dipole interactions, 289—290 
hydrocarbon groups, 289—290 
ion-exchange resins, 290 
London interactions, 290 
SSA. See Steady-state approximation (SSA) 
SSR chromatography. See Steady-state 
recycling (SSR) chromatography 
Stand-alone batchwise chromatographic 
fractionation 

column loading, 318, 319 f 
cut points, 318 
EC, 318, 320-321 

end point, monosaccharide fraction, 318 
hydrolysis acid concentration, 320 
maximum Pr SU gar, 318 
sulfuric acid, 321, 321/ 

Stand-alone deoxygenation technologies 
biodiesel vs. renewable diesel, 183, 183t 
commercial units, 180—181, 181 1 
Ecofining process, 180—182, 181/ 
feedstock and calculation method, 182 
GHG savings, 182 
isomerization, 183 

NexBTL process {see NexBTL process) 
renewable diesel and jet production, 182 
Steady-state approximation (SSA), 209—210 
Steady-state recycling (SSR) 
chromatography 
benefit, 275—276 
glucose concentration, 331 
H 2 SO 4 and glucose, 330, 330 f 
operating principle, 275—276, 216f 
purity, 329 
Sugar analysis 

acid hydrolysis and methanolysis, 17 
GC and HPLC columns, 17—18 
Sugars to sugar alcohols 

intrinsic kinetics and diffusion 
phenomena 

external diffusion resistance, 252 
external mass transfer resistance, 25 3f 
numerical simulation, concentration 
profiles, 252 f 
organic molecules, 251 


reaction—diffusion model, 252 
product distribution analysis 
D-galactose activation energy, 
sensitivity analysis, 251/ 

Langmuir—Hinshelwood model, 250 
L-arabinose activation energy, 
sensitivity analysis, 251/ 

T 

TGA. See Thermogravimetric analysis 
(TGA) 

Thermodynamic analysis, ethanol 
production 
energy analysis 

bioethanol process, 28—30 
CSTR, 28-30 

lignocellulose ethanol production, 2 9f 
energy and exergy balances 
chemical exergy, 26—28 
heat transfer, 25 
ideal gas, 25 
mixing, 28 
physical exergy, 26 
statically flowing multicomponent 
material stream, 26 
zero exergy, 25—26 
exergy analysis, 28—30 
first law of thermodynamics, 24 
heat and matter exchange, 24 
law of conservation of energy, 23—24 
process flow diagram, lignocellulosic 
biomass conversion, 2 3f 
process steps, 23 

Thermogravimetric analysis (TGA), 80—81, 
80/ 87-88, 95 

Tishchenko reaction, 56—57, 58 

Torrefaction reactors 

belt conveyor furnaces, 127—129 
microwave, 132 
moving bed 

“B02” process, 130—131 
TORSPYD, 131-132 
multiple/rotary hearth furnaces, 127, 128 f 
rotary drum, 129 
screw 

biomass and char particles, 125—126 
capacity and large-scale process, 126 
pelletization, 126—127 
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Torrefaction reactors ( Continued ) 
rotating, helical, 125—126 
transfer to biomass, 125—126 
toroidal fluidized bed, 130, 131/ 
Torrefied biomass 
description, 107 

development, industrial scales, 107—108 
“drop-in” substitute, coal implies, 107 
solid product, 107 
Triglyceride-based feedstocks 
bioethanol, 143—144 
catalytic tests and gas-phase products, 
160-161 

deactivation, 172—178 
deoxygenation (see Deoxygenation) 
FAME, 143-144 
first-order kinetic model, 160 
flexi fuel vehicles, 143—144 
food grade rapeseed oil, 160—161 
HDO (see Hydro-deoxygenation (HDO)) 
HDS, 160 

high capacity operations, 160 
hydrodynamics, 150—160 
kinetics, 160—171 

mechanism, triglycerides deoxygenation, 
161-167 

parameter evaluations 
fastest reactions, 171 
parity plot demonstration, 
experimental and calculated 
concentrations, 169—170, 171/ 
Pseudo-first-order, 170 1, 171 
Simplex Nelder—Mead optimization, 
169-170 
refiners, 144 

renewable diesel concept, 144 
renewable energy resources, 143 
Triglycerides deoxygenation 
alkanes, 164—166, 165/ 
chemical compounds, VOs, 161, 162 1 
CoMo catalyst, reaction temperature, 
161-164, 164/ 

fatty acids and HDO, 166—167 


lumped reaction pathway, 161, 162f 
oxygenates, 164—166, 165/ 
pseudo-first-order kinetics, 161, 163/ 
reaction temperature, 161—164 


Valorization, bioethanol synthesis 
acetaldehyde, 47—49 
acetic acid, 49—51 
1-butanol, 51—53 
catalyst acidity and basicity, 65/ 

DEC, 61-62 
diethoxy ethane, 55—56 
diethyl ether, 53—55 
E85, 45 

ethyl acetate, 56—58 
ethylene, 58—60 
hydrogen, 60—61 
inorganic catalysis, 44 
MTBE, 45-46 

Vapor residence time, reactor design, 113 

Vegetable oils (VOs) 

and AGO coprocessing, 189 
catalytic deoxygenation, 150, 157 
feedstock consisting, 176—177 
high-quality food grade, 174 
inherent impurities, 188—189 
and middle distillates, 151—157 
transesterification, 144 
triglycerides, 184 
undesired cracking, 149 

VOs. See Vegetable oils (VOs) 


WABT. See Weighted average bed 
temperature (WABT) 
Wacker—Hoechst process, 47 
Weighted average bed temperature 
(WABT), 188-189 

X 

Xylitol, 201—202 
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